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RESUMO 

Este trabalho estuda a hidrólise enzimática da penicilina G (PenG) em ácido 6-

aminopenicilânico (6-APA) e ácido fenil acético (PAA). Em um reator contra-corrente 

mutlti--estágio e em baixos '"-'-~--- de a reação ocorre na fase aquosa e os 

prc1dutos são separados entre a aquosa e a fase orgânica (acetato butila). disso, 

em a cristalização 6-APA ocorre quando concentrações PenG são 

fenômenos o no sentido conversão substrato, 

prcldUttlV!dade. A primeira etapa trabalho refere-se à avaliação 

atividade e estabilidade da penicilina arnidase a baixo pH e na presença de acetato de butila 

(BuAc). enzima apresentou máxima atividade na faixa de pH 8,0 - 9,0 e permaneceu 

estável mesmo em pHs baixos (3,0- 6,0) num período de incubação de até 32 dias. Embora 

a atividade um de não rep1res:ent:a 

empecilho para sua utilização no emprego da hidrólise em processo continuo e 

bifãsico (água e BuAc) em baixo. O efeito de PenG, PAA e BuAc na cristalização do 6-

e os parâmetros cinéticos de cristalização também foram avaliados. Os resultados 

mostraram que as impurezas não exerceram efeito sobre a cristalização de 6-APA, na fàixa 

de pH entre 4 e 5 e nas concentrações de impurezas de 0,55 mM- 3,0 mM. A avaliação da 

cinética de cristalização possibilitou o uso de um modelo que pode predizer as taxas de 

cristalização de 6-APA. Um modelo quantitativo foi desenvolvido para o cálculo do pH e 

das concentrações do substrato e dos produtos nos estágios do reator contra-corrente. Os 

dados fornecidos pelo modelo podem ser utilizados para otimizar as condições de operação 

como: estágio de alimentação, vazão volumétrica das fases e concentração inicial do 

substrato. Na última etapa deste trabalho foi feita uma revisão bibliográfica sobre 

biorreatores extrativos em que são apresentadas as vantagens de cada configuração e as 

restrições dos processos biocataliticos. Através desta revisão, foi verificado que o uso de 

um sistema, formado por agitadores acoplados a hidrociclones em série, pode representar 

uma opção adequada de reatores multi-estágio contra-corrente para a hidrólise de PenG em 

escala de laboratório. 

Palavras-chave: hidrólise enzimática, Penicilina G, antibióticos semi-sintéticos, processo 

integrado, cristalização. 



ABSTRACT 

studies the enzymatic hydro!ysis of penicillin G (PenG) 6-aminopenicillanic 

a multi-stage countercurrent reactor at 

low the enzymatic reaction takes place aqueous phase and the products are 

separated aqueous phase phase acetate -

Furth•~mJor,e, 6-APA crystallization occurs at PenG concentrations are 

phenomena equilibrium of substrate, favoring 

productivity. The first step o f this work, concems the evaluation o f activity and stability o f 

penicillin arnidase at low pH and in the presence of butyl acetate (BuAc). The enzyme 

presented the maximum activity 8.0 - and remained stable at low pHs (3.0 -

6.0) during at 80%, not 

represent a drawback in the appllcation a biphasic (water and BuAc) and continuous 

PenG hydrolysis at low pH. The effect ofPenG, PAA and BuAc in APA crystallization and 

the kinetic parameters were also analyzed. The results showed that impurities have no 

effect on AP A crystallization, in the pH range 4 - 5 and in the impurity concentrations o f 

0.55 mM - 3.0 mM. The evaluation of crystallization kinetics allowed the use of a model 

that predicts the AP A crystallization rates. A quantitative model was developed in order to 

calculate the pH and substrates and products concentrations in the countercurrent reactor. 

The data provided by the model can be used to optimize the operation conditions: stage of 

feed, flow rate o f phases and initial substrate concentration. In the last step o f this work, a 

literature review conceming extractive bioreactor was made. This review presents the 

advantages o f each con:figuration and the restrictions o f the biocatalytic processes. Through 

this review, a integrated system of rnixers and hydrocyclone was suggested as an 

appropriate option of multi-stage countercurrent reactor for PenG hydrolysis in laboratory 

se ale. 

Key-words: enzyme hydrolysis, Penicillin G, semi-synthetic antibiotics, integrated process, 

crystallization. 
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CAPÍTULO I 

INTRODUÇÃO 

A aplicação de extração contínua de produtos de reação é necessária para aumentar 

a conversão enzimática por deslocar o equihbrio termodinâmico; impedir a hidrólise dos 

produtos; e impedir a inibição enzimática pelos produtos. 

As características particulares da hidrólise de penicilína são: conversão limitada 

pelo equihbrio, inibição pelo sub-produto (ácido fenilacético ), formação de sal devido ao 

controle de pH e difíceis etapas de separação e purificação devido à semelhança dos 

compostos. Sistemas líquidos bifãsicos (água e solvente orgânico) são uma alternativa para 

solucionar esses problemas. No entanto, devido à grande semelhança estrutural dos 

componentes, os coeficientes de partição não são suficientemente diferentes de modo a 

permitir total conversão em um único estágio, sendo necessário o emprego de um extrator

reator contra-corrente e multi-estágios. 

A avaliação da hidrólise de PenG em sistema batelada e bifásico (acetato de butila 

e água) em valores baixos de pH (3-5), e em um reator em contra-corrente e multi-estágio 

apresentaram resultados promissores no desenvolvimento e progresso para a produção de 6-

APA em sistema íntensificado de reação e purificação. Nestas condições, o pH decresce 
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favorecendo a migração de PAA para a fuse orgânica e a cristalização de 6-APA Ambos 

fen:ôrr1enos, separação dos em diferentes fuses e do 

o no sentido de conversão substrato e, conseqüentemente, promovem uma 

produtividade e alta pureza dos produtos. Esses produtos purificados são utilizados em 

etapas subseqüentes. P AA é reciclado e usado na fermentação de 

na síntese antibióticos semi-sintéticos, como amoxicilina e ampicilina. 

Os objetivos deste trabalho foram a avaliação da atividade e da estabilidade da 

penicilina amidase imobilizada a ser usada, e a determinação da cinética de cristalização do 

produto (6-APA), visto que não se tinha o conhecimento de aplicação desta enzima e de 

cristaliz~>çliio do a de e em sistema e acetato de 

butila. dos atividade enzimática e de cristalização 6-APA, 

desenvolvido um modelo no intlrito de fornecer as melhores condições de operação do 

sistema contra-corrente em multi-estágio. Este trabalho ainda incluiu a revisão de 

bioreatores extrativos como maneira de auxiliar na seleção da melbor configuração de um 

reator-separador a ser empregado na hidrólise de PenG nas condições desejadas. 

As informações obtidas neste trabalho viabiliza a instalação de um reator multi

estágio em contra-corrente para a realização da hidrólise de PenG em 6-APA e PAA em 

escala de laboratório no intuito de dar prosseguimento aos avanços nos processos de síntese 

de antibióticos semi-sintéticos. 

O conteúdo deste trabalho será apresentado na seguinte forma: 

A Revisão Bibliográfica apresentada no Capítulo II engloba informações 

necessárias para uma melbor compreensão das etapas que foram desenvolvidas. 

O estudo da atividade e estabilidade de penicilina amidase ( Assemblase®) está 

apresentado no Capítulo HL As análises foram realizadas a bruxos valores de pH, em 

sistemas tampões de fosfato de potássio saturados com acetato de butila e foram utilizados 

dois métodos para a determinação de atividade e estabilidade da enzima: titulométrico e 
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análise por HPLC. Além disso, parâmetros da cinética de degradação de PenG e 6-AP A 

tanJbéJm foram detenninados. 

Os ensaios 

Impurezas PenG e PAA). 

partir desses ensaios, os parâmetros cinéti<:os da taxa de nudeação e de cre:scimento 

cristais e a influêr!cia das im1Jure22s avaliada. 

O modelo tennodinâmico que descreve as concentrações de equihbrio dos 

compostos no sistema biiãsico é apresentado no Capítulo V. Este modelo calcula o pH e as 

concentrações do substrato e prc•dutos nos estágios do reator contra-corrente. Os 

mc•de.!o podem ser as operação 

reator biiãsico multi-estágio (ponto de alimentação, vazão volumétrica das fases e 

concentração inicial do substrato). 

O Capítulo corresponde a um revisão da literatura sobre a aplicação de 

sistemas intensificados em reações enzimáticas de forma a apresentar uma seleção de tipos 

de biorreatores extrativos de acordo com as diversidades encontradas nas reações 

biocataliticas. A apresentação dos tipos de equipamentos foi ilustrada com as vantagens de 

cada configuração, as com as restrições dos processos biocataliticos e com os exemplos 

práticos de aplicação. As informações dos critérios de seleção e dos tipos de biorreatores 

foram agrupadas em uma tabela de fácil consulta para a escolha do tipo de configuração 

desejada. 

As conclusões e as propostas para trabalhos futuros estão apresentadas nos 

Capítulos VII e VIII, respectivamente. 
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CAPÍTULO li 

1. Penicilinas 

As penicilinas possuem um núcleo básico derivado do ácido 6-aminopenicilânico 

(6-APA), ao qual encontra-se ligado um grupo prostético designado por (R) (Figura l). O 

núcleo comum é constituído por um anel tiadiazólico (A) ligado a um anel beta-lactâmico 

(B). O grupo prostético é o responsável por muítas das caracteristicas furmacológicas e 

antíbacterianas de cada tipo de penicilina. Das penicilinas obtidas por processos naturais, as 

únicas empregadas em clínica são a penicilina G (benzilpenicilina) e a pencilina V 

(fenoximetilpenicilina), esta última também obtida por síntese parcial. 

O H H 
I I I s 

R-C-NH-C--C/ '-c_,...,.CH, 

1 6 1 A 1 "-cH, 

O C #o 
= --•·1--C-C 

I 'OH 
H 

Figura 1: Estrutura molecular da penicilina 
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A penicilina G é obtida industrialmente por fermentação a partir de cepas de 

PeJ~ci,lfium notatum e PeJ~icillium chrysogenes. Apesar sua enorme utilida<ie t<:ra]pêt!tica, 

a Penicililaa apresenta grandes desvantagens: 

L é degradada pelo suco do estômago, o impede sua utíJiza,ção por via 

2. é destruída f3-lactamase (penicílinase), o que a torna inefic:lZ no tratamento de 

infecções por produtores dessa emcima; 

3. seu emprego cllnico é freqüentemente acompanhado de manifestações de 

hlpersensibilidade. 

futc•res lev::rrrum ao pel:rici:liru1S com 

mc>dí:!ica.çõ•"s e:strutusai.s, surgindo, assim, a era das penicilinas semi-sintéticas. 

A descoberta das penicilinas semi-sintéticas (penicilinas obtidas pela combinação 

de processo de fermentação, o qual fornece o 6-APA e o processo quimico, com a 

colocação de radicais a esse núcleo), representou avanço de grande importância na 

obtenção de derivados com ações específicas, além de pem:ritir sua produção industrial em 

larga escala. Todavia, faz-se necessário pesquisar novas rotas de produção mais 

econômicas e que produza menos resíduos (Andersson et a!., 2001 ). 

2. Antibióticos f3-Lactâmicos 

A produção industrial de antibióticos 13-lactâmicos e seus intermediários, baseada 

na estequiometria de conversões químicas tradicionais, está sendo substituída por processos 

catalisados por enzimas desde que em condições moderadas (meio aquoso, pH neutro e 

temperatura moderada). No entanto, a maioria dos processos ainda emprega a hldrólise 

quimica da Penicilina, sendo todos em meio aquoso e pH 7-8. Apenas recentemente, deu-se 

inicio a processos de síntese emcimática para os antibióticos semi-sintéticos. O 

desenvolvimento de pesquisa nesta área permitiu grande avanço na produção em larga-
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escala de antibióticos de alto valor, tais como, amoxicilina, ampícilina, cefaclor, cefadroxila 

e cefillexina esquema peuicilina, der1on:úna,dos 

PeJncílím!s SeJui-Síntéticas (PSS), como por exemplo, a amoxi•cílílm e a ampícilina, e 

derivados cefalosporina, denominados Cefalosporinas SeJui-Sintéticas 

apresentado na Fií!ura 2 ( B:mggírtk et 1998, et 1984). 

~~ y~ 

6-l•.::>.'\ "t·Jl.::CA 

r·.crY ~ 

Figura 2: Esquema das reações para produção de antibióticos seJui-sintéticos derivados da 

peuicilina e da cefulosporina (Bruggink et al., 1998). 

Na abordagem química tradicional, a peuicilina G, que é um produto da 

fermentação, é desacilada a ácido 6-arninopeuicilânico (6-APA). Por outro lado, o ácido 7-

arninodesacetoxicefalosporânico (7-ADCA), que é um intermediário usado na produção de 

duas das CSS mais vendidas, pode ser obtido pela expansão oxidativa da PenO seguida por 

uma desacilação semelhante. Em seguida, o 6-APA e o 7-ADCA são transformados em 

PSS e CSS, respectivamente, pela condensação com um derivado da D(-) fenilglicina ou da 

D(-) hidroxifenilglicina (Bruggink et al., 1998, Bailey e Ollis, 1986). 
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G amidase (PGA) é usada para converter a PenG em 6-APA, 

molécula de caráter anfótero e precursor de penicilinas semi-sintéticas e em ácido 

fenilacético (P AA), inibidor da hidrólise. Muitas indústrias substituíram a hidrólise quim:i,:a 

da cadeia lateral, que produtos e solventes como o 

penta.cJo,reto de fósforo e diclorometano, pela hidrólise catalisada pela penicilina amidase 

em meio aquoso (Bossi et l van et l 

antibiótico cefalosporina, utiliza-se não somente a expansão 

mas tan1bé.m pode-se obter o núc:leo 

fermentação da cefulosporina C. No entanto, a aplicação da catálise enzimática na hidrólise 

da cadeia lateral a-aminoadipila na cefa!osporina C para produzir o ácido 7-

aminocefulosporânico (7-ACA) é menos poiS não possível 

encontrar uma erudrnta capaz 

Devido às peculiaridades cada antibiótico semi-sintético, a síntese desses 

compostos catalisada por erudrnas, requer um desenvolvimento das técnicas de 

condensação química e downstream processing, empregadas a cada produto, 

separadamente. Em alguns casos, como os da cefadroxila e do cefaclor, soluções foram 

encontradas com o uso do agente complexante 13-naftol, que protege o produto contra 

degradação química e enzimática durante o processo de conversão e recuperação. 

A Figura 3 representa o esquema das reações de produção dos vários antibióticos 

semi-sintéticos: ampicilina e amoxicilina, derivados do precursor 6-AP A, e cefalexina, 

cefuclor, e cefadroxila, derivados do precursor 7-ADCA, onde os precursores reagem com 

fenilglicina modificada por diferentes substituintes químicos (R1 e R2). 



ESQUEM..4.1 

+ 

la: D (+) PGA (R1= H, R2 = NH2 

2a: D H PGM (R1'"' H, Rz =O Me 

3a: D H HPGA {R1= OH, R2 = NHz 

4a: D H HPGM iR1"" OH, R2 =O Me 

6-APA 

.~~{ 
O OH 

la: Ampid1ina (R1= H) 

2b: A.moxicilina (R1"" OH} 

ESQUEMA2 

+ 

3a: 7~ACCA (R.3 "" Ci) 

3b: 7-ADCA (~=Me} 

4a: Cefador {R1= H.~ = Ci} 

4b: Cefale:rina (R;"" H,R:> =Me) 

4e: Ce:fadroxila (Rr= OH, RJ""" Me) 

Figura 3: Esquema da reação catalisada por enzima para os antibióticos semi-sintéticos 

(Bruggink et al., 1998). 

3. Biocatalisadores 

As sínteses orgânicas são realizadas de forma que cada ligação é feita 

individualmente, devido à fulta de seletividade e/ou às condições de reações incompatíveis. 

A alta seletividade de enzimas em condições semelhantes, por exemplo, em sistemas 

aquosos, permite em princípio o uso de vários biocatalisadores em um único reator (reator 

batelada, série de colunas, etc), justificando a substituição de sínteses orgânicas por sínteses 

enzimáticas. Além disso, a aplicação de enzimas como catalisadores em condições 

moderadas resulta em significante economia de energia e água, para a indústria e para o 

meio ambiente (Kirk et al., 2002). 

As reações de hidrólise são o uso mais comum de biocatalisadores, mas estudos 

recentes indicam seu emprego em reações de síntese com várias enzimas e cofatores. 
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Todavia, várias linhas de pesquisa precisam ser elaboradas para ampliar a utilização de 

e técnicas rápidas de de 

en;e:in:Jas (naturais ou geneticamente modificadas); métodos rápidos e para a 

preparação de en;e:inJas em batelada; técnicas para a determinação de enzima e de estruturas 

assim como das interações com o substrato; métodos de formulação, como 

por exemplo, a imobilização de en;e:inJas para formar biocatalisadores industriais estáveis. A 

formulação de biocatalisadores é de fundamental importância, urna vez que a imobilização 

de en;e:inJas pode influenciar sua seletividade, eficiência e estabilidade (robustez do 

processo). Assim, ao se melhorar a formulação de en;e:inJas, o número de biocatalisadores 

disj:>oniveis para ser alguns miihaJ:e,s. 

melhorar os processos de formulação en;e:inJas, é necessária urna interação mais 

entre a química orgânica e a biologia molecular para que novos biocatalisadores sejam 

criados (Chaplin e Bucke, 1992) 

A integração de biocatalisadores e processo extrativo na síntese de antibióticos 

semi-sintéticos (ASS) reduz o número de etapas e promove beneficios ao meio ambiente 

diminuindo o volume de resíduo orgânico. O processo de produção completo, no entanto, é 

mais complexo devido às várias correntes de reciclo e do grande número de sólidos que 

devem ser manipulados. Um melhor entendimento da ação enzimática em nivel molecular e 

um projeto racional de catalisadores aperfeiçoados (incluindo imobilização) são necessários 

para alcançar processos mais ideais nos quais os reciclos são eliminados. Também, 

downstream processing (extração e purificação) mais adequado incluindo, por exemplo, 

adsorção seletiva dos produtos finais através de técnicas de reconhecimento molecular 

modernas, é requerido para atingir processos mais viáveis. 
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4. Remoção do Produto "In Situ" 

reações 

bifásicas (água e solvente que o aumento 

concentração de e produtos no a facilidade recuperação 

bic)catalisa<:ior e a partição do e do entre as fases aquosa e orgânica de 

forma a facilitar a recuperação dos compostos e minimizar a inibição pelo produto (Lilly, 

1982). Esta técnica é denominada Remoção do Produto "In Situ", do inglês In Situ Product 

NPn?nv,21 (ISPR). 

A produtividade processos erudrnáti1;os geraln1ente é limitada 

tennodi.nâmico da reação. Isto exige o emprego em excesso de um dos substratos e o 

reciclo do substrato não convertido, sendo que o último fato caracteriza-se pelo alto custo e 

consumo excessivo de energia. Portanto, as técnicas de Remoção do Produto! adotadas no 

intuito de aumentar a conversão do substrato (e produtividade do processo) e 

simultaneamente levar a uma corrente de produto com balxa concentração do substrato não 

convertido e do produto secundário. A técnica de ISPR é baseada na catálise erudrnática 

extrativa, i. e., a integração entre a reação erudrnática e a extração do( s) produto( s) em um 

sistema bifásico (aquosa-orgânica) tendo como finalidade principal deslocar o equilibrio da 

reação no sentido de conversão do substrato através da extração de um dos produtos para a 

fase orgânica. Além disso, a fase orgânica pode também ser um reservatório para substratos 

de baixa solubilidade em água. Desta maneira, evita-se a inibição por produto ou substrato 

nos casos em que o inibido r é transferido para a fase orgânica (van der Wielen et al., 2001 ). 

Na aplicação de sistemas bifásicos, o objetivo principal de se utilizar um solvente 

imiscível em água é de minimizar a exposição do biocatalisador a solventes orgânicos. 

Deste modo, deve-se levar em consideração a solubilidade do solvente orgânico em água, 

uma vez que o solvente orgânico pode causar a inibição da reação ou inativar o catalisador 

(Lilly, !982). 

!! 



Na maioria das reações enzimáticas, os reagentes e produtos são estruturalmente 

o encontrar a fase os separe co;mpletam.eníte. 

processos separação em multi-estágios é proposta para a 

purificação de compostos de estruturas semelhantes. aplicação de catálise enzimática em 

e processos de purificação em multi-estágios prc•mc;ve a conversão completa 

rea;gente e elinrina eta:pas adicionais na purificação de prcoduitos. 

5. Hidrólise enzimática de PenG em reator contra-corrente e multi-estágio 

O processo convencional de produção de antíbióticos semi-sintéticos a partir 

PenG é realizado quimicamente, produzindo entre 10 a 100 kg de resíduo por kg de 

produto. O processo é caracterizado pelo uso de solventes orgânicos halogenados e pela 

temperatura abaixo de zero, acarretando em um alto consumo de energia. Entretanto, 

processos biocatalíticos em sistemas aquosos e à temperatura ambiente geram menor 

quantidade de resíduos em comparação aos processos quimicos, havendo uma redução de 

futor de 5, para a hidrólise de PenG a 6-AP A, e de futor de 3, para a síntese de penicilinas 

semi-sintéticas (Van de Sandt e De Vroom, 2000). 

Atnalmente, no processo enzimático de produção, por exemplo, da amoxicilina 

(Amox), a PenG é extraída do caldo de fermentação com um solvente orgânico (acetato de 

butila) em pH 2.0 - 2.5. Em seguida, PenG é re-extraída para a fase aquosa a pH 6.8 - 8.0 e 

cristalizada pela adição de acetato de potássio ou acetato de sódio. A PenG cristalina é 

hidrolisada em ácido 6-aminopenici!ânico (6-APA) e ácido fenilacético (PAA) a pH 7-8. O 

6-APA é recuperado por cristalização e dissolvido novamente para ser usado como 

precursor na reação subseqüente de síntese da Amox. O processo enzimático (Figura 4), 

compreende várias etapas e produz uma alta quantidade de resíduos, principalmente pela 

necessidade de adição de sal ou base que causa a formação de grande quantidade de resíduo 

(Diender, 2001; den Hollander, 2002). 
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Figura 4: Processo convencional de purificação de PenG e biotransformação em 

Amoxicilina (Hersbach et al., 1984) 

A proposta deste presente trabalho é a hidrólise de PenG em um reator multi

estágio e contra-corrente (água e acetato de butila (BuAc) ), cujas etapas de hidrólise e de 

purificação dos produtos serão realizadas em um único reator, evitando as perdas que 

ocorrem no processo enzimático convencional representado na Figura 4. 

Quando esses produtos são bem separados no reator contra-corrente, ambos podem 

ser recuperados quantitativamente em saídas diferentes, contendo apenas a água como 

contaminante. Neste caso considera-se que há reação e equihbrio de fuses em todos os 

estágios do reator e que as limitações de transferência de massa prejudicam o desempenho 

do reator contra-corrente. A Figura 5 representa o esquema do reator bifãsico em multi

estágio. 
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PenO em sistiJIJJa bifásico em multi-<~stá.gio 

Além disso, a formação e recuperação do produto em um reator-separador (reator 

de fracionamento) apresentam beneficios para sistemas com limitações cinéticas e 

termodinâmicas simultâneas, demonstrando ser promissora para produtos biotecnológicos 

instáveis em sistemas biocatalíticos sensíveis ao pH. O processo de hidrólise e purificação 

integrado é favorável para a desacilação de PenO, na formação do produto principal 6-AP A 

e do produto secundário, P AA. Este processo permite a remoção contínua do P AA que 

tende diminuir a taxa de reação via imbição (van der Wielen et al., 1996) e dificulta o 

tratamento com modelos cinéticos, uma vez que a resposta desses modelos se distancia dos 

dados experimentais na presença de inibidores (Ferreira et al., 2000). 

Na ausência de controle de pH, este tende a diminuir fuvorecendo a cristalização 

de 6-APA. Nessas condições, a remoção de PAA para o BuAc e a cristalização do 6-APA 

deslocam o equihbrio no sentido de conversão da PenG. Além disso, a separação dos 

produtos em fuses diferentes, representa um processo altamente seletivo com alto grau de 

pureza dos produtos. Sabe-se que PenG sofre decomposição em valores baixos de pH (van 

der Wielen et a!., 1996; Ferreira et al., 2004). No entanto, no sistema proposto, o substrato 

tende a permanecer em fase orgânica e transferir para a fase aquosa a medida que é 
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consumido durante a reação. Este fato contnbui para que a degradação do substrato não 

ocorre apenas em fase aq11osa. 

S. L Aplicação da pelrnic:iiillta amidase no sistema bifásico (água e .uruu,.•cJ em multi

estágio. 

O nso de enzimas solúveis em aplicações indnstriais apresenta limitações em 

custo e das dificul(:lad•es ti~cru:cas rec:up•eração e purificação 

ellZJlllaS na solúvel são utilizadas em processos industriais, elas podem 

continuar ativas mesmo após o término do processo e em geral não são recicladas e 

separadas do produto final devido ao custo do processo. A atividade enzimática pode 

contaminar o produto. Dessa forma, um método de inativação da enzima deve ser aplicado. 

Estes empecilbos são superados pelo uso de enzimas imobilizadas em matrizes sólidas 

insolúveis em água, permitindo fácil separação e reutilização do biocatalisador e, 

geralmente, promovendo o aumento da estabilidade operacional e do tempo de 

armazenamento, além de fàvorecer processos mais econômicos e simples. No entanto, a 

atividade das enzimas imobilizadas pode ser reduzida em relação a enzima solúvel, devido 

às mudanças confonnacionais na estrutura de macro molécula e resistência difusional ao 

transporte de substratos e produtos no sítio catalitico. Todavia, o uso de enzimas 

imobilizadas em indústrias químicas, farmacêuticas e de alimentos se encontra em 

expansão e representa um importante ramo da tecnologia moderna (Travascio et al., 2002; 

Chaplin e Bucke, 1992). 

A penicilina amidase é uma hidrolase N-terminal serille que catalisa a hidrólise de 

Penicilina G assim como as sinteses de penicilinas e cefalosporinas semi-sintéticas. A 

penicilina amidase de Escherichia co/i é a segunda enzima mais usada pela indústria na 
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forma imobilizada, sendo a hidrólise de penicilina sua aplicação mais importante (Janssen 

et al., 2002, Cardias et al., 1999, Ferreira et , 2000). 

As propriedades catalíticas da penicilina amidase G e a estereoespecificidade sob 

condições moderadas de reação (meio aquoso e pH neutro) representam excelentes 

possibilidades de aplicação desta como catalísador industriaL Todavia, algumas 

desvantagens operacionais devem ainda ser eliminadas, como: fragilidade e custo de 

recuperação (Cardias et al., 1999, Gonçalves et al., 2003). Estes problemas podem ser 

diminuídos pela imobilização da enzima (Bruggink et al., 1998, Ferreira et a!., 2000). O 

desenvolvimento das técnicas de imobilização tornou as reações enzimáticas de 

condensação 

vezes. 

reutilização do catalísador inúmeras 

No sistema proposto para a hidrólise de PenG em sistema água e BuAc, o pH 

tende a diminuir para valores próximos de 3. Por isso, faz-se necessário avaliar a atividade 

e a estabilidade da penicilina amidase (Assemblase®) em baixos valores de pH e a 

influência do solvente orgânico. Apesar de vários trabalhos na literatura descreverem a 

aplicação da penicilina amidase em processos enzimáticos a pH entre 5 e 6 (Topgi et al., 

1999; Smijewski et al., 1991; Youshko et al., 2001; Diender et al., 2000; Niertrasz et al., 

1999), não há relatos de uso desta enzima a pH's abaixo de 5, em virtude de possíveis 

danos a estabilidade e atividade da penicilina amidase (Topgi et al., 1999). 

5.2. Influência de impurezas na cinética de cristalização de 6-APA. 

Na reação de hidrólise de PenG em sistema bifásico, P AA transfere-se para a fase 

orgânica a medida que é formado; 6-APA, que possuí caráter zwitteriônico, permanece na 

fase aquosa e o pH sofre um decréscimo. Nestas condições, em pH baixo e concentração de 

equihbrio superior a sua solubilidade o 6-APA cristaliza-se promovendo o deslocamento do 
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equilibrio termodinâmico e, deste modo, um aumento considerável na conversão (Diender 

et a!., 2002). 

O 6-APA é um anJJ'ililto que pode ""'<hr em solução como uma combinação das 

espécies anJônicas, catiônicas e zwitteriônicas, cujas concentrações relativas são funções da 

temperatura e pH (Mwangi, 1994). As frações das diferentes espécies de 6-APA em função 

do podeJn ser observadas na Figura 6. 

--.cátion 

~ z\N'iteliônico 

-*-âníon 

. . . l 
o 2 4 6 8 10 

pH de equilíbrio 

Figura 6: Frações das diferentes espécies de 6-APA em função do pH 

A solubilidade do 6-APA é maior em pH's menores ou maiores do que o pH 

isoelétrico, sendo resultado direto da conversão da espécie zwiteriônica nas espécies 

catiônicas e aniônicas, respectivamente. O pH isoelétrico corresponde à concentração 

máxima do zwitterion e mínima solubilidade, pois esta é a espécie mais estável (Mwangi, 

1994). 

Apesar da importância do 6-AP A na produção de antibióticos semi-sintéticos 

produzidos comercialmente por vários anos, há poucos estudos sobre a cristalização de 6-

AP A (Mwangi, 1994). Neste trabalho, os parâmetros cinéticos de crescimento dos cristais e 

de nucleação de 6-APA e a influência das impurezas (PenG, PAA e BuAc) são estudados. 
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Para melhor compreensão sobre efeito de impurezas na cristalização, alguns 

conceitos básicos são apresentados a seguir. 

5.2.1. Solubilidade 

A pn~seJlÇa de impurezas pode afetar a solubilidade de um so luto 

maneiras. Raramente, a impureza não altera a solubilidade do soluto. No entanto, casos 

mais freqüentes de aumento (salting in) e diminuição (salting out) da solubilidade são 

registrados, podendo haver a alteração da natureza do sistema nos casos de formação de 

co:mp,lelo:os em de interações entre o soluto e a im]pm·eza. 

Uma solução saturada é caracterizada pelo estado de equihbrio tennodinâmíco. No 

entanto, é possível obter urna solução, denominada supersaturada, contendo mais sólido 

dissolvido do que a quantidade representada pela saturação de equilihrio. No caso do 6-

AP A, a solução supersaturada é preparada ao diminuir lentamente o pH do sistema de 6-

APA concentrado sem agitação. A condição de supersaturação é de fundamental 

importância para as operações de cristalização (Mullin, 1993). 

A Figura 7 representa as diferentes zonas de solubilidade e supersaturação em 

função da temperatura, onde a cristalização poderá ou não ocorrer espontaneamente. 

sensível 

c 

estável 

temperatura 

Figure 7: Diagrama de solubilidade-supersaturação (Mullin, !993) 
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Na zona estável (não-saturada), onde a concentração é inferior à concentração de 

na região sentSível (supersaturada), a 

cristalização ocorre espontaneamente, mas não é inevitável. A região meta-estável é 

caracterizada por ser supersaturada, no entanto, é improvável a cristalização espontânea, 

exceto pela adição de sementes. 

5.2.2. Nucleação 

diferentes 

esquema apresentado na Figura 8. 

Nudeação 

Primária / ~ Secundária 

Heterogênea Homogênea 
(espontânea) (induzida por partículas que não sejam o soluto) 

Figura 8: Tipos de nucleação (Mullin, 1993) 

A nucleação homogênea é a formação de novos cristais a partir da fuse líquida em 

virtude apenas da supersaturação. A formação de novos cristais na nucleação heterogênea 

dá-se pela presença de material ir!Solúve! estranho ao sistema que por sua vez apresenta 

sítios onde os cristais podem ser formados devido à redução da energia necessária para a 

cristalização. A nucleação induzida pela presença de cristais do próprio soluto denomina-se 

nucleação secundária e em certo grau é similar a nucleação heterogênea. No caso de 
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operações de cristalização, deve-se também citar a formação de novos cristais pelo atrito de 

sólido suspenso na solução. 

A avaliação dos parâmetros nucleação é realizada através da determinação do 

ten1po de indução, definido como o intervalo de tempo em que os primeiros cristais em 

solução são detectados, de acordo com a Equação I, sendo 

inversamente proporcional ao tempo de indução (tina) (Mullin, 

(1) 

a taxa de nucleação é 

A medida do tempo de indução depende da supersaturação inicial da solução e do 

método detecção. Nos casos em que o de indução é detectado concentração 

soluto, a medida dependerá conversão, enquanto nos casos em que o ten1po 

indução for detectado pela reflexão da luz, a medida dependerá da área superficial do 

cristal. (Ottens et al., 2004). Fazendo-se uso da relação do tind e a razão de supersaturação S 

= C/4, (razão entre a concentração da solução supersaturada e a solubilidade), como na 

Equação 2 

(2) 

a relação linear de lntnd e (ln sor2 fornece a inclinação ~, onde i =2 ou 3 caso a medida 
1 + l 

seja por reflexão ou por concentração, respectivamente. Sendo que o fator B é descrito por: 

(3) 

onde f3 é o fator de forma (igual a 16n/3 para núcleos esféricos) (Mullin, 1993 e Prasad et 

ai., 2001), y e a tensão superficial, v é o volume molecular e k é a constante de Boltzman. 

Deste modo a energia superficial também pode ser estimada. 
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De acordo com as considerações teóricas aciiTJa, a taxa de nucleação deve 

aumentar com o aumento da supersaturação e 

superficiaL 

com o aumento enerpa 

grau de supersaturação é um parâmetro crítico no controle da taxa de nucleação, 

visto o tamanho do núcleo reduz com o aumento da supersaturação e, 

conseqüentemente, a probabilidade 

1971). 

A presença de impurezas pode afetar consideravelmente a nucleação. As 

impurezas solúveis podem inibir a nucleação devido a alterações na solubilidade de 

ecn:rih1Jrio ou na estrutura da solução, em virtnc!" da adsorção ou quírnica da imp•ure:w 

no núcleo ou hetero-núcleo (Prasad et , 2001). No entanto, a ação de moléculas de alta 

massa molecular difere da ação dos cátions. No caso de moléculas de alta massa molecular, 

estas inativam o hetero-núcleo pela adsorção em sua superfície, ao passo que os cátions 

podem romper a estrutura dos núcleos. A ação das impurezas pode ser verificada por 

diferentes maneiras. Por exemplo, no caso de cátions, quanto maior a carga maior será o 

efeito de imbição (Cr+3 > Fe+3 > A1+3 > Nt2 >Na). Além disso, existem casos em que a 

irubição pode ser reduzida quando a concentração da impureza atinge níveis acima de uma 

concentração limite (Mullin, 1993). 

5.2.3. Crescimento dos cristais: 

O mecanísmo de crescimento do cristal em solução exige o transporte do soluto 

até a superfície do cristal e, em segnida, a incorporação à rede cristalina Este transporte é 

constituído de duas etapas, urna difusional seguida pela etapa de reação de superfície, sendo 

esta última denominada etapa de integração da partícula. Em sistemas não-agitados, por 

exemplo, a taxa de crescimento é limitada pela taxa de difusão através de um fihne. No 

entanto, à medida que a agitação aumenta ou a velocidade relativa entre o cristal e o licor-
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mãe aumenta, a taxa de crescimento atinge um máximo e a taxa de crescimento passa a ser 

de superficie) (RmldO!jJh e 

Taxa de crescimento cristal (G) é dada em função da razão supersaturação 

Os parâmetros da cinética de crescimento, kg e n, são detenninados a partir de 

experimentos de cristalização como sendo os coeficientes linear e angular, respectivamente, 

versus é oblído pela me(lída de tamanho dos cristais 

em função do tempo 

G=
At 

(5) 

e a razão de supersaturação (S) é determinada de acordo com a Equação 6 

c 
S=---

so lub ilidade 
(6) 

onde a solubilidade de 6-APA é avaliada usando a Equação 7 (Diender et al., 2000). 

Solubilidade APA'· 
So lub ilidade APA = ------'o=.-

FAPA'· 

(7) 

O efeito de impurezas no crescimento de cristais é amplo, podendo imbir ou 

acelerar a crescimento. Algumas impurezas ainda podem agir seletivamente, atuando em 

certas placas cristalográficas, e conseqüentemente, modificando a rede cristalina. Certas 

impurezas afetam a cristalização estando presentes em concentrações muito baixas (da 

ordem de lppm), enquanto outras apresentam efeitos apenas quando presentes em 

quantidades consideravelmente elevadas (Mullin, 1993). 
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O efeito das impurezas de inibição ou de aceleração do crescimento é devido às 

unpurezas 

podem alterar as cru·ac1terí:Sti<~as crunada de adsorção na interface solução crílstal-solução 

e influenciar a integração de unidades de crescimento, pois podem estar adsorvidas 

seletivrunente em diferentes placas do cristal, se há alguma semelhança na 

estrutura molecular. 

5.3. Modelo de equilíbrio da hidrólise de PenG em reator multi-estágio e contra

corrente. 

Os reatores em contra-corrente são urna nova classe dos reatores cromatográficos 

em que duas fases imiscíveis (por exemplo, L/L ou LIS) se movem continurunente em 

contra-corrente. Tipos convencionais de reatores são operados em batelada porque uma das 

fases é estacionária. Em reatores enzimáticos em contra-corrente um ou dois substratos são 

introduzidos e enzimaticrunente convertidos em dois produtos, que são separados 

deslocando o equihbrio e direcionando as reações para a conversão total. 

As vantagens desse sistema são: produção quantitativa em reações limitadas pelo 

equilibrio; purificação simplificada do produto e redução do número de operações unitárias, 

uma vez que pelo menos um dos substratos é convertido totalmente e runbos os produtos 

são separados um do outro; e o uso de sistema menos diluído ou um menor excesso do 

segundo substrato. As desvantagens englobara: possibilidade de diluição das correntes do 

produto; uso relativrunente ineficiente da enzima; e projeto e construção relativamente 

complexos, por ser urna tecnologia recente. 

As etapas de separação, em batelada ou continua, podem levar a separações quase 

completas quando as diferenças entre os coeficientes de partição dos componentes são 

elevados. No entanto, no caso de os compostos apresentarem estruturas semelhantes (assim 

como os ASS em estudo), o parâmetro a ser avaliado na seletividade e recuperação, é o 
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fator de separação S (Equação 8). Considerando o equihbrio termodinâmico entre os fluxos 

de saída um estágio de equihbrio simples, o de separação S relaciona o 

desempenho de separação à razão entre o fluxo auxiliar (V) e o de (L) e 

o coeficiente de distnbuição do componente (K). 

S=K
L 

(8} 

Quando a quantidade da fase auxiliar (V) ou o coeficiente de partição (K) 

aumentam, o fator de separação (S) e o grau de recuperação na fase V também aumentam. 

Para contato de multi-estágios ou estágio simples com coeficiente de partição constante, 

pode-se relações que sistemas de com 

equihbrio termodinâmico mais complexo, uma descrição adequada exige modelos mais 

rigorosos com soluções numéricas. 

O fator de separação S também pode ser tratado corno fator de extração, sendo 

uma medida para a razão da capacidade dos fluxos de transportar um soluto especifico. 

Quando S>l, uma maior quantidade do composto é transportada com a fase V, e quando 

S<l, grande parte do composto permanece na fase L. 

No modelo de hidrólise de PenG a ser desenvolvido, pretende-se avaliar as 

diversas situações que levam a melhor separação dos produtos, alterando os estágios de 

entrada e saída das correntes de alimentação (L - líquida) e auxiliar (V -líquida ou sólida). 

Operação eficiente e custo adequado podem ser obtidos reduzindo as correntes do processo 

e otimizando as concentrações, exigindo configurações mais complexas com secções e 

correntes de refluxo adicionais. 

Além disso, o modelo identificará a posição de equihbrio da hidró!ise em sistema 

bifásico (água e solvente orgânico) contínuo em multi-estágios e em contra-corrente como 

função do pH, da concentração de PenG na alimentação e razão volumétrica entre as fases 

aquosa e orgânica. Portanto, o comportamento de partição dos reagentes será também 
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descrito em função destes parâmetros e combinado com os modelos de cristalização do 6-

reação. 

O processo de modelagem é essencial a implementação de técnicas para a 

otimização de custo e do desenvolvimento de estratégia de controle. Técnicas de 

otimização, baseadas em simulações modelo cinético, promovem a redução considerável 

do tempo e custo. Desta maneira, a viabilidade da hldrólise de PenO em sistema bifásico 

contínuo pode ser avaliado pela otimização das condições de reação usando este modelo. 

Abaixo segue a relação das equações e as considerações teóricas usadas para o 

desenvolvimento do modelo de hldrólise da PenO. A Figura 9 apresenta o esquema de 

entre as fases e 

cristalização do 6-AP A. 

Pen(J-' PAA'-' Ç:::;'; P/v\·+}1- + 2!-I' 

Figure 9: Esquema de equihbrio da hldrólise de PenG em sistema contra-corrente e 

cristalização de 6-AP A. 

e de 

Pode-se observar por esse esquema que ao promover a cristalização de 6-APA e a 

partição de P AA para a fase orgánica, desloca-se o equihbrio de reação no sentido de 

formação dos produtos. 
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5.3.1. Equilfbrio da hidrólise de PenG em sistema monofásico 

O equilíbrio da hidrólise de PenO em sistema aquoso pode ser descrito pela 

constante equilíbrio aparente ( K=·'PP) e pelas concentrações dos reagentes (E<qillição 

(9) 

Este equilibrio é nma função do pH e a constante de equihbrio aparente pode ser 

escrita como função de nma constante da reação de referência e das frações dos reagentes e 

sutlstr·atc>s a um dado sendo a reação de referência dada abaixo (Diender et 1998). 

Peno·+ H20 :!::> 6-AP A"+ + 

Portanto, a constante de reação aparente torna-se: 

(lO) 

onde Krer é a constante de equihbrio da reação de referência independente de pH e Fr,G _ , 

FPAA- e FAPA' são as frações da PenO, PAA e 6-APA no estado aniônico, respectivamente. 

As frações Fr'"a·, FrAA· e FAPA- são dadas pelas relações abaixo: 

C G' F = Pen 
PenG- C 

PenG 

(11) 

(12) 

(13) 

Sabendo que: 

26 



Ka,PenG 

c * 
K =--P--~--~--~

a,PAA c 
PAA ~ 

C *C 
K = APA- H+ 

a,/ú'A 2 

(14) 

(15) 

(16) 

(17) 

onde C; é a concentração e K.,i é a constante de dissociação do componente i e 

Go!dberg, 1988). 

E substituindo em (11), (12) e (13), as frações Fp,a~, FPAA. e FAPA- podem ser calculadas a 

partir das relações abaixo: 

1 
FPAA~ = c 

1+ w 
K,_PAA 

1 
F APr = -------------------,,,-----

1 + CW + __ (:_C2'H'-' )c___ 

Ka,APAz Ka,APA
1 

• Ka,APA
2 

(18) 

(19) 

(20) 

A Tabela l apresenta as reações de dissociação e os respectivos valores pK. que 

ocorrem na faixa de pH entre 3~ 7 (Diender et al., 2002). 
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Tabela 1: Reações de dissociação e valores de pK. (Diender et al., 2002) 

Reação Dissociação pK. 

H20++0H- + 14 

PenG0 ++ PenG- +H+ 2,5 

APA+ ++APA+- + 2,5 

APA+- ++APA- +H+ 4,9 

PAA0 ++PAA- + 4,3 

5.3.2. Partição dos componentes entre as fases aquosa e orgânica 

Em um sistema bif.isico (orgânico - aquoso), os componentes tendem a migrar 

entre ambas as fases, sendo que os eletró litos fracos, principalmente espécies 

eletronicamente neutras migrarão para a fuse orgânica (Figura 9). 

O coeficiente de partição aparente (global) de um ácido monovalente é dado por: 

C0
" C"" Kapp =-'-= oí 

"" C"' C':' +C"' 
' ' ' 

(21) 

De acordo com as relações indicadas pelas Equações 18 a 20, e substituindo na 

equação acima, observa-se que o equilíbrio de partição depende do pH e o coeficiente de 

partição aparente em função do pH pode ser descrito como segue: 

(22) 
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onde K~~ é o coeficiente de partição intrínseco (pH - independente) e F,o é a fração da 

Na hidrólise enzimática de PenG, em sistema bifiisico (água e solvente orgânico), 

considera-se que a reação ocorre apenas na fuse aquosa e a medida que PenG é bidrolisada, 

os componentes migram diferentemente entre as fases aquosa e orgânica até que os 

e de equihbrio, um equilibrios 

balanço de massa para cada componente pode ser formulado para as fuses aquosa e 

orgânica. 

(23) 

onde n é o número de mols e V é o volume das fases aquosa (aq) e orgânica (org), sendo 

considerado esse volume constante ao longo de todo o processo extrativo. Os balanços 

estequiométricos para a reação enzimática são dados a seguir: 

A combinação dos coeficientes de partição (Equação 21), dos balanços de massa 

(Equação 23) e estequiométricos (Equações 24 e 25) dará para cada componente a 

concentração na fuse aquosa como função da concentração de P AA na fuse aquosa, dos 

coeficientes de partição e dos v o lumes das fuses. 

Ou seja, 

(26) 
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C"' ·(v"'+ V0
'" • K""' ) C"' - PAA p.PAA 

PAA - (v"' +v o" . K app ) 
, p,A.PA 

(27) 

sulJstítuí<;ão das equações acima na Equação 9 e a utilização da Equação 10 

fornecerão a concentração aquosa de P AA em função pH do todas as concentrações 

nas fases orgânicas e aquosas podem ser calculadas. Todavia, em sistemas bifásicos é mais 

conveniente expressar a constante de equilibrio de reação em termos de concentração 

global (bifií.sico) (Martinek e Semenov, 1981). Estas concentrações bifásicas são dadas pela 

Equação 28 

c"'= i 

l+et·K:J 

l+et 
(28) 

onde a é a razão volumétrica entre as fases aquosa e orgânica a = V"" . O equilibrio de 
V"' 

reação bifií.sico é então expressa como 

bi bi 

Kbi = cPAA .cAPA = K"' 
eq,APA Cbi eq,APA 

PonG 

(1 +a ·K;'jAA)·(l +a ·K;:"'APA) 
(1 +a )-(1+ a· K;'j,0) 

(29) 

Usando as constantes de dissociação dos reagentes representadas na Tabela 2, o 

valor de Krer de 7,35*10-s ± 1,5*10-s (Tewari e Goldberg, 1988) e a razão volumétrica a 

experimental, o valor de K:.APA que pode ser calculado em função do pH. 

5.3.4. Equilíbrio da reação trifásico 

Se a concentração de equilibrio de 6-APA em fase aquosa exceder sua 

solubilidade, 6-AP A se cristaliza. A cristalização de 6-AP A é favorável à conversão à 

medida que a hidrólise ocorre, pois o equilibrio é deslocado (Figura 8). A solubilidade de 6-

AP A pode ser relacionada como função do pH da seguinte forma (Diender et al., 2000). 
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(30) 

onde S APA +-é a solubilidade da espécie ZVviteriônica de 6-AP A Para o cálculo da constante 

de aparente, a solubilidade da ( ) deve ser nas 

Equações 9 e 29 ao da , simplificando estas equações 

5.4. Biorreatores extrativos 

experimentalmente, fez-se uma revisão bibliográfica dos diferentes tipos de reatores e 

extratores que poderiam ser acoplados e aplicados na bidrólise enzimática de PenG, 

levando em consideração as condições do modo de operação contínuo, catálise pela 

penicilina amidase imobilizada e separação dos cristais de 6-AP A juntamente com a fase 

aquosa. 

Com base na ampla informação adquirida com relação à diversidade dos tipos de 

sistemas que podem ser empregados em processos íntegrados de reação e de extração e as 

diferentes condições das biocatálises empregando a técnica ISPR decidiu-se agrupar estas 

informações em uma revisão sobre biorreatores extrativos e índicar um esquema de escolha 

do tipo de sistema a ser adotado dependendo das características da reação. 

De forma gerai, há uma abordagem para a seleção de processos e o design de 

biotransformações. As primeiras etapas envolvem a identificação das restrições e das 

características dos reagentes, produtos e biocatalisador. A etapa seguinte corresponde à 

identificação das opções de processo mais adequadas possíveis com base nas restrições já 

estabelecidas. Diante do número limitado de possibilidades, experimentos devem ser 

realizados no íntuito de aprimorar a seleção e design do processo e, finalmente, testar os 

possíveis efeitos de scale-up (Lilly, 1999). 
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CAPÍTULO UI 

A apresentação deste capítulo corresponde ao artigo publicado: 

J.S. Ferreira; A.J.J. Strnatimf; L.A.M. van der Wielen; 

imtm,obim:ed penicillin amidase at 

Ca.ta[Jrsis B - En:zymatic. v. 27, p. 29-35, 2004. 

Frnneo. Activity and 

Este capítulo corresponde à avaliação da atividade e estabilidade da penicili.na 

amidase (Assemblase®) em condições de baixo pH e soluções tamponadas saturadas com 

acetato de butila. As análises foram realizadas a baixos valores de pH, em sistemas tampões 

de fosfato de potássio saturados com acetato de butila e foram utilizados dois métodos para 

a detenninação de atividade e estabilidade da enzima: titulométrico e análise de 

concentração por HPLC. Além disso, parâmetros da cinética de degradação de PenG e AP A 

também foram determinados. 

O método titulométrico se mostrou mais ecônomico e prático do que as análises de 

HPLC. No entanto, sua aplicação não é recomendada para pH 4.5 - 5.0, devido a baixa 

precisão nesta faixa. A máxima atividade enzimática comprendeu a fuixa de pH 8.0- 9.0 e 

a enzima permaneceu estável mesmo a baixos pH's (3.0 6.0). Embora a atividade 

enzimática sofra um decréscimo de aproximadamente 80%, isto não representa empecilho 

para sua utilização em processos a baixos pH's, podendo ser perfeitamente viável seu 

emprego na hidrólise de PenG na processo contínuo bifásico água-acetato de butila. 
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ABSTRACT 

Jactam antibiotics. Usually processes are at pH 7 to !l, 

semi-synthetic 

for many new applications 

range o f pH 3 to 6 is o f interest too. Therefore we studied the actívity o f penicillin amidase 

at 25" C phosphate ofpH 3.7 to 9, as well as its stability potassium 

phosphate buffer 3 to At eaeh the enzyme was stable during at least 32 days. 

On the other hand, immobilized peniciilin amidase ineubated in butyl acetate lost its 

stability, showing after 32 days a decrease of 52% in relation to its initial enzymatic activity 

value. phosphate bufl:er, the enzyme showed the highest activíty at pH 8 to 9. A gradual 

decrease to about 20% activily occurred was deí:re;ased to even 

lower enzyme aetivity could not he the assay was used due to a 

very low stability of peniciilin G (PenG). The course of penicillin conversion and 

aminopenicillanic acid (APA) production, during enzymatic hydrolysis at pH 4, could he 

quantitative!y descrihed by a simple model when the thermodynamic equilibrium of the 

hydrolysis was taken into account. 

Keywords: penicillin amidase; immobilized enzyme; two-phase reaction; penicillin G 

hydrolysis; pH optimization. 
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1. Introduction 

Enzyrnes are ext,ensive]!y used the pharmaceutical and ch{:mi.cal industries, 

as purposes. One particular!y important enzyme is arnidase 

3.5.1.1 (Arroyo et , 2003; Fen:Jández-Lafuente et 2003). Enzyrnatic 

hydrolysis of perúciliins to 6-anrioopenicillarúc acid (AP A) and phenylacetic acid (PAA) 

by penicillin arnidases is used widely in industry. Therefore, rnuch research been 

devoted to the study of the kinetics of hydrolysis of penicillin G (PenG) by penicillin 

arnidase as a function of the concentration of substrate and products, pH, temperature, 

buffer type and concentration, and cosolvent type and concentration (Danzig et , 1993; 

Illanes et A:z.ev<:do et ; Diender et l 

Most o f these works focus on pH 7 to 8, the optimurn range for PenG hydrolysis purely 

aqueous systems and do not provide systematic studies at lower pH. 

Novel reactor configurations are being investigated for enzyrne conversions, to 

enhance their yield and rate, which is in many cases low or even too low for feasible 

processes. In particular, integrated reactor-separator systems allowing for in situ product 

remova! (ISPR) offer potential improvements, i. e., two-phase reactors (V an Sonsbeek et al., 

1993). These systems are tuned at high volumetric capacity and will hence operate under 

extreme conditions, relative to the 'normal' physiological operation of enzymes 

(Fen:Jández-Lafuente et al., 1996). 

The biphasic system allows the separation of both reaction products due to 

extraction o f P AA to the orgarúc phase and precipitation o f AP A (V an der Wielen et al. 

200 l; Chilov and Svedas, 2002). Neverthe!ess, in a two-phase system, a pH increase above 

pH 4.4 hampers extraction of phenylacetic acid into orgarúc phase, prevents APA 

precipitation, and in contrast to the homogeneous reaction, does not improve hydrolysis 

(Den Hollander et al., 2002). 
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peJúcillin hv<:lrolvsis a counter-current multi-stage reactor pH COlltnll 

is being developed (Diender et al., 2002). In this reactor the pH drops to values as low as 3, 

depending on the progress of the reaction and concentration of substrate. Therefore it is 

wc•rtl1wlúle to study enzyme stability and activity these extreme conditions including 

range 3 to a relatively has been used for many synthesis 

reactions catalyzed by penicillin anúdase for which commercia! processes are under 

et 

al., 1999; Nierstrasz et al., 1999; Youshko et a!., 2001). Such as syntheses ofloracarbef 

at pH 6, amoxicillin at 5.5- 7, xenúlo:fiban intermediate at pH 5.25- 6.25, cefamandole 

at pH 4.25 and ampicillin at pH 6.3. A pH below 5 is be!ieved to have a detrinJental effect 

on penicillin anúdase stability and activity (Scb.rõen et al., 1999; Nierstrasz et al. ). 

an evaluation at low stability 

PenG and the maln product, AP A, have to Phenylacetic acid is known to be 

stable. Penicillin G is unstable in aqueous solution at acid or alka!ine conditions (Arnott 

and Weatherley, 1995; Reschke and Schürgel, 1984; Benedict et al., 1945; L!inás et al., 

1998 and 2001; Levine, 1961; Kheirolomoom et al., 1999; Kim and Lee, 1996; I!lanes and 

Fajardo, 2001) and the half-!ife time may change ifthe aqueous phase becomes saturated 

by butyl acetate (Reschke and Schürgel, 1984). The decomposition kinetics is 1st order with 

maximum stability about pH 6 and the degradation rate o f penicillin is much higher at a low 

pH than at a high pH. There is not much information about degradation o f AP A in the 

!iterature. Studying APA degradation in the pH and temperature ranges of 5.8-6.6 and 35-

900 C, respectively, Dennen (1967) showed that the degradation follows pseudo-:first order 

kinetics. At higher pH, higher orders of degradation rates were determined. Furthermore, 

the author found in all temperature ranges the highest stability at approxinlately pH 8. 

In thls work we will only consider a temperature of 25° C, which is used for 

countercurrent reactor development (Chilov and Svedas, 2002; Diender et al., 2002). In the 

countercurrent reactor the aqueous phase will be saturated with butyl acetate, and the 

influence o f thls solvent will be studied as weil. 
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metliods 

2.1. 

Potassium di-hydrogen phosphate (anhydrous extra pure), di-potassium hydrogen 

phosphate, 85% ortho-phosphoric acid, potassium hydroxide pellets, butyl acetate 

and acetonitrile were purchased from Merck (Darmstadt, Germany). Phenylacetic acid 

(P AA) was purchased from Fluka Chemika (Steinheim, Switzerland). All reagents were o f 

analytical grade. Penicillin G potassium salt (PenGK), 6-aminopenicillanic acid (lú' A) 

Assemb!ase® were Delll, Netherlands. Assemb!ase® is an 

!mmobilized penicillin amidase from Escherichia an in-house enzyme of DSM 

infectives. enzyme is supplied in a propylene glycol-water solution. The enzyme was 

washed with Milli-Q water prior to use and filtered to dryness. 

2.2. Standard enzyme assay 

The standard assay was perfonned at pH 8.0 in a magnetically stirred glass reactor, 

at 25° C. PenGK salt (LOO g) was dissolved in 50 mL potassium phosphate buffer (40 mM) 

saturated with butyl acetate (BuAc). The reaction was started by the addition of 450-500 

mg of enzyme. The pH was kept constant, using 0.250 M KOH in a digital burette. 

During the initial part o f the reaction ( 5 min), the burette reading was recorded. At 

pH 8.0, the nurnber ofthe moles ofKOH addition corresponds to the nurnber ofmoles of 

PenG (npena) converted into APA and PAA. These assays were carried out in duplicate. The 

initial reaction rate was deterrnined from linear regression of time-course pro file and the 

enzyme activity (A) was calculated from: 
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A = ( llp_, -llpenG) 

menz xtime 

and 6-tlmJ'no,I:JeJiicJ'llanic acid 

degradation PenG was at 3.0, 35, 4.0 and 4.5, a 

magnetically stirred giass reactor at 25° C. PenGK salt (LOO g) was dissolved 50 mL 

potassium buffer (40 mM) saturated with BuAc. The pH was controlled using a pH stat 

system with H3P04 (40 mM) as titranL To prevent significant dilution the pH control 

procedure was pnx;e!:led 

H3P04 (0.5 M) for 3.5 

a adjustment some o f 

45 and4.0. 

Samples were withdrawn, filtered (Millex by Millipore, 0.45 f!ID pore size ), and 

added to Eppendorf tubes filled with L5 mL of cold (4° C) KOH solution, in a way to 

adjust the pH of the sample to approximately 6.5 - 7.5. The samples were analyzed for 

PenG in duplicate by HPLC. 

For the degradation of APA, experiments were carried out at pH 3.5, 4.0, 4.5 and 

5.0 in similar procedure. However, after samples were withdrawn and filtered, l mL was 

diluted into 25 mL before HPLC analysis for APA 

2.4. Injluence of pH on enzyme activity 

Reactions at pH 4.0, 4.5, 5.0, 6.0, 7.0, 8.0 and 9.0 were carried out to determine 

the enzyme activity. The standard assays were allowed to take place in 40 mM potassium 

phosphate buffers saturated with BuAc. The buffers were prepared by mixing different 

volumes of aqueous solutions ofK2HP04, KH2P04 and H3P04. The titration solutions were 
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KOH M) for pH 5.0, 6.0, 7.0, and 9.0 (40 mM) for 4.0 and 4.5. 

Especially for 4.0, and 4.5, the pH ofthe reaction medium had to be corrected with H3P04 

solution (0.1 M) right after adding PenGK salt, since the pH increased as soon as PenGK 

wasadded. 

At values below 7.0, the number of moles of acid or base added the titration 

The dissociation state reactants should be taken account. As pH decreases 

fractions the negative forms decrease (FPenGminus, FPAAminus F APAminus) while fractions 

of the positive (F APAplus), zwitterionic (FAPAminus/plus) or uncharged (FrenGuncharged, 

FrAAuncharged and F APAuncharged) forms start to be produced (Chilov and Svedas, 2002). 

Therefore, at low pH the reaction is not acidi:fYing anymore producing base. The net 

charged fractions o f each cornp(>neJat are sho•wn 

LO 

0.8 

§ 0.6 
";::! 

g 
~ 

0.4 ~ 

0.2 

0.0 
,. 

o 2 4 

pH 

Figure 1. 

6 

------ F6-APAplus 

-F6-APAmin 

FPenGrnin 

-----FPAAmin 

8 10 

Figure 1: Fraction ofthe charged species ofthe reactants as part of each reactant's total 

concentration. Calculation performed with the dissociation constants in Diender et al. 

(2000). 
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these species, charged amounts are related to overall amounts as 

follows: 

(2) 

nAPAminus =F APAminus X nAPA (3) 

nP~;mGminus = F PenGminus X nPcnG (4) 

(5) 

These charged amounts can he substituted in the charge balance: 

+ nAPAplus + nHplus = nH2P04minus + 2 X nHP04minus2 + nrenGminus + nAPAmim1s + nPAAminus + 

noHminus (6) 

After e!iminating nAYA and npAA using the stoichiometric balances, 

(7) 

Equation 8 is o btained. 

- nKplus + (- F.~PAplus + P:wAminus + FPAAminus) X nPenGO - nHplus + nH2P04rninus + 2 X nHP04minus2 + nOHminus 

nPonG = F F F F 
- APAplus - PenGminus + APAminus + PAAminus 

(8) 

knowing the values of the added amounts of potassium, phosphate and penicillin, the 

activity can be calculated. 

Besides the recording of the burette reading, in one of the duplicate series of 

experiments, four to six samples ( 500 1-1L) were withdrawn from the reaction mixture after 

the start of the reaction with 1 minute intervals and filtered (Millex by Millipore, 0.45 f.!ID 

pore size) to remove the enzyme and stop the reaction. As the reaction occurred, AP A and 

P AA were formed and they were detected by HPLC. The initial reaction rate was 

determined based on the amount of APA produced. For the assays at pH 4.0 and 4.5, the 
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Eppendorf tubes 1.5 mL cold (4° C) KOH, order to 

correct the pH to 6.5- 7.5 and avoid decornposition ofthe cornpounds. 

25 lnjluence enzyme stability 

at 4.0, and 

<Ht11lmterl phases were separated a separation funnel. washing 

water and filtration to dryness, enzyme ( 450 - 500 rng) was incubated 1 o f five 

different solutions, narnely the four potassiurn phosphate bu:ffers ofpH 3.0, 4.0, 5.0 and 6.0 

saturated with BuAc and with BuAc so!ution saturated with potassiurn phosphate bu:ffer of 

pH 6.0. The incubation was perforrned in closed Eppendorf tubes at 25° C, for diflere111t 

intervals. After interval, relTilllill11g acthdtv was measured. content the 

Eppendorf tube was transferred to the reaction vessel, rnixed with 49 mL of potassiurn 

phosphate bu:ffer of pH 8.0 saturated with BuAc, anel the standard enzyme assay was 

perfonned. 

2.6. HPLC analysis 

The sarnples were analyzed by HPLC (Waters), using a C18 - Delta Pak co!urnn 

(particle size- 5 flill, Pore size- 300 A, colurnn size- 3.9 X 150 rnm), and Cl8- Platinurn 

EPS colurnn (particle size - 5 llill, Pore size - 100 A, colurnn size- 4.6 X 250 rnm), and UV 

detector. The mobile phase was 28:72 (v/v) of acetonitrile and 0.64 g 

solution, the pH was adjusted to 2.75 with H3P04• The flow was 0.7 mL min-1
, in the Delta 

Pak colurnn and LO rnL rnin-1 in the Platinurn EPS colurnn. The elution times o f AP A, 

PAA and PenO were 2.2, 5.3 and 9.0 min, respectively, when analyzed in the Delta Pak 

colurnn and 3.3 min, 7.7 rnin and 13.9 rnin in the Platinurn EPS colurnn. 
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3. discussion 

3.1. 

Dulring enzymatic activity assays at low pH the chromatograms not 

identi:fied as AP A, or PenG, indicating spontaneous degradation some 

reactants occurred. Therefore, this background o f degradation o f PenG and AP A was 

investigated. 

At 

of 4.8-5.0 

formed. 

4.5 absence of enzyme, was no degradation PenG within 5 

durati;on o f the assay. However, a peak 

was present in the chromatograms ofpH 3.0- No APA or PAA was 

Logarithmic plots of PenG concentration against time were linear for both pH 

values indicating fust order degradation. The degradation rate constants were determined 

from the slope ofthese graphs. The values ofthe degradation rate constants (see Table l) 

correspond to half-life times of 21 min, 210 min and 780 min at pH 3.0, 3.5 and 4.0, 

respectively. Table l also presents the data reported in the literature. The results are witbin 

a wide range of values, probably due to the different methods employed to determine the 

concentration ofPenG, such as colorimetric, NMR, and HPLC. We assume that the HPLC 

method used by us is the most accurate method. According to the last two data in Table 1, 

butyl acetate does not influence the PenG degradation. 
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1: Va!ues degradatíon rate constant aqueous 

pH T(OC) kct (h"1
) t half-life (h) Reference 

0.35 work ' 

3.0 25 1.002 0.68 Kheirolomoom et al. (1999) 

35 1. Llínás et (1998) 

3.0 24 0.294 2.33 Benedict et al. (1945) 

3.5 25 0.!98 3.50 This work' 

25 0.252 2.75 Kheirolomoom et (l 

3.5 0.450 !.53 Llinás et al. ( 1998) 

4.0 25 0.053 13 This work' 

5.0 25 0.0108 64.2 Reschke and Schürgel (1984) 

5.0 25 0.0096 72.2 Reschke and Schürgel (1984)* 

' aqueous solution saturated with BuAc 

Degradation of APA was determined at pH 3.5, 4.0, 4.5 and 5.0 and it turned out 

to be much slower than degradation of PenG. The values of first order degradation rate 

constants are shown Table 2. 
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V a!ues o f degradation rate constant o f AP A at T = 25° 

PH lha!f-life (h) 

0.0058 120 

0.0053 131 

In order to check the reliability of reaction set up, some preliminary assays were 

carried out in aqueous and in phosphate buffer solution (results not shown). The most 

reliable results were obtained with phosphate buffer solution, since the variation of pH is 

large in unbuffered aqueous solution and the accuracy ofthe results was low. 

No difference was found between the data obtained from preliminary assays 

involving potassium phosphate buffer and from assays involving potassium phosphate 

buffur saturated with BuAc. This is in agreement with previous results on the irdluence of 

orgaoic solvents on penicillin amidase (Kim and Lee, 1996; Illanes and Fajardo, 2001). 

The irdluence of pH on penicillin amidase activity is shown in Figure 2, which 

presents results from both the titration method and HPLC analysis. The highest activity is 

about 280 llmol !lenz-1 min-1 and occurs in the range ofpH 8.0 and 9.0. It is worth to point 

out that enzyme activity is still about 50 llmol genz-1 min-1 at pH 3. 7. At even lower pH, the 

enzyme activity could not be determined dueto the instability ofPenG. For pH above 5.0, 

the data obtained from both methods were similar (Figure 2), although the HPLC results 

showed higher errors taking into account a 95% con:fidence lirnit. Nevertheless, the 
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application o f the titration is not elo se to pKa AP A. Like 

in earlier work (Diender et al., 1998 and 2002; Chilov and Svedas, 2002), the value used to 

calculate the fraction ofthe Equation 3 was 4.9, however the literature also reports values 

4.6 to 5.4 (Svedas et al, I Tewari Goldberg, 1988). value is not 

precisely known, an error can occur in calculation the AP A fractions 

consequently, detennination of enzyme activity by Equation 1 and 8. 

500 
~ 

400 j :s T s i 
~ I I 

~ 300 J 
I 

t í • ~ i I I L 
õ . 

I 
T s '?00 -i 

,_- i l t ~ I 

f 
p I I 

~ 
100 ~ i!: "' • titration :rrethod 

I X :i!: x HPLC analysis 
I L o 
2 3 4 5 6 7 8 9 lO 

pH 

Figure 2: Enzymatic activity o f penicillin amidase including 95% confidence range. 

In order to detennine if diffusion limitation of PenG in the immobilization matrix 

might have influenced the data, the efficiency was calculated. By assuming that the average 

diameter was 0.42 mm and the diffusion coefficient of PenG into the catalyst was 0.2*10"9 

m2 s"1 (V an der Wielen, 1996), the characteristic time for diffusion was calculated to be 222 

s. At the highest initial reaction rate, the first order reaction characteristic time was 22 min. 

The ratio of these values provided a Damkõhlercll) number o f 0.18, which means that the 

efficiency was 100%. The buffer concentration was approximate!y equal to the reactant 

concentration so that pH gradients in the particles were absent (V an der Wielen, 1996). 
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3 

aqmlous solut!on at 

days, desjpíte 

counter-current eu;LYfll!IT!c hyctr·olJISlS a tw<J-p!ras;e s;•stem 

(Diender et 2002). incubation would have to 

ÓC\fC!CJpl!lg a 

BuAc and water 

extemled or ro1rriF•rl out under more 

stressing conditíons to dei:ennirle at 

was be,tortd 

enzyme activity of 117 j.!mol &=.1 

literature (Klibanov, 1997; et 

maximum activity, 

6.0 32 days corresponding to 

. This explained by The 

, 1998; Fernadez-Lafuente et ai, 1999) 

inactivation of most of industrial enzymes (free or immobilized) when they are 

incubated in organic solvents with the same polarity ofbutyl acetate. 
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• pH=6.0 

a pH=5.0 

pH=4.0 

pH=3.0 

;;;BuAc 

lO 

time (h) 

,--
100 1000 

sol1utic•n saturated at 

pH's 3.0, 4.0, 5.0 and 6.0 and in BuAc saturated with potassium phosphate buffer for 32 

days. The data were detennined by titration method. Similar results were obtained by 

HPLC analysis. 

3. 4. Hydrolysis o f PenG by penicillin amidase at pH 4. O 

The rate equation that is obtained when considering the mechanism of the (Van 

der Wielen et al., 1997) contaíns many kinetic parameters that are unknown. For shnplicity, 

it was assumed that the substrate and product concentrations would be much lower than the 

Michaelis and inhibition constants. The result is Equation 9 

(9) 

The apparent equilibrium constant, Kapp, can be calculated at pH 4.0 usmg 

Equation lO 
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eq1Ji!ibri11m constant was 

Knowing 

constants results obtaÍ!Jed 

PenG at 4.0 were conapared 

4 shows that 

are presented 

al., 1993; Wielen et , !997; 

r ate 

a 

(1 

the degradation rate 

term experiment for hydrolysis 

inhibitíon occurs, 

and mainly due to P AA as a competitíve ính:~bJt:or, our results hydrolysis at 

equilibratioo, pH 4.0 is limited exc!usively 

pH values reported 

different. 

the 

AP A. It should poioted out that 

product concentration was 



3 : Ex~•erirnenital T= 

Time (min) 

l.6 I 

3.2 4.31 

58 

54 21 16.00 

83 22.67 27.76 

132 23.11 

l *** l 

2181 **** 
1186 14.74 12.75 

14.52 1644 12.59 

1282 13.29 14.36 11.93 

1360 13.65 18.76 ll.69 

1541 12.98 17.33 10.62 

1649 12.68 1 Ll1 

2526 10.56 16.52 8.21 

2560 10.18 15.68 8.!6 

4309 5.55 l 4.32 

4380 6.29 !7.19 4.22 

5807 5.65 22.33 0.85 

55 



de_gntda.tio'n occurs of to a smaJler ext,ent, APA 

and cm1seqw~nt!y to a decrease 

@~----~~----~~~---~~~------~--~~------, 

50 
PenG 

PAA 

xAPA 

o 500 !000 1500 2500 3500 

Figure 4: Hvflrc>lvsis peni,~illín amí<lase at 4. O. Markers are experimental 

data, limos are sinml<xticmsusmg , k&APA = 0.0058 =1.5575· L 

-! . -l c - ~4 mM 9 47 !lenz mm, Penoo-- , = . g 

4. Conclusions 

optimum pH and stability of pe!ücíllin 

anüdase PenG hydrolysis by a titraticm method as well as analysis. The data were 

in agreement with each The titr·Mion methc•d was more economical and practical, 

its application is not recommended for 4.5 - 5.0, because of a low accuracy in this 

range. The enzyme presented maximum activity in the pH range 8.0- 9.0. In contrast to the 

common belief, peniciliin amidase does not show decreased stability if the 1s de,creas!od 

from 8.0 to 3.0. 80%, does not 



confine processes to hlgh pH major at low pH seems to 

chemícal stability o f PenG and, to a less extent, o f AP A. Based on thls information, 

conditions can be found that will be suitable for the hydrolysis o f PenG in a butyl acetate -

water co:ntÍl~ucms process. 
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N omenelatnre 

A = enzyme activity (1-1mol lSenz-1 min-1
) 

C= concentration ofPenG (mM) 

Cenz = concentration of enzyme (g L-1
) 

F= fraction ofthe specie 

Kapp = apparent equilibrium constant (mo! L-1
) 

kã = degradation rate constant (h-1
) 

Keq = equilibrium constant (mo! L-1
) 

enzyme and 

57 



menz = mass o f enzyme (g) 

n = amount (moi) 

renz = em':Vll:mtic r<eac:tic•n rate 

temperature CC) 

tnalf-time = halt~líte time (h) 

Subscripts 

O= 

AP A = 6-aminopenicillanic acid 

minus = negative state o f ionization 

minus/plus = zwitterionic state o f ionization 

P AA = phenylacetic acid 

PenG = penicillin G 

plus = positive state o f ionization 

uncharged = neutral state o f ionization 
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CAPÍTULO 

A avaliação da cristalização do AP A é descrita no Capítulo IV. 

A detenninação dos parãmetros cinéticos da cristalização de AP A é fundamental 

para dar continuidade ao estudo de implantação de um reator multi-estágio e contra

corrente, destinado à hidrólise de PenG em sistema bifásico água e acetato de butila. Os 

ensaios foram realizados em batelada, a pH 4 e 5 e na presença de impurezas (BuAc, PenG 

e P AA). As análises foram baseadas na avaliação da análise de tempo de indução, taxa de

supersaturação, taxa de crescimento e distribuição do tamanho de cristais, possibilitando 

uma análise da influência das impurezas na cristalização do AP A Os resultados mostraram 

que as impurezas não exerceram efeito sobre a cristalização de AP A, na faixa de pH e de 

concentrações avaliadas. 

Este trabalho possibilitou a obtenção de um modelo que pode predizer as taxas de 

cristalização de A.P A nas mesmas condições que serão empregadas na hidrólise de PenG 

em reator multi-estágio e bifásico, água e acetato de butila. 
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ABSTRACT 

semi-synthetíc penícil!ins, derived from 6-aminopenícillaníc acid (APA), constitute an 

APA is produced (PenG) hydrolysis. 

Imprc>vements of can be achieved by carrying out the reaction in a multi-

stage water and acetate reactor, without controL Under these conditions, 

the pH drops as the reaction occurs and AP A crystallizes. Crystallization is a complex 

process in which nucleation, crystal growth, and sometimes, attrition and agglomeratíon 

can interact Normal!y, !arge crystals and a narrow size distribution are desired for 

Cl)rst<llliz:ation to for downstream processes are facilitated. 

concerns on the determination crystallization kinetícs of AP A the presence of other 

components found in the PenG hydrolysis, i. e., the PenG, the by-product phenylacetic acid 

(P AA) and the solvent BuAc. This evaluation was based on the analyses of induction time, 

growth rate and crystal size distribution, at pH 4 and 5. A mathematical model based on the 

population balance was used as well. The results showed that the impurities have no 

influence on the AP A crystallization, within the pH range and impurity concentrations 

evaluated. This work provides enough information about .1\P A crystallization to be used in 

the design of a multi-stage counter-current reactor for PenG hydrolysis. 

Keywords: crysta!lization, 6-aminopenícillaníc acid, antibiotics, impurities, crystal s1ze 

distribution. 
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1. Introduction 

Biotechnological operations, such as enzymatic reactions used in aqueous-organic 

environments, are becoming for the of pharmaceutical 

as perlicillin derivatives, ImpnJvem<mts on the synthesis of semi-synthetic 

an1:JbJ•Dtí<;s are obtained the integration o f reaction purification systems { Chil<)' 

Svedas, 2002; van der Wielen et a!., 200!), In particular, a multi-stage counter-current 

reactor for penicillin G (PenG) hydrolysis without pH control has been developed ( den 

Hol!ander et aL, 2002), biphasic system is fonned by water and acetate (BuAc) 

conditi<)ns, the as rertct;!on occurs, 

At low pH, both, the o f to organic phase and crystallization AP A, are 

favorable, Thus, the equilibrium is shífted towards PenG conversion and hydrolysis 

products are obtained in different streams (Diender et al., 2002). 

Therefore, AP A crystallization tal<es place in a multicomponent system where the 

presence of other solutes than the target product might significantly influence the kinetics 

of crystallization (Ottens et al., 2001, 2004). Reactive crystallization usually produces 

sparingly soluble small crystals, which often causes problems in downstream processing, 

especially in filtration, but also in the treatment of the mother liquor as well in the drying 

and packing ofthe crystalline product (Yang et al., 2002). 

Usually crystal growth rates are reduced by impurities. The retarding effect of an 

impurity, however, is affected by the solution supersaturation, the hígher the 

supersaturation, the weal<er the retardation (Mullín, 1993; Chíanese et al., 1995; Klug, 

1993). Nevertheless, there are few examples of increase in growth rate with increasing 

impurity concentration in the ex:isting literature (Sangwal, 1993; Sangwal, 1996; Sangwal 

and .1\fielniczek-Brózska, 2001]. 

Although the goal o f future steps is the crystallization o f AP A in contínuous system, 

the data obtalned in batch provides enough infonnation. Accordíng to Gutwald and 
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Mersmann ( 1994 ), the growth and nucleation rates should not depend on the operation 

of crystallizers but more or less on supersaturation, the of crystallizers 

(stírred vessel, bed, forced circulation) and the mean specific power As a 

result, these authors concluded that the seeded batch experiments are subject to the same 

secondary nm;le<!tlcm mechanisms continuous crystallizerso 

2. Theory 

2.1. lnduction time and interfacial energy 

Induction time is referred to the period of time at which crystals are first detected in 

the system, and is considerably influenced by the levei of supersaturatíon, state of agitation, 

presence of impurities, and viscosity. Despite its complexity and uncertain compositíon, the 

induction period has frequently been used as a measure o f the nucleation event, making the 

simpliJYing assumption that it can be considered to be inversely proportional to the rate of 

nucleation (Mullin, 1993): 

(1) 
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The induction time not only depends on the initial supersaturation but also on the 

detection mf~thod. If for instance a concentration measurement is used, inductíon time 

depends on the conversion, whereas 

surface area produced. 

reflectíon, the detection depends on the "rvstBl 

-I J . exl~~.,-B~~ (2) 
\ 

The linear dependence of ln(tind) and (ln sr2 gives the slope ~, where i = 2 or 3 
!+1 

if the detectíon was made by light reflection or concentration measurement, respectively 

(Ottens et 2001) 

The factor B ís described as 

f3v'y3 

B= (kTf (3) 

Where ~ is the shape facto r ( equal to 16n/3 for a spherical nucleus) (Prasad et ai., 2001 ), y 

is the interfacial energy, v is the molecular volume and k ís the Boltzman constant. So, 

from the equation above, the interfacial energy can be estimated. These parameters are used 

in the model to simulate the solute concentration and the crystal size distribution. 

2.2. Crystallization rates and Crystal Size Distribution (CSD) 

A model based on a population base balance for crystals in a specífic síze dass ís 

used to símulate the solute concentration in the liquid phase as function of time and the 

Crystal Size Distribution (CSD) (Randolph and Larson, 1971). 

àVn~t,x) = àVn(t,~OG(t,x) + Vb(t,x)- Vd(t,x)- k (4) 
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where Vis the compartment volume in m3
, n is the number ofparticles per volume per size 

class , t is the time in s, x is the length coordinate in m, G is the growth rate 

b is the birth functíon a certaín death function in a 

crystal size in #·m-4s·', C!Jk is the flow rate of the kth stream contaíning crystals 

en1:eri:ng or leav:ing the compartment in m3 s·1 

Equatíon l reduces under constraíns of a constant volume batch operation (no 

input and output) and under the assumptions of no agglomeration, no breakage, and no 

death; bírth only in the lowest particle dass; the size-independent growth to the following 

hyperbo!ic partial differential equatíon (PDE) 

solve this PDE, boundary and initíal condítions are required. The boundary 

condition at x = O is given by the commonly applíed equation 

n(t O)= J(t) 
' G(t) 

(6) 

where J ís the nucleation rate in #·m·3·s·1 The initial condítion at t =Ois given by 

n(O,x) =O (7) 

The desupersaturatíon is obtained by so!ving the following component mass 

balance 

M V oC(t) .._ OM(t) = 
w -. ' .... o 

ct ex 
(8) 

where Mw is the molar mass of the crystal!izing component. The mass of crystals formed 

(M) is given by integration over all crystal size classes 

(9) 
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where k, is the crystal shape factor and p, is the crystal density in kg·m·3 The nucleatíon 

rate is by (Tavare, 1995). 

J(t) = 
( B 

exp! ---=-l ln(S(t))2 

growth rate is given by (Tavare, 1995). 

(1 O) 

1) 

Both nucleatíon rate and the growth rale are dependent on the supersaturation 

ratio o f the crystallization component 

C(t) 
= (12) 

The parameters presented in Equations 9 to 12, í.e., kv, B, kg, n, Cs, are unknown 

and it is necessary to determined them in order to get a complete model. The procedure to 

obtaín experimentally these parameters ís described in the Materiais and Method. 

Parameters Jo is determined by carrying out simulations wíth the overall model and 

fitting J0 to the experimental data. 

3. Material:md metllods 

3.1Materials 

Potassium dí-hydrogen phosphate (anhydrous extra pure), 85% ortho-phosphoric 

acid, 36-38% hydrochloric acíd, 25% ammoníum hydroxide were purchased from 

J.T.Baker, and acetonitrile was purchased from Merck (Darmstadt, Germany). Phenylacetic 

acid (PAi\) butyl acetate (BuAc) and were purchased from Fluka Chemíka (Steinheim, 
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Switzerland). Ali reagents were o f analytical grade. Penicí!lin G potassium salt (PenGK), 6-

aminopenicillanic acíd (APA) were kindly províded by DSM, Netherlands. 

3.2. Determination ofthe solubility ojAPA 

aqueous solution saturated butyl acetate (BuAc) was prepared nnxmg 

Milli Q water and BuAc a ratio of 0.3 (BuAc: water; w/w) with a magnetic stirrer and 

separating both phases usmg separation funneL The pH of this aqueous so!ution was 

to 4.0 with M) lO O were transferred to an 

Erl.erume:yer flask, and 5.40 g was added. 

The flask was dosed to avoíd evaporation and the suspension was magnetícally agítated at 

25° C for 30 min and left to settle for 30 min. The interval of 30 min for agítation and for 

settlement was used after testing the minimum period of time adequate to achieve the 

equílibrium without causing degradation o f AP A 

This was the minimum time necessary to reach the equilibrium and avoid AP A 

degradation. This procedure was followed to determine AP A solubility within pH range o f 

4.0 and 5.0 with or without ímpurities. A solution ofl'JlL,OH (2M) was used to correct the 

pH to the aimed value after addition of AP A The irnpurities evaluated were penicillin G 

(PenG) and pheny!acetic acid (PAA). The concentrations ofPenG were l mM, and lO mM, 

and ofPAA lrnM, 5 rnM and lO rnM. 

Liquid samples were filtered through a O .2 J.Lffi cellu!ose nitrate rnembrane syringe 

filter. Subsequently 4 mL o f filtered solutíon was diluted in 25 mL with Milli Q water. The 

concentration of AP A was deterrnined by HPLC analysís. 
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SupeJrsaturat<~d ~·Jmuv•<> were nnm~nYI by ti":snllv,rlv a pnwH;usly measured amount 

o f water at room 

sollution was 

at agi1aticm of200 

assay by adding 

seeds. 

was 

were cam<:cl out 

were au'""" sinml1:an:eot!sly 

to 

to 2 

25% aqtJeolJs 

37% 

accnrtlínv to 

acl(l!t!Cm o f 1. O g 

0.55 to 113 WaS C~!TÍP:r! OU! by d!SSOllVI!I!! Ít 

water 

For 

aforementioned 

it to 

1600 

smce some to dissolve 

solution was prepared as 

SOIUtiOD WllS 400 ofBuAc. 

Every 30 a 15 samp!e was usmg a syring;e. 

of the sample was tilt,.re·n inítialiy through a 0.2 11m cellulose nm·ate membrane syringe 

filter. Subsequently 4 of tí!tç:red sol1utKm was díluted 25 mL with water. The 

concentration AP A was de1tenmír1ed The remaining o f the sample 

was used image analysis. 

3. 4/magine Ar;laf;,sis 

Sample was taken from synnge into a glass ce!l, the time 

recorded and of sol:uti<}n were unuHo an:JIV'ses of and 
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amount of crystals applying the program Leica Qw-in. This procedure was done 3 times. 

for mean times (tme<m) and mean !engths ·~••can; 

the crystals were obtained. the end o f assay , ~uv~• 9 hours ), a sample was 

withdrawn severa! images were saved to deteffiljne crystal d.istribution of 

Figure 2 presents some pictures the crystals were taken analyses s1ze 

and amount o f crystals. 

Figure 2: Píctures of APA crystals. Assay at pH = 4.0 and CPM = l.BmM. 
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3.5 Growth rale determination 

At 

is determined using Lmean and tmean obtained as shown Scheme 1. 

The supersaturation ratio (S) was determined according to the Equation 12 where 

concentration is determined by HPLC analysis and solubility of AP A was evaluated using 

~'l"'"·'uu 14. 

Solubility .. 
Solubilíty = APA 

APA F 
APA+-

(!4) 

The parameters in this equation will be given in the Results and Discussion Section. 

Finally, the growth rate (G) equation as a function of supersaturation ratio (S) can 

be obtained as indicated in Equation ll or Equation 15 

In G =In kg + n x ln(S -I) (15) 

3. 6 Determination of lnduction time and interjacial energy 

The assays to determine the induction time followed the same procedure used in 

growth rate, except that in this case, seeds were not added to the crystals. The impurities 

were added to the crystallizer at time t = O, and assays were carried out adding the impurity. 

PenG was dissolved before addition and P AA was added in solid state or dissolved before 

addition. For induction time assays, the presence ofBuAc was not tested. Aqueous solution 

saturated with BuAc (0.03% w/w, BuAc, water) was used in ali experiments. 
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Ih e induction time values were p!otted as function o f supersaturation ratio and the 

were 

B = s!opex(l+i) 6) 

In our case where i = 3, because induction time is detected by coJ~centraticm 

(Ottens et 2001) When induction time is detected by light detection, i = 2. 

Consequently, the interfacíal energy (J m·2) is determine by usíng Equation 3 

where k is Boltzman constant (1.38*10-23 J K 1
), Tis temperature (298.15 K), vis the molar 

VOlUIIl~ (2.5658*10-28 

v= 
p·A 

(17) 

where Mw is the molar weight of APA (0.216 kg mof1
), p is the density (1.4*103 kg m·3) 

andAis Avogrado's nurnber (6.02*1023
). 

3.7 HPLC analysis 

The sarnples were analyzed by HPLC (Waters), usmg a Cl8 - Platinum EPS 

co!urnn (particle síze - 5 lliD, Pore size - 100 A colurnn size - 4.6 X 250 mm), and lJV 

detection. The mobile phase was 28:72 (v/v) of acetonitrile and 0.64 g L-1 KH2P04 aqueous 

solution, the pH was adjusted to 2.75 with H3P04 . The flow was 1.0 mL min-1 The elution 

times of AP A, P AA and PenG were 3.3 min, 7.7 min and 13.9 min. 
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4 Results and Discussion 

solubility of pure range of 4.0 5.0 are ShClW11 m 
Figure 3. these data the intrinsic solubilíty ofthe zwitterionic, corresponding to 12.02 

mM, cou!d be obtained according to the Equation 18 

8) 

where lS fraotion =~tt;;riclnic and given 

(19) 

pKa1 and pKa2 are the dissociation constant, of AP A, 2.5 and 4.9, respectively (Diender et 

ai., 1998). 
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Table l: Solubility o f impure AP A at 25° C (Cp,0 =O, l. O and lO mM). 

pH No PenG CPenG lmM CPenG HhnM 'Eq Error (%) 

3.91 13.94 13.72 . !.6 

3.99 14.05 13.89 -12 

4.02 14.66 13.97 4.9 

4.04 13.30 14.03 5.2 

4.06 14.60 14.09 -3.6 

4.06 14.66 14.09 -4.1 

4.09 13.86 14.19 2.4 

4.09 14.19 14.19 0.0 

4.14 13.63 1439 5.2 

4.15 15.24 14.43 -5.6 

4.18 14.81 14.56 -1.7 

4.26 15.08 14.98 -0.6 

4.44 I 15.93 ' I 16.33 2.5 
I ' 

4.45 15.67 l 16.42 I 4.6 I I 

4.47 17.32 ' 16.62 -4.2 i I I I 
4.69 20.31 I 19.51 ' -4.1 

I I I 
I 

4.69 ' 20.12 I 19.51 -3.1 
' 

i 4 72 I 19 08 20 04 48 I I I 

4.89 I 23.84 I 23.82 I -0.1 I 
f I 

4.98 I 25.16 i 
I 

26.51 I 5.1 i 
' 

' 5.01 27.77 27.55 I -0.8 I 

I I 
5.03 I 28.78 I I I 28.27 ' -1.8 

I I 
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Table 2: Solubility ofimpure APA at 25°C (CPAA =O, LO, 5.0 and lO m.c\1). 

pH Nol>M l:rM=lmM <:e.'-'= 5mM Cp.u=11lmM '" E: 

3.91 13.94 !3.72 -1.6 

3.92 13.18 13.74 4.0 

3.94 !3.24 13.78 3.9 

3.99 13 04 13.89 6.1 

404 !3.30 1403 5.2 

4.06 14.60 14.09 -3.6 

406 14.66 14.09 -4.1 

409 13.86 14.19 2.4 

4.09 14.19 1'!19_ 00 

4.14 13.63 14.39 5.2 

. 4.15 13.79 14.43 4.4 
' i I I 4.15 I 14.23 i ' 

14.43 1.3 
' 4.18 !3.93 ' 14.56 4.4 I 
' 

i418. I I 14.81 14.56 ' 
-1.7 

4.20 i 15.44 14.66 -5.3 

4.26/ 14.62 I 14.98 2.4 

4.341 15.67 I 15.51 I -1.0 

4.40 14.72 I i 15.97 7.9 I I ' ' 
4.44 15.93 i I I 16.33 I 2.5 I I 

/4.47 I 17.32 16.62 -4.2 
' 

[4.49 I 16.78 16.82 I 0.2 

4.69 20.31 I I 1 I 19.51 -4.1 i 

4.69 I 19.18 19.51 1.7 

I 4.69 I I 20.12 19.51 -3.1 I I 

4.70 18.71 I 19.68 I 4.9 I 
I 

4.761 l 21.96 I 20.80 -5.6 

i 4.89 I 23.84 I I 23.82 i -0.1 

4.93 
i 

23.98 I I 
24.95 I 3.9 I I 

i 5.01 I 27.77 27.55 -0.8 

I s.o3 28.78 l I I 28.27 I -1.8 I 
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namely, where exactly when coJacentratlím starts to de1:re11Se 

assay 2.87 was the only presents a 

sharp decrease of AP A co:acentratiím 

induction time. 

making po:ssit,!e an identification of 
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Figure 6: Desupersaturation curves o f vanous supersaturatíon at 

5.0. 

supersaturation ratío (So) were plotted Graphs inductíon time as furrct::on of 

separately for each situatíon, namely, for ímpurity at different concentrations and at 

of 95%, the regression curves 

the same range values, no 

different pH. Nevertheless, assuming a confidence 

pure or impure systems were comprehended 

statistically significant difference was detected. one graph combining ali data of 

pure and impure assays at pH 4 5 is shown Figure 7 according to Equation 2. 
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Figure 7 mcruc;uun 

impure APA, at 4 and pH 5. ímpurity concentrations are 0.55 

PenGorPAA 

and 

and 113 nLMof 

Hígher concentration of impuríties was tested at 5.0. Neverthe!ess, 

impurítíes presented no effect on 

concentratíon ofPAA or PenG to 3.0 ml\1. 

No nucleation was observed assay 

l. 9 withín 17 h o f exr1eriment 

nucleatíon, even when the 

presence ofPenG (0.55 mM) at So 

~1used bv of' was "' J presence 

since care was taken 

the píeces of equipment, namely, crystallizer, blades and laser probe and in 

preparíng the sampie for analysis. Therefore, effect was not taken into account and the 

conclusion that impurities have no JJHI"'""' on 

o f all data at once, as díscussed above. 

induction was based on the analysis 
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data induction detected was also 

as a 

o r 

y error are 

3: Values and y using 

laser probo 

AP A conrenl:ratiom 

In Table 3, 

uncertaínty 

according to Rasmuson 

esi:imat~~d síopes, and g:iven by Equation 20: 

where SEsJore is the standard error 

given by Equatíon 2 í 

= X 

(20) 

slope 

16 3, 

0 
;)o 

as a 

linear regression 

) 

for 

B 

!S 
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where SEyx rs the standard erro r in the prediction o f Y values (In( tmd)) for each X 

regressíon and SSxx ís sum of of deviations from 

mean each X 

Analyzing 3 above, we observe that standard errors províded by 

detected by rei:lec:tícm are considerable higher than those provided detected by 

APA concentration. This large dífference may be explained due to the fact that the laser 

probe was not installed in ali assays. Consequently, the amount of data is not statistically 

significant for a good Furthermore, the variation of the reflection sígnal is not so sharp. 

mcJ'eaE;mg the retilect!on signal we of 

method that presents advantages practícal, fast economical. 

results obtained by concentration of APA for data for each value ofpH (4.0 or 

5.0) showed that the values of interfucial energy did not present sígnificant difference 

(Tab!e 3). The lowest standard error obtained when data for pH 4.0 and 5.0 are analyzed at 

same linear regression, proved that y equal 5.466 J m-2 should be used for determination o f 

nudeation rate constant. 

Other common result with the research by Ottens et. al. (2004) is that the value o f 

interfacial energy (y) in the presence ofPG was practically the same as for the pure AMPI 

system. 

In order to obtain a complete idea o f the effect o f impurities on AP A crystallization, 

different experimental conditions, especially higher CPenG at pH lower than 4.0 and higher 

than 5.0 should be tested. Nevertheless, such detailed study is beyond ofthe scope ofthis 

current work. 
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4.3 APA growth rate 

assays o f growth rate o f AP A crystals at 

supersaturation leveis, aqueous phase and one assay aqueous 

BuAc impurities. assays at 4.0 were carried out aqueous phase 

saturated and only one assay biphasic system (20% v/v; Bu.A.c: 

phase saturated with BuAc. Furthermore, at pH 4.0, the assays were characterized by the 

presence of impurities (PenG and/or PAA). The presence of PAA as impurity was 

evaluated by adding it as solid and dissolving it before addition to crystallizer. This was 

it to dissolve and 

crysta!!ization of AP A Furthermore, one assay at 

PenG was carried out as well. 

5. O in the presence 

The analysis of data for AP A growih rate resulted the graph shown in Figure 8 

and the rate constant shown in Table 4. 

Before analyzing ali data o f growth as function o f initial supersaturation ratio for pH 

4.0 and 5.0 and for ali concentratíons of impurities (CPeno, CP.<\A and CBuAc), relations of 

growth rate were obtained as function of pH or impurity concentration. However, the 

results showed no statistical difference between the impure and pure systems, except for the 

assay characterized by the presence o f both PenG and P AA as impurities. Therefore, the 

experimental data were grouped in order to obtain two regressions as shown in Figure 8. 
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-2 -L5 

8: 

From the analysis of grov,1h 

according to Table 4, based on Eqtmti<)n 15. 

Pure and ímpure systems at 

-1 
-5 

-10 

-15 

-20 

-25 

4.0 5.0 

11 

0.429 l 0.355 1.243 
4.0 and 5.0 

Where SE:nkg and are stand::rrd errors for 

SElnG is the sta.ndard error 

Therefore. from the 

grow1h rate (22) ís deterrr!ined: 

prediction 

constants and n, respectively, and 

grow1h rate exrJerime:nts, 
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G=4.256xl 

!ite:rature 1 n.c:m> e 1 

can 

some 

X -] 

ofte;n 

can exert an 

influence at very low concentrations, less than I part per mi!!ion, whereas others need to be 

present in fairly large amounts before having any effect, símilarly to case o f this current 

research. Y ang et 

a benzo1c no 

res11ect to the spe1:ific of sohrent on !ZHJw1:h rate were found a 

references Lahav presented an 

approach that can lead to fast growth by a "relay" mechanism and can suit the case of AP A 

crystallization, smce compounds evaluated by authors present zwitterionic 

character as in this example, zwitterionic molecules are aligned so as to expose 

co-2 groups at one end of the c-axis and 3 groups at opposite end. They 

propose the water molecules may be strongly bound by bonds to the outennost 

layer (00-1) of co-2 groups. contrast, the pockets act as proton acceptors for the NH~3 

moíety by solvent water yields repulsive or, at best, weakly attractive 

interactions. pockets will, therefore, be weakly hydrated and so relatively easily 

accessible to approaching solute molecules. There 

which may account for the faster growth. 

however, an alternative mechanism 

In order to obtain a thorough idea o f the influence the impurities investigated in 

this research on reactive crystallization a wide investígation including higher 

concentrations of impurities, especially PenG and BuAc. 

present an inhibition effect due to between 

fonner was expected to 

mtue<~mar structures. The 
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latter should be evaluated since only few references about influence of organíc so!vent were 

Nevertheless, the results determined in 

infonnation will be used the design a mu!ti-stage countercurrent reactor 

PenG hydrolysis. 

4.4 E vcduation o f model for AP A cry~'tali'iza;rion 

evaluation of the results a!lowed to determine the parameters of crystals 

dimensions !ike !ength, amount o f parti eles are presented in 5. 

I 1 r I \ Dp (llm) i Assay /CPenG (mM)/CPAA (mM)\ So AR SDnp k,. 
I i 

l I o I o 199 I 1901 12.739 I 9.816 I 0.415 I 
2 o· l o a I 191 I 1.924 I 13.667 9.681 i 0.405 r 

' I ! 

I 
I I ' I ' ~ 0.55 I o 1.88 2.089 I 13.496 8.161 I 0.344 .) 
I ' 

I 
r 

I 
' ' o --b ' 

I 4 o .)) 1.85 i 1.765 14.323 9.454 0.481 

I ' r o I r 

13.042 5 ll3 l 1.79 I 2.052 10.589 I 0.356 
I ' 

' I I I 
! 

I 6 i 1.13' o 189 1.798 i 10.492 8.276 0.464 
I I I 

7 
i o T l.13b I 193 I 1.866 15.ll6 1 14.375 1 0.431 ' ' ! ! r ! 

I ' ' 

I 15.773 i 8 o 1.13 I 1.95 I 1.87 i 12.625 0.429 
r I ' I ! I I 

Mean 1.90 1.908 1 13.188 0.416 

a wíth 20% BuAc 

b not disso!ved but added as solid 

'pH 5.0 
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Where: 

lS account 

crystals, acc:oniing to the (24) 

SDDp is the standard deviation obtained as: 

crystal: 

AR= !ength 
width 

kv is the volume factor calculated by the Equation 27 

o f 

(24) 

(26) 

(27) 

The mean size o f AP A crystals were within the same range, whether P AA was 

added in a solid state or dissolved_ 

The kinetic rate constants ofnucleation (y = 5.466 mJ m"2
) and growth (n = 2.0, kg = 

4.26*10-
9 

m s"
1

) rates and the parameter of crystal dimension (kv = 0.42) presented in 

Tables 3, 4 and 5, respectively, were used in simulations based on Equations 4 to 12. The 

best agreement with the de-supersaturation curve and the CSD was obtained when the 

initial nucleation rate constant (Jo) was 4.5* 109 # m·3 s-1 Figure 9 shows the graphs 

obtained by using the model, including the CSD, the mass distribution, desupersaturation, 

nucleation and growth curves. 
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These kinetic parameters will be used to design the multi-stage countercurrent 

reactor 

X )( 
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Figure 9: Plots o f CSD, mass distribution, de-supersaturation, nucleation and growth rate. 

J0 = 4.50*109 # m·3 s·1; B = 2.59; y = 5.47 *10"3 J m"2
; S0 = 1.90; kv = 0.42; kg = 4.26*10"9 

m s·1
; n = 2.0; AR= 1.91. 
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5 Conclusion 

This allowed to determine the kinetic parameters o f AP A crystallization at pH 

4 and 5. The results indicate that the impurities studied did not affi:ct AP A crystallization, 

at least the situations analyzed, namely, PenG and P AA concentratíons o f 0.55 rnM 

and l.l3 rnM and BuAc 20% (v/v) a biphasic system, and pH 4.0 and 5.0. Other 

experimental conditions should be verified for a complete conclusion concerning on the 

influence o f impurities on AP A crystallization. However, this approach is out o f the scope 

of this current work. The information provided by this research was enough to obtain a 

re<tsonalJ!y pn~di,cts AP A rates in same conditions 

multi-stage counter-current reactor for PenG hydrolysis will he operated. 
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7 Nomenclature 

ó.C Concentration driving force 

B Nucleation factor 
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B Birth function " 'li. 
~3 ~l m s 

c m.l'v1 

Solubility -" illlV_l_ 

Death function 

G growth rate ms -1 

J nucleatíon rate .u 
tt-. 

-3 -1 m s 

constant JKl 

growth rate constant 

'' Mass o f crystals formed lVL 

Mw Molar mass of APA 

N Number o f parti eles per volume per size class # -4 -1 . m s 

N Kinetic parameter of growth rate 

s super -saturation ratio 

~ T emperature K 1 

tmct Induction time s 

v compartment volume m3 
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Greek symbols 

r J 

shape factor 

v volume M3 

~ Flow rate ofthe kth stream containing crystal entering or leaving the m3 s·1 

compartment 

Subscripts 

APA Arninopenicillanic Acid 

Phenylacetic Acid 

PenG Penicillin G 

IMP Impurity 
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Neste é o modelo termodinâmico descreve as 

concentrações de equilíbrio dos compostos no sistema bifásico. O principal propósito de se 

utilizar a modelagem do reator multi-estágio e contra-corrente é a obtenção de informações 

prévias para a instalação do reator e realização de experimentos, no intuito de reduzir 

significativamente o volume de materiais, além de contribuir para otimização do tempo 

empregado no projeto do reator. 

O modelo calcula o pH e as concentrações do substrato e produtos nos estágios do 

reator contra-corrente. Os dados fornecidos pelo modelo podem ser utilizados para otimizar 

as condições de operação do reator bifásico multi-estágio (ponto de alimentação, vazão 

volumétrica das fases e concentração inicial do substrato). 
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ABSTRACT 

6-Aminopenicíllanic acid (APA) ís buíldíng block for the synthesis of 

synthetíc antíbiotícs (SSA's). It is produced by enzymatíc hydrolysís Penicillín 

(PenG) in a production volume 

integraüon of different steps the production of those semi-synthetic antibíotics. 1s 

achieved by combining different unit operations. The heart o f this process design is a series 

of contínuous stirred tank reactors. In these reactors the PenG is extracted an orgarnc 

to an '"''""'Jus ,.. .... ~~, where it is hydrcJly:ced 

phenylacetic prefers the phase and is extracted 

aqueous phase. When exceeds its solubility it crystallizes. tlrree-phase system that 

leaves the reactor is separated into an aqueous crystal phase and an organic phase. 

Therefore, in this system, the extraction, the reaction and the crystallization are combined. 

The advantages of this set-up are: almost complete conversion of substrate by equilibrium 

limited reactíon, separation of products, less unit operation necessary compared to the 

existing process and less waste produced. The process design results depend strongly on the 

used assumptions for crystal growth rate, APA solubility and enzyme stability. To increase 

the validity ofthe conceptual process design these assumptions shouid be verified carefully. 

Keywords: Downstream Processing, Penici!lin G hydrolysis, Modelling, Multiphase 

Reactors, Simulation, Crystaiiization. 
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1. Introduction 

fractionating counter -current extractive en;lVTinatic reactor is a good option for 

short cutting current production 

semi-synthetíc antibiotics (SSA's) It can give a convers10n as reaction 

equilibrium is shífted to the product si de. Products are separated and AP A is obtained 

re!atively pure. Furtherrnore, no addítion of base is needed. A truly integrated process is 

obtained as reaction and separation take place in one system. 

lS a counter-

current fracti<Jmttirtg reactor for the hydrolysis otperncr.!lm 

A set of mixer-settlers is used to establish counter-current contact of the two 

immiscible liquid phases. Immobilized penicillín amidase, whích is kept in the mixer, 

catalyses the hydrolysis reaction o f PenG into AP A and P AA. PenG is fed in an 

interrnediate stage with the organic phase. Subsequently it is extracted to the aqueous 

phase. The enzymatic hydrolysis of PenG is assumed to take place on!y in the aqueous 

phase. As the reaction takes place, the reactants establish a partitioning equilibrium 

between the organic phase and the aqueous phase. When the equilibrium concentration of 

AP A in the aqueous phase exceeds the maximum solubility, it crystallizes. Thís will shíft 

the yield towards the product side (Diender el al., 2002). The block scheme ofthís process 

is shown in Figure 1. 

Feed 

oraanic phase 

aqueous pnase 

Stage 1 Feed stage Stage N 

Figure l: Block scheme o f counter -current enzymatíc reactor 
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The mixture of the aqueous phase together with crystals and the organic 

!S a two líquids to be separated. 

should be transported aqueous phase to prevent back:mixing o f AP A Figure 2 a 

single stage o f the counter -current enzymatic reactor is shown. 

I 
Organic ph se 

I 
Organic phase 

~ 
Aqueous p •h~se 

r Separation t.ll!it 

I 
Enzymatic rnactor 

Aqueous ph ase and crystals 

Figure 2: Single stage of counter-current enzymatic reactor. 

Díender et ai. (2002) presented a mathematical model for the prediction of the 

hydrolysis equilibrium as a function of pH, initial PenG concentration and phase volume 

ratio in a batch two-phase system. Crystallizatíon o f AP A was included in this model. Den 

Hollander et ai. (2002) presented a mathematícal model, which was used to predict the 

concentratíons and pH along a counter -current reactor. The latter model did not include 

crystal!ization o f AP A The results of the model are only valid when the concentration o f 

AP A ís lower than the solubility. This means that the concentration o f PenG in the feed 

should be low. For full-scale process this will not be the case. Furthermore, the 

crystallization of AP A will shift the reaction equilibrium to the product si de which is 

beneficia! for the yield of the process. 
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The model developed in this work includes the crystallization o f AP A. Moreover, 

it is the effect backmixíng, which is caused by inefficient phase disengagement 

settler, such that a fraction of the appropriate phase flow leaving the setter is 

entrained and actually carried back, in the reverse direction along the cascade, by 

entrairunent in the might to a decrease in conversion (Ingham 

1994). H is possible to predict the conversion PenG and ofthe prc>duct 

streams and the average size o f the formed AP A crystals with this model. 

The models presented by Diender et al. (2002) and Den Hollander et al. (2002) are 

both based on equilibrium stages. The streams leaving the reactor are assumed to be in 

equilibrium with each other. Non-equilibrium models are rate based and include mass 

transter. This work is developed based in a transient model, since solving a set o f non

linear algebraic equations needs good initial guesses and may give multiple steady-state 

solutions (Van der Wielen et al., 1996). 

2.1. Development ofthe three phase model 

Figure 3 schematically shows extraction, hydrolysis and crystallization in one 

stage ofthe counter-current fractionating reactor. 
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P,APA 

k.,Al'Al 

APA+ <:::> APK'+J:.f""APK+2W 
ka, PenG 

PenGo o PenG + W 

n 
(solid) 

Figure 3: Schematic representation of one stage o f counter-current reactor (not shown ís 

inflow from other stages) 

For every component i in every stage j a continuity equation is set up. For 

components in the aqueous phase this is given by: 

(1) 

For components in the auxiliary phase this is given by: 

(2) 

where M; is the mass stage j in kg, &j is the auxiliary hold-up in stage j in kg·kg-1
, C,,1 is 

the concentration o f component i in stage j in the aqueous phase in moi kg· \ q,J is the 
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concentration o f component i in stage j in the so!vent phase mo! kg-1
, L1 is the aqueous 

rate stage j kg·s-1
, Vj is rate stage j is 

extrac:tion, re:actlon, disso(;iation or cry·stallizotic>n rate in moi lS feed 

rate to stage j in kg·s-1 
z,J is the concentration o f component i in inmol 

The reactor is made of counter-current A set of 13 non-linear, 

ordinary differential equations are obtained which are solved a variab!e step 

size solver (ode15s). following assumptions are made to simplify the model (Ingham 

and Dunn, 1994): ali reactors are ideally mixed; the whole process is isothermíc and 

isobaric; and the mode is tmnted to two completely immiscible phases, 

o f droplets, dispersed a continuum o f the other, this is neglected and each 

aqueous 

form 

phase is 

assumed to consist o f separate, well-mixed stage volumes. In fact, water and butyl acetate 

are almost immiscible. 

The structure o f the Matlab model together with the names o f the different files is 

shown in Figure 4. 
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Solver balances 
+ 

Figure 4: Model structure 

Dissociation rate 
Dissociation.m 

The input data for the model are: number of stages, feed stage, aqueous and 

organíc flow rate, feed rate, concentration o f HPenG in the feed, volume o f the reactor and 

amount ofbackmix.ing. 

With this model the concentration of every component in every stage in time is 

calculated. From these data the conversion of steady state is calculated by: 

,; =! V1 ·qHPenGI +LN ·CHPenGN +LN ·CPenG-N . . . (3) 

F ·z NF HpenG,NF 

where F.vF is the feed flow rate in the feed stage in kg·s·1 and zi,NF is the concentration of 

component i in the feed in mo! kg-1. 

The purity o f the products in the exit stream is given by: 
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(4) 

(5) 

For the conversion o f PenG to P AA and AP A the following reference reaction is 

presented: 

PenG- + H20 <-c> APK + PAA- + W 

The equilibrium of PenG hydrolysis in aqueous system can be described by the 

equilibrium constant as defined by Tewari and Goldberg (1988): 

rAPA- CAPA- . r paa_c paa- • r wc w 

rPenG-CPmG- ·rH20CH20 

(6) 

With Yi being the activity coefficient. Effects of non-ideality introduced by ionic strength 

can be accounted for by using the extended Debye-Hückel equations. This will certainly be 

the case with high feed concentrations of PenG. So far, the activity coefficient of the 

components are set to unity. The concentration ofwater is assumed constant and taken out 

the equation, which will then be: 
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CAP[ · ·Cw 

C Pene-

Tewari and Golberg (1988) foa.TJd a 

constant at 298. K. 

reaction rate is dependent on 

(7) 

7.35*10-8 mo! ki1 for 

due to combination 

pH on the reaction equilibríum and the reaction rate o f the enzyme (V an der Wielen et al., 

1996). This last dependency is neglected and a concentration-based model is used to 

describe the pseudohomogeneous reaction rate (Mtin()tiÍ et al., 1998): 

r = r 

(8) 

where r, ís the reaction rate for the forward reaction in moi kg-1·s·1, k, is the forward 

reaction rate constant in s·1, Keq is the reaction equilibrium constant in moi kg-1and C, the 

concentration of species i in the aqueous phase in moi kg-1• The influence of k, on the 

conversion is examined as well. 

As the catalyst is immobilized in gel beads transport of substrate to and products 

out ofthe beads occurs. It is assumed that there is no mass limitation and that the reaction is 

the limiting step (Ferreira et ai., 2004). Furtherrnore it is assumed that the presence of 

organic solvent has no influence on the enzyme activíty (Ferreira, et ai., 2004) and that the 

reaction takes place only in the aqueous phase. 
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2.1.2. Modeling PenG partitioníng 

prurtition coefficient o f a component is defined as: 

K= 
' 

(9) 

where q1 is the concentration of species i in the solvent phaJSe in moi kg-1 and c, is 

concentration o f species i the aqueous phase. 

It is assumed the net UO<~harge1d ç,om:portent paJrtition hetwe,,n 

and organic phase. The prurtition coefficients o f the net uncharged cornponents in a water

butyl acetate biphasic system are given at 25 oc (Diender et a!., 2000) and described in 

Table 1. 

Table 1: Prurtition coefficients ofPenG, APA and PAA at 25° C (Diender et a!., 2000). 

Component Kp[-J 

PenO( org)/PenG( aq) 69 

P AA( org)/P AA( aq) 29 

0.001 
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The extraction rate is given by: 

r = 
' 

extracltion rate k -l -l d g ·s an 

conversion is examined as 

(l 

It is assumed that kt is constant. Otherw:ise, the result is that the overall coefficient 

kt varies with the concentration, and therefore in modeling the case of a non-linear 

equilibrium extraction, ;;,.., h»r functío>nal re!ationships relatír1g mass transter coeíficient 

to askt = 1994). 

2.1. 3. Modeling dissociation kinetics 

Immediate dissociation is assumed. For simplicity reasons this is modeled based 

with a high dissociation rate constant of !00 s-1 
_ Dissociation constants are given in Table 

2. 

(ll) 

where rd is the dissociation rate in moi kg-1·s-1
, kd is the dissociation rate constant in s-1 and 

Ka is the dissociation constant in mol kg-1
. 
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Table 2: Dissociation constants (Diender et al., 2000) 

4.9 

2.5 

2.1. 4. Modeling crystallization kinetics 

When the concentration of APA exceeds solubility, crystals of APA± are formed. 

To calculate the arnount of crystals formed the method of moments as described 

by Van Rosmalen (1994) is used. The method of moments represents the Crystal Size 

Distribution (CSD) in its :first four moments mo to m3, related to the total number, Nr, total 

length, Ly, total surface area, AT, and total volume, Vy, ofthe crystals, aJl expressed per kg 

aqueous phase. The balance of the moments is shoVvn in Table 3. These balances can be 

solved in time together with the component balances aforementioned. 
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Table 3: Moments balance 

(13) 

(14) 

(15) 

where Mj is the mass in stage j in kg, 11 is the auxiliary hold-up in stage j in kg·kg'1, Lj is the 

aqueous flow rate from stage j in_ kg·s·1
, J is the primary nucleation rate in #·kg'1·s·1, B0 is 

the secondary nucleation rate in #·kg-1·s·1, G is the crystal growth rate in m·s·1
, k. is the 

surfuce area shape facto r [-J and kv is the volumetric shape factor [-]. 

This method only holds if the crystallization process does not show size-dependent 

processes. Furthermore it cannot reconstruct the population density from the different 

moments. 

The AP A crystallization rate in mol kg'1·s·1 is given by (Mullin, 1993): 

r = 3('5:_)A G .!!.E_ 
' k T M 

a w 

(16) 
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where G is growth rate in m·s·\ Ais surface area ofthe crystals in m2·kg-1, Pc is the density 

crystals is the weight of AP A in kg mor1
• 

In a continuous crystallizer main phenomena causing nucleation is secondary 

lower <~1r11rotirw is needed 

nucleation rate is a function of the supersaturation, power and 

secondary 

total crystal 

mass in the crystallizer. the exact dependency is not knovm and a!so the process variable 

power input ís unknown the number of crystals is assumed constant. This is selected from 

the supersaturation that wiil be obtained from simulation. The supersaturation in continuous 

crystallizers will be very low. 

surface area shape ka and v o lumetric shape are assumed to 

be one as no other information is available. 

The growth rate o f AP A crystals in m·s·1 is given in equation to the supersaturation 

ratio o f AP A presented in Chapter IV 

(17) 

where S is the supersaturation ratio ofthe crystallizing component: 

s (18) 

vvith Ceq.APA being the solubility o f AP A. 

This solubility depends on the fraction o f AP A± in the solution, which is a function 

o f the pH. The fraction o f AP A+- is given by: 
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(19) 

Th.ooA eqtmtions can also be obtained the other frwctícms. The fractions of 

" o 
:g 
E .... 

o f APA as fllllction ofthe 

1 l 
0.8 ~ 

I 
0.6 J 

0.4 -1 \ 
I 0.21 
I 

o--~-

o 2 4 

are shown in Figure 5. 

6 

pH 

~FAPA+ 

-+-FAPA+-

--*-FAPA-

8 10 

Figure 5: Fractions o f different forms o f AP A as function o f pH 

When the solubility of APA is plotted against the fraction of APA± (as presented 

in Chapter IV the following figureis obtained. 
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25 

20 

10 J 
• experimental data 

_ ceq,APA = 12.o22*(F f.!? A~ r' 
5 

Figure 6: Solubility as function ofthe AP A± fraction 

The equation for the solubility of AP Ais: 

(20) 

By modeling the crystallization as stated before, concentration o f AP A, amount o f 

crystals and conversion is obtained a simple manner. Disadvantage is that it is not 

obtained enough information over the crystal size distribution and over the real amount of 

supersaturation ratio. The exact way to implement the crystallization kinetics is described 

here: 

The desupersaturation o f AP A concentration by crystallization IS g1ven by 

(Raphson et al., 2001): 

dCAPA (t) 

dt 

1 dM(t) 

MWV dt 

(21) 
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kg, 

This term can be consídered as the crystallizatíon rate. Where CAPA 1s the 

IS 

Lhe disso lved 

molar mass in kg 

moi m-3 solvent, 1s 

and thevolume 

mass 

reactor 

formation rate o f crystals is integration over 

(22) 

classes. 

where kv is the crystal shape fuctor and Pv is the crystal density in kg·m-3
• The population 

balance for crystals in a specific size class is given 

oVn(t, 

o(t) ox 
x) 

(23) 

where n is the number of particles per volume per size class in #·m
4

, tis time in s, x is the 

length coordinate in m, G is the growth rate in m·s-1
, Vis the reactor volume, b ís the birth 

function in a certain crystal class size in #·m4 ·s·I, d is the death function in a certain class in 

#·m4 ·s·1 and <P is the flow rate in m3 /s. 

Under the assumption of no agglomeration, no breakage, no death, birth only in 

the lowest particle class, size independent growth and constant volume, the following 

partial differential equation is obtained for a multi-stage continuous crystallizer: 

on(t,x) 

ot 

o[n(t,x)G(t)]+ <P,n n (t x)- <Pout n(t x) 
Ox V m ' V ' 

(24) 

This partia! differential equation (PDE) can be solved numerically by 

discretisation. With a first-order single step upward discretisation in space this becomes: 

(25) 
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i indicates the space coordinate. So for every stage, i equations are added being the particle 

s12e cry·stal s!Ze time can be by integrat:ion 

forrnation rate o f crystals, by integratíon o ver a!l ervs~:H' 

s!Ze classes, can then be ca!cu!ated ( eq. 22). discretised equations can be solved 

(26) 

The extensive modeL whlch includes particle s!Ze distribution, will give better 

irrfilrrntati<m on convers1on a shift in 

so give better irrfiJrnaation the 

A disadvantage is that inforrnation is needed on the nucleation rate. In this reactor 

both primary and secondary nucleation could occur. Another disadvantage is that n ( stages) 

times í (particle classes) differential equations are added to the model. Thls will slow down 

the model considerably and can cause instability. For thls step of the development of thls 

model, it was decided to use the moments method with constant number of crystals in the 

model. 

2.1.5. Axial dispersion 

So fur it was assumed that phase separation between stages was complete. But for 

designing the multi-stage countercurrent reactor it is important to know what the influence 

of non-ideal phase separation is on the reactor performance and conversion. Backmixing 

reduces the efficiency of countercurrent mass transfer cascades, owing to its effect on the 

concentration profiles withln the cascades and in decreasing the effective concentration 

driving forces (Ingham and Dunn, 1994). The back-flow model is incorporated, whlch 
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assumes well-mixed non-ideal stages with backflow. The inherent assumptions are as 

follows et 1991 ): 

l. content of each stage 1s 

phas<:s between stages. 

backmixing is expressed terrns o f the 

interstage flow and is constant for all stages 

a of backmixed to net forward 

3. All rnass transfer occurs in the mixer 

5. Fictitious after-settlers O and N+ I are provided at bcth ends ofthe reactor. 

The arrangement of the flows is shown in Figure7. It is possible to have different 

backmixing coefficients for bcth organic and aqueous phase. 

V(N+1) y_in 

(aVn+VN) yN 

Feed 

(aV1+Vn) yn 

V1 y1 

v 

a.Ln xn 

1 

LO x_in 

l 

Figure 7: Backflow model: material balance over stage 
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the backmixing flow rates aL o r a V act in the reverse direction to the main 

sta1ges and along cascade. flows, between 

modeling process is to n.aULAO as a corlSe(lUence of 

phase volumes remain comtant and then the interstage 

fmward dire<:tion. must be increased by 

factor m 

backmixing f!ows, since 

rates along the cascade, 

the appropJriate bacikmi;oog 

a backrnixing flow aL the aqueous phase, 

flow along the cascade must now be (L+aL), since the backrnixing does not appear outside 

the multi-stage countercurrent reactor. Similarly vvith a backmixed flow a V, the forward 

flow for the organic phase is also increased to (V+aV). Taking account the changed 

flow 

Dunn, 1994) 

3. Simulation accuracy and results 

3.1. Consisteney ofthe model 

To examine the model values are reliable, different controls are performed. First 

the extraction yield calculated with the model is compared with the value calculated with 

the Kremser equation. In the model, the reaction and dissociation comtants are set to zero. 

Then the fraction ofPenG that remair!S in organic phase is simuiated. 

When the fraction of non-removed PenG was calculated usmg the Kremser 

equation the same number was obtained. The conclusion is that in rnodeling extraction no 

error occurred. 
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Furthermore the consistency of the rnodel is guaranteed as both rnass balances 

over P-lactarn phenylacetic side are rnass 

bal;mctos are resJJectively: 

+ 

+ L, (c HPenc _, + (28) 

After the sirnulation, equilibriurn is assurned to be achieved when the change 

concentration o f both side chain and P-lactarn nucleus are smaller than 0.1% and all 

partition dissociation equilibria are near to their equilibriurn constant. 

3.2. The accuracy o f the model predicting experimental results 

To study the accuracy of the rnodel, the sirnulation results are cornpared with 

experimental results (Den Hollander et al., 2002). The experimental details and input 

pararneters are shown in Table 4. 
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Tallle 4: Experimental details of counter-current PenO hydrolysis 

Name V alue 

L Aqueous rate 5.92 

F Feed rate 3.2 g/min 

z Concentration HPenG in feed 40.8 mmollkg 

ofstages 0 
3 

NF stage 2 

(J.y Fraction ofbackrnixing organic phase o 

(J.L Fraction ofbackrnixing in aqueous phase o 

Crystallization no 

The first values for the reaction and mass transfer coefficients were chosen. 

According to Den Holiander et al. (2002), their experiment was at equilibrium. This means 

that enlarging both constants had no influence on the conversion. The conversion is plotted 

as function ofthe reaction and mass transfer constants in Figure 8. 
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re11Ct1on consta!lt mass transfer coefficient on 

As Ca!l be seen from Figure 8 for a reaction consta!lt larger than 1 s·1 and a mass 

transfer coefficient larger tha!l lO s·1 the conversion does not increase anymore. Reaction 

and partition are then also at their equilibriurn. These va!ues will be used for designing o f a 

large scale reactor. 

In Figures 9 and lO and Table 5 the experimental and sirnulation results are 

shown. This data are obtained from the steady state point o f the dynamic sirnulation. 

25 + APA 
"' • .. 20 .. 

/ --APA =- e <L"' 
mode! fh 5 15 

" o / -' 
A FenG 0 E 10 

~ E / • 
....... FenG ,. -

~~ 5 i model 
% PAAH o 

1 2 3 -----·PAAH 
S!age model 

Figure 9: Measured concentrations in aqueous phase (Den Hollander et al., 2002). Model 

values are indicated with !ines 
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2 
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' 
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3 

values are indicated with !ines. 

* APA 

---APA 
m.Jde! 

A PenG 

- PenG 
model 

J< PAAH 

PAAH 
model 

2002). Mo<1C! 

Table 5: Theoretical and experimental pH, conversion and purity o f components in streams 

Experimental Model 

pH stage 1 3.7 3.68 

pH stage 2 3.6 3.63 

pH stage 3 3.7 3.72 

Conversion 98% 98.3% 

Purity APA in aqueous phase 100% 99.4% 

Purity P AAH in organic phase 97% 98.5% 

The mo de! describes the trend o f the experimental results reasonably well. 
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3.3. Crystallization 

lfthe concentration of APA the aqueous phase exceeds the solubility, APA 

influence of amount o f crystals on the simulation results is examined. 

assumed amount has 

direct influence on the supersaturation the reactor as can be observed from Figure ll. 

0.95 8 
" . 

- 6 " c 0.9 ,g 
" • -- conversion !!! 'i!! 4 ::: .. .,. --- supersaturation ,. > 0.85 !: " " 2 .. 
" Q. 

" "' 0.8 o 
o 5 10 15 20 25 

log number oi particle 

Figure ll: Influence number o f particles on the conversion and supersaturation 

It is assumed that the supersaturation in the reactor will be low at steady state and 

according to the Figure ll, the lower the supersaturation the higher the conversion. 

3.4. Backmixing 

Backmixing interferes with the counter-current flow and causes lower conversion 

and a decreased separation of the products. With the input parameters shown in Table 4 
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dífferent simulations are performed by changing the backmixing factor for the aqueous and 

products are shown 6. 

ba<:knaixing on conversion 

Conversion Pnrity PAA Purity of AP A 

i I 
!XL =O av=O 98.3 I 98.5 99.4 

i 
I 

UL = 0 av= 1 97.9 98.7 

' 
I 

av= 0.3 97.3 
I 

98.2 97.7 

av=O UL = 0.1 I 97.4 97.7 99.4 
I 

UL = 0.2 96.7 97.7 99.3 

UL = 0.3 96.2 96.4 99.3 

The influence of backmixing for this feed concentration is not very high. The 

influence of backmixing will set the efficiency specifications for the multistage 

countercurrent reactor. 

Analyzing the results o f Table 6, it should be pointed out the high levei of purity 

o f both products, P AA and AP A, proving the viability o f the system proposed. In practical 

applicatíons, the pure AP A may be use directly to the semi-synthetic antibiotics and the 

pure P AA may be recycled to the fermentation process o f PenG production. 
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Discnssion 

In study di:llerent el.em<ents that to process design counter-current 

reactor are discussed. process design result its basis model of counter-current 

extractive enzymatic reactor that predicts: 

Yie!d o f the process 

stream 

Stream composition between different stages 

The quality of the model predictions depends on the quality of the assumptions 

that were made in the model. The model describes the experiments performed by Den 

Hollander et a!. (2002) reasonably well (Table 5, Figures 9 and 1 0). But for designíng o f a 

large-scale reactor higher feed concentrations of PenG are needed. This leads to 

crystallization o f AP A. It is uncertain how good the model is in predicting this situation. 

The uncertainty of di:fferent assumptions is discussed below. 

So far, the pH influence on the amidase activity was neglected. As can be seen 

from the process design results the pH drops below 4. Van der Wielen et al. (1996) give an 

equation for the active fraction of amidase as function ofthe pH. 

pO l 
E c+ (27) ]+~H· 

KaE 
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where F/ is the active fraction ofthe enzyme, CH+ is the concentration ofprotons in rnol L-

KaE is the kínetíc pararn•~ter of ' in this case 8.!7* 1 o-s 
(310 K) 

active fra•ctíc>n 1s plcJtte:d against is o btained . 

.. 
E 
"" _.~ N 0.8 "' / .. 

" ~ 0.6 I I tj 
041 

i ., 
" "' " o 0.2"1 ft 

n /. 

~ () .... 
3 4 5 6 7 

pH 

Figure 12: Fraction active enzyme as function ofpH. 

From Figure 12 can be seen that below a pH of 5 the fraction active enzyme is 

almost zero. To make the model more accurate, rigorous enzyme kinetics, incorporating 

enzyme activity, should be. This rigorous kinetics is described by V an der Wielen et al. 

(1996). When this was implemented the model becarne unstable and it was decided to use 

the simp!e description o f the enzyme kinetics. 

During counter-current experiments performed by Den Hollander et al. (2002) the 

pH in the reactor dropped to 3.7 as shown in Table 5. The enzyme would present very low 

activity at this pH (Ferreira et al., 2004), but still the conversion of PenO is 98%. The 

model predictions are agreement with this. This phenomenon should be further addressed 

for good model prediction. 
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The size o f the reactor depends to a large extend on the reaction constant kr ofthe 

en:z:vrnat1c hydrolysis because lS rate H is to 

know parameter for process design. It can seen Figure 8 

reaction constant is larger than l s·1 this has no effect on the yield. mearJS that 

run to completeness. residence time, mhirh is related to 

reactor volm:ne, no effect on yield. this constant is smallElr than 1 

especially smaller s·1
, a small deviation will have a large influence on 

size o f the reactor. So, if the reaction constant of the enzymatic reaction would lie this 

range, it is important to measure it very precisely, as it will strongly influence the size of 

reactor. 

In the analysis, kJ{J the extraction processes is assumed to 

be iOO s·1
• When is assumed that mass trarJSfer coefficient k1 has a value of 104 m·s·1 

(Van't Riet et al., 1991) the speci:fic surface area per m3 ofreactor volume, a, should be 106 

m·1
• The speci:fic areais calculated from the droplet size by: 

(28) 

With db being the droplet size in m and s being the hold-up of the aqueous phiJSe. 

When the hold-up is 0.5, the diameter of the droplets in the reactor should be 3 Jlm. This 

droplet size seerns too small. It can be seen from Figure 8 that decreasing the k;a by a factor 

lO has no effect on the yield and decreasing the k;a by a factor 100 hiJS only mino r effect on 

the yield. So a droplet size between 3 and 30 }!ID does not influence the process yield and a 

droplet size up to 300 jlm has only a small effect on the yield. Increasing the droplet size 

more has dramatic influence on the yield. It can be concluded that the reactor should be 

operated at a droplet size smaller than 300 }!ID so that the mass trarJSfer is not limiting. 
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It should be mentioned that crystallization 1s a very complex phenomenon to 

measure to model 

crystallization have a 

process 

sec:tio>n it is 

influence on the 

by 

supersaturatíon as can seen Fi!mtre I L 

partic!es. the chosen amount 

to an which factors coílce:rniing 

heavily on 

again depends on the measured 

best is to model as 

proposed in item 2. 1.4 with particle size distribution. This complicates the model and also 

infonnation on primary and secondary nucleation is needed. This is not easy to measure 

accurately. 

1s influen:ced 

the residence time the reactor. The growth rate as function of supersaturation was 

measured and the results were presented in Chapter IV. The growth rate factor was 

relatively low. 

5. Conclusions 

In this work, the process design of a fractionating counter-current enzymatic 

extractive reactor for the hydrolysis o f PenO to AP A is presented. This is an altemative 

process for the existing AP A process. The heart o f the altemative process design is a series 

o f continuous stirred tank reactors. In these reactors the PenO is extracted from an organic 

phase to an aqueous phase, where it is hydrolyzed by inunobllized amydase to AP A and 

P AA The P AA has affinity by the organic phase and is extracted from the aqueous phase. 

When APA exceeds its solubility it crystallizes. The tbree-phase system, (aqueous and 

organic phase and AP A crystals) that leaves the reactor is separated in an aqueous crystal 

phase and an organic phase. The benefit of this new reactor concept over the existing 
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process lies in: almost complete conversion of substrate by equilibrium limited reaction, 

separation of less operation necessary to process, less 

process design results depend strongly on the used assumptions 

crystal grovvth rate, AP A solubility and enzyme stability. To increase the validity 

cor!Ce]ptu:al prucess design model can 
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CAPÍTULO 

A idéia inicial de realizar a hidrólise de PenG em sistema contra-corrente foi a 

colum1s de preliminares a baixa 

e conversão da 

conversão da PenG em AP A e P AA. 

em laboratório 

Deste modo, foi necessário buscar um sistema mais adequado de reação e 

purificação para ser instalado em escala de laboratório. Com as informações disponíveis, 

foi elaborado um artigo contendo dados necessários para auxiliar na seleção de sistemas 

específicos de reação e separação empregados na indústria de química fina, em geral. 

Este capítulo corresponde a uma revisão bibliográfica que apresenta as diversas 

configurações de biorreatores extrativos destinados a aplicações específicas, dependendo do 

tipo do processo e de suas características e limitações. A apresentação dos tipos de 

equipamentos foi ilustrada com as vantagens de cada configuração, com as restrições dos 

processos biocatalíticas e com os exemplos práticos de aplicação. As informações dos 

critérios de seleção e dos tipos de biorreatores foram agrupadas em uma tabela de fácil 

consulta para a escolha do tipo de configuração desejada. Além disso, foram avaliados dois 

estudos de caso para demonstração do uso da tabela e das informações apresentadas na 

revisão. A escolha final de um biorreator extrativo, no entanto, deve ainda ser baseada na 

combinação da modelagem de processos, experimentos e otimização e avaliação 

econômica. No entanto, o objetivo desta revisão não abrange estas análise final. 

135 



EXTRACUVE BIOREACTOR TECHNOLOGY 

J. S. Ferreira a,u, J. J. Straathofa, Franco 0
, A M. Wielen a 

a Department of Biotechnology, Delft University ofTechnology, Julianalaan 6,. Delft, The 

Netherlands 

b School o f Chemical Engineering, State University o f Campinas. P. O Box 6066, 13 081-

970 Campinas. SP, Brazil 

!37 



ABSTRACT 

developrnent of can be used integrated represents a 

fascinating research topic. This integration should allow selectively to remove the nn)dJlct 

and by-product the an order to overcome 

inl:ribi:toJ':y or toxic effects. It urrlàvorable reaction minimize product 

losses owíng to degradatíon and reduce the number downstrearn-processing steps. 

In order to achieve the goai of choosing an appropriate device for integrated production and 

extraction processes and for use of immobilized bíocataiysts, the selection ís based on the 

criteria o f each particular system. o f the difficulties selection o f a suitable contactor 

contactor types 

consideration and the large number of design variables involved. it ís worth to 

use a combination process modeling, experiments, optimízation and process economics. 

Hence, a case-by-case analysís ís often necessary before the final choice o f a reactor type 

can be made. The objective o f this work is to present a review concerning the selection o f 

various extractive bioreactor equipment for specific process applications based on the 

respective advantages, limitations and the illustrated applications. The features o f extractive 

bioreactors are compared in a Table based on the criteria for each device that guides the 

selection for the appropriate set up. Two case studies are evaluated and an appropriate 

extractive bioreactor is chosen based on the features and criteria presented in thís review. 

Key words: bioreactor, extractive bioreaction, liquid-liquid extraction, membrane reactors, 

integrated process. 
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1-

HlologJC:al C(mve:rsions are chruract:eriz:ed 

usluwty at and pressmes, leading to dilute solutions and 

!ow productivities. These maJor drawbacks of biotechnological processes, 

compared with the traditional chemical processes, are to low biocatalysts 

reactor, products, low substrate andlor product 

solubilities in the aqueous bioconversion media and equilibrium limitation ímposed by 

reversible reaction. The technological approaches to circumvent these problems are based 

on the increase the biocatalyst density using immobilized biocatalyst preparations and 

ínt:egrated pltuuuc;t,vn and in situ ext:rac:t!on 

; Kachasakul et , 2003). These !ead to rates mass trru:!Sf<:r, 

decreased leve! of product inhibition, fucilitated product recovery and reduced reaction 

volume for a given arnount of product (Sajc et a/.,2000). Moreover, single units that 

combine reaction and separation operations have received considerable attention, since the 

reduction in the number of equipment units leads to investment saving (K.achasakul et al. 

2003). 

Concerning on purpose of adapting bioreactor to carry out reactions with 

immobilized biocatalyst, they are considerab!y smaller than those for free enzymes and 

cells due to the higher concentration o f the biocatalyst. Teclmiques have been developed to 

increase the biocatalyst concentration in the reactor and thus retention for continuous 

process operation (Hoss, 2000), narne!y, separation o f the biocatalyst at the reactor outlet 

by sedimentation, flotation, filtration, and centrifugation or by recycling part of the 

biomass; retention o f the biocatalyst by micro o r ultrafiltration membranes; and fixation o f 

the biocatalyst on supports or by gel entrapment, encapsulation, adsorption, etc., followed 

by flocculation and pelletizing. 

In order choose a device appropriate for integrated production and extraction 

processes and for use of immobilized biocata!ysts, the selection is based on the criteria o f 
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each particlilar syst.em. the diffict!lti<~s of sel•~ctíion of a snitable contactor for 

extractive bioreaction anses from the wide range of contactor types available for 

consíderation and the large number of design variables involved (Pratt and Hanson, 1991). 

it is to use a process experiments, 

and process econ01mcs. a case-by-case analysis 1s often necessary 

before the final choice o f a reactor can be made Chaudhari, 1997). 

following section 2), we are going to present different 

equipment that can be applied integrated and <er,,m,tíon sihm;vmç a wide 

number of practical examples of medium reactions, biphasíc or multiphase systerns. 

advantages and límitations are discussed for each equipment. The features of extractive 

bioreactors are compared a Table based on criteria for each device that guides the 

seJ,ectiion for the set-up 3). 4 two case stm:lies 

are evaluated and an appropriated bioreactor is chosen based on features and 

critería presented in thls review. 

2- Classification oftlie Extractive-Bioreactor 

In this section, a classification of the different types of extractive-bioreactors will 

be presented, including their general characteristics and a simplified form could be 

consulted in Table l. 

These devices will be separated the following sequence: 

2J- Mixer-settlers; 

2.2- Centrifugai extractors; 

2.3- Columns; 

2.4- Airlift and loop reactors; 
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2.6- Membrane reactors. 

The range o f applications of mixer-settlers is now very large, and equipment is 

available in a wide variety of shapes and sizes (Godfrey and Slater, Besides many 

new deo;igr:s 

% a!l biochemical re2Lctl<ons are canried out 

reactors with different stirrers and mixers are mainly used for immobilized and suspended 

cells. They are often chosen when the separation requires many equilibrium stages, when 

extraction kinetics are not rapid and when the separation flow sheet is complex and requires 

precise location of incoming feed strearns with respect to counter-current extraction in 

multi-solute systems (Pratt and Stevens, !992). The controllability and :flexibility of the 

stirring tank reactor in terms o f independent adjustment o f mixing and aeration makes it the 

most frequent equipment of choice, despite severa! limitations, such as high power 

consumptions, high shear, and problems with sealing and stability of shafts in tall 

bioreactors (Sjac et al. 2000). 

Industrial gravity settlers are usually horizontal cylindrical or rectangular tanks in 

which the liquid-liquid dispersion is continuous!y fed at one end and the separated phases 

are withdrawn at the other end (Figure l.a) (Godfrey and Slater, 1994). 
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Light 
phase 

(b) 

Heavy phase out 

Figure 1: Scheme ofa) a two-stage horizontal mixer-sertler and b) a vertical sertler set-ups 

(Pratt and Markl, 1 992). 

A variety o f practical exarnples are presented in the literature. V an Sonsbeek, et al, 

(1993) reported two basic experimental set-ups for extractive fermentation with stirred-tank 

reactors. The fust set-up, shown in Figure 2 (a), is the simpler one, but it can lead to a 

rather stable emulsion that requires a long settling time. In this case, an externai extraction 

column as shown in Figure 2b is more fuvourable because emulsion formation is less 

vigorous. Furthermore, an externai extraction colurnn is also more effective because it is a 

mu1tistage contactor, whereas for direct solvent addition, only one equilibrium stage can be 

achieved. 
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(b) 

Figure 2: Extraction with (a) direct so!vent addition and (b) contacting in an externa! vessel 

(V an Sonsbeek et al, 1993) 

settler was proposed by Anwar et (1998), 

order to separate quinoline and iso-quinoline in a multistage countercurrent extraction, and 

is presented in Figure 3. This unit provides stagewise contacting and complete f!exibility in 

the number of stages used. The design is simple, relatively inexpensive and completely 

hydraulically independent. 

Figure 3: Arrangement o f mixer-settler for separation o f quinoline and iso-quinoline 

(Anwar et al. 1998). 
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centriftJga! extrac1tíon equiprr1ent was developed biotechno!ogica! pn!ctilce. 

equipment is usually in a countercurrent mode. It is especially systems 

exhibiting a small density di:fference, a strong tendency to emulsification or short 

contact advantages are truoughput; very short contact 

seconds) is important extraction 

voilurr1e in the extractor. On other hand they present high investment costs; high variable 

costs; and high pressures ( up to 100 bar) can occur !ocally at the periphery o f the rotating 

cylinder (Schürgel, 1994). 

performan•~e !S terms stages, 

var1es the range 2-7, depending upon the particular system used and the requín:d 

:flow ratio (Pratt and Stevens, 1992; Godfrey and Slater, 1994). 

Successful applications of centrífuga! extractors are reported concerning on the 

antibiotic production (Kusnetsov et al., 1993). For instance, Podbielniak extractor was a 

popular industrial version which was first used for penicillin extraction. The stage of 

extraction in antibiotic production is characterized by a number of problems which are 

associated with formation of stable emulsions, with considerable losses from 

decomposition o f the antibiotics, and with large volumes of highly volatile, expensive and 

toxic extractants. These problems can best be solved by the use of multistep centrífuga! 

extractors, in which a high separation factor of the emulsions is achieved with 

comparatively small volumes. CENTREX centrífuga! extractors makes it possible to reach 

a high efficiency (93-96%) o f extraction at every stage due to the intensive stirring o f the 

operation solutions provided by the structure ofthe extractor (see Figure 4). 
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4: CENTREX centrifugai extractors (Kusnetsov et , 1993) 

Recently Westfalía has deve!oped an Extractor-Decanter (Figure 5), which is used 

for the direct extraction of antibiotics from fermentation mycelial broths -without further 

separation. It is built with two practical stages and it was obtained with an antibiotics-yield 

of97-98% (Schürgel, 1994, Godfrey and Slater, 1994). 
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I 

Figure 5: Westfalia axial countercurrent centrifugai extraction decanter (Godfrey and 

C>laUCl, 1994). 

Westfalia overcomes the disadvantages of limited mass transfer performance by 

employing an axial countercurrent flow o f the liquid phases in a rotating drum with special 

installations. The hydrodynamics conditions remains constant along the extraction path and 

it is generally possible to increase the mass transfer performance by enlarging the extractor 

length to a greater degree than in radial machines. The transport of solids is possib!e 

without darnaging the internais and a very slight difference in height along the tube is 

sufficient to pro vide axial countercurrent flow o f the two liquid layers (Godfrey and Slater, 

1994). 

Komives et al. (1994) evaluated a continuous centrifugai reactor for the 

degradation of pesticides in a reversed micellar medium. A continuous-flow centrifugai 

reactor was demonstrated for carrying out enzyme-catalyzed reactions in two-phase 

microemulsion systems. Because the enzyme essentially is complete!y retained in the 

microemulsion phase due to hydrophilic properties, it is effectively immobilized in the 

reactor. The conversion in the reactor was limited by partitioning o f the substrate between 

the organic phase and the microemulsion aggregates, but more signi:ficantly by the product 
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employed. For ex<lm[Jle, the intJ~oduction channe!s 

rn centrifuge tubes wou!d increase the contact time between the phases. 

The centrifugai bioreaction-separation principie baseei on the rate-zona! 

was app!.ied order to the bic>S)'11th<~tic !:i:Jrmat:ion 

sinml1tanem1s sec!imentation 

nrrnr11rH't Was feffiOVed 

native ae:'ilnm (Setford, slowly sedimenting 

more rapic!!y sec!imenting bi<)catal:ytic zone by 

centrifuge 

fitted a Reorienting Gradient core used in 

centrifugai bioreaction-separation process (Setford anel Barker, 1994). Zona! rotors have a 

number of advantages over conventiona! centrifuge bucket rotors: larger gradient and 

sample volumes can be loaded; samp!es can app!.ied to gradient rotor is 

spmnmg are contents rotor can 

unloaded after centrifugation no appreciable loss sample resolution. 

Figure 6: Operating principie ofthe Beckman JCF-Z Zona! Rotor containing Reorienting 

Gradient core (Setford and Barker, 1994) 
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variety 

eq;aipm<mt, with adaptations of agitators or mechanical power input to overcome 

drawbacks on mass low number 

design an of agitation should 

stages. Specifically, to 

into account. It must be 

cor1trolled can~fully because drop fCCiUCI~S the the CO Jumn 

countercurrent flow. Excessive agitatiion can lead to flooding, foaming, or ent.raírnnent 

of drop!ets in the continuous phase. Recently, increasing attention is being directed to the 

non-uniformíty the dispersed phase drop-size distribution. Another disadvantage of 

excess1ve 1s !IllXlllg; the nwntx:r 

emnv;lie11t stages may offset 

1994). 

A sequenee o f the different equipment o f eolumns applied as extractive bioreactor 

is presented below: 

2.3. Spray Columns 

The spray columns provide a low shear environment very appropriate for the 

enzyme stability. Roode et al. (2001) developed a bioreactor for the semi-continuous 

production of hexyl glucoside. The half-life time of the enzyme was almost 30 days, 

whereas the enzyme is totally deactivated in 40 h in a CSTR. The high deactivation rate in a 

CSTR may be caused by vigorous stirring in combination with the presence of an air-liquid 

interface anda large polar/apoiar Jiquid interface. 
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23 

s~rntple design, operations 

low ba(;kn:rixing and hence rer>resent the reactor design of choice 

continuous operation 

packed <OVJJUHUI 

biocatalysts and Flaschel, 1998). The 

pn;te:m e:x::tnoction due to mode1·ate moomg stress 

caused by a counter current opentticm over a range of rates (Nishi et al., 

1999). liquíd-liquid extraction the role packing is to reduce large-scale convective 

mixing or axial dispersion in the continuous phase and to provide surfaces to allow 

breakage and coalescence of dispersed phase to enhance mass transfer ( Godfrey and 

Figure 7: Typical construction of a packed column (Godfrey and Slater, 1994) 

Nevertheless, because of the tendency of the phases to flow along the wall, the 

substrate may be not adequately supplied, thus reducing performance. The substrate 

limitation, in addition, causes a local decrease of buffer capacity lowering the pH, and, 

thereby, lowering the enzymatic activity. It has been shown that the choice ofthe non-polar 
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phase a CfllCÍlU !SSUe Flaschel, I order to overcome 

drawback, it is common to in industrial columns relatively large 

packing is being used (Godfrey and Slater, 1994). Moreover, although packed bed reactors 

are a amount of ce!ls can 

diffus:ional limitations mass transfer to imrno bilized 

supplying and removing gaseous components can 

et 

as 

use 

difficulties 

equipment 

packed colunms can improved by pulsation 

the continuous phase, at the expense of a reduced throughput. The colunms adapted with 

this device is named Pulsed Packed Columns. The increased performance results from 

greater shear forces causing a reduction drop síze with an associated increase 

mass trruns:fi~r rate. Stevens, 1 and 

2.3.2- Pulsed Sieve-Plate Columns 

Mass transfer rates could be improved adding mechanical energy in the form of 

superimposed agitation or pulsation, resulting in higher turbulence at the interface and 

larger mass transfer area due to smaller drop sizes. In addition, the extra energy input gives 

greater flexibility in operating the column, but requires a more complex and costly design. 

If a larger number of theoretical stages is required, agitated or pulsed co!unms offer an 

economical solution (Godfrey and Slater, !994; Pratt and Stevens, !992). Two different 

types o f pulsed sieve-plate colunms have to be distinguished: 

2.3.2.1- Liguid pulsed sieve-plate extractors (PSE): (Figure 8) were fust applied in 

the solvent extraction o f radioactive materiais in the l940s and although their use was not 

mentioned yet, these devices present characteristics suitable to bioprocess criteria. 

Numerous investigations have shown that high throughput, high separation efficiency and 

insensitivity towards contamination of the interface characterize this type of extractor. 

!50 



design o f the a 

widespread apJJlic:ation type of extraction equipment in mctustry and although 

performance deteriorates as a result of increased backmixing, this can be partially 

greasy systems, easily 

Figure 8: Scheme ofpulsed sieve-plate extraction column (Godfrey and Slater, !994). 

2.3.2.2- Reciprocating-plate columns (RPC): They have been widely used in the 

phan:naceutica!, in diameters up to 1.5 m, (Figure 9). They suffer deterioration in 

performance on sca!ing up the diameter as a result of increased backmixing and 

channelling, despite maintaíning the plate spacing constant (Pratt and Stevens, 1992). 

{a) KRPC (b) PRPC {cl ?RPC 
(counterphaseJ 

(d) MVDC 

Figure 9: Some types ofreciprocating plate column (Godfrey and Slater, 1994). 
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Two different and most applied RPC designs are: 

was developed 

pharmaceutica! índlus1:ry. op1:imllffi plate spacing relates to the density ditteren<:e 

interfacial tension system beíng used. Increased spacíng is recommended for systems 

!ow low not strong 

agitation; versa 1 

The advantages o f the Karr columns are (Schürgel, !994): 

High throughput and high mass transfer as well as high volumetric efficiency; 

degree 

Easy handling o f emulsifiable material and liquids with suspended solids. 

b) PROCHASKA RPC: Have downcomers segments for the continuous phases 

that reduce the hindering effect of continuous phase on the dispersed phase flow through 

the perforations and thus enhance the co!umn capacity. The alternation of downcomers on 

neighbouring p!ates creates a cross-flow of phases in the stages, which improves radial 

homogeneity and reduces efficiency deterioration in scaling-up ofPRPCs. 

The mechanical strains in PRPCs are relative!y low. The pressure pulsation at the 

bottom o f the column is practically eliminated and a high mechanical stability is reached in 

columns with countermotion of plates. In these columns a reduction 

intensity was also observed (Godfrey and Slater, 1994). 

axial mixing 
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collllill:JS are equipped Slde-t•D-SJde or 

to 1 cuu~c COl1ÍID:UOllS to induce co:iles;ceJJce 

dispersed phase give a rnoderate perfonnance, and should be corJSidlen~d 

use systerns, rnatters, or with a to 

the presence biological They state that 

contact efficiency is of the order 0.05-0.1 O theoretícal stages per plate, whích although 

low, leads to a reasonable colurnn height for rnany purposes with the plate spacings 

normally used (Pratt and Stevens, 1992). 

Figure 10: Baffle-plate colurnn: (a) side-to-side; (b) disc-and-doughnut type (Pratt and 

Stevens, 1992). 

2.3.4- Rotary-Agitated Columns 

Thís group comprises the rotary disk, multiturbine (Oldshue-Rushton) and Kuhni 

columns, ali of whích give comparable performances (Figures lla, llb and llc, 
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These contactors been used non-emulseymg m 

pharmaceutical industries. However, they suffer deteríoration in performance on scale-up to 

large diameters, as a result o f increased backmixing and the need to increase compartment 

height in to maintaln a satisfactory mixilltg geometry. 

Figure 11: (a) Rotary disc column, (b) Oldshue-Rushton column, (c) Kuhni column (Pratt 

and Stevens, 1992). 

Among ofthese three devices, Rotary disc column (RDC) presents more flexibility 

to handle systems contalning solids, as in the purification of crystals, the washing of solids, 

and the extraction of glycerine from soap curd (Figure !la). 

The Kuhni column shown in Figure llc, consists ofan assembly ofturbine mixers 

and the stator plates permit axial flow through the column, but isolate the compartments 

more thoroughly than is the case with the RDC and Oldshue-Rushton types. This reduces 

backmixing, especially of dispersed phase. Nevertheless, its structure makes assembly and 

disassembly for cleaning and malntenance, more difficult (Schürgel, 1994; Pratt and 

Stevens, 1992). 
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2.3. Scheibel co•tur,nns 

Be:síd<~s S·cheibel co!:llllJJ1S nr"""nt features so far, no cit:>tic'n of 

apjllkaticm m bioprclce:;s was 

fimcticm of the is twofold; 

adJ:lce:rJ.t stages, reducing ba::lcc:rixim.g; 

droplets separation the phases. 

column to divert the vertical flow 

literatlrre. As it can be seen 12, the 

it isolates agitat<Jr flow pattems betwe<:n 

it indlucíõS coalescence 

ad::lítí:on, arm.ular baffles are provided at 

the phases and reduce mixing. The packed 

sections appear to lead to increased mass-transfer rates, a!though at the expense o f reduced 

capacity; with systems of hlgh interfacia! tension, the packing is sometimes omitted (Pratt 

1 

"' 

Figure 12: Scheibel column: (a) fust type, (b) second type (Pratt and Stevens, 1992). 

2.4- Airlift and Loop Bioreactors 

Jet loop bioreactors are being widely applied in a number of chemical and 

biochemical processes whlch involve gas-liquid reactions (Jamshldi et al., 2001). Airlift 

bioreactors combine hlgh loading of solid particles and good mass transfer whlch are 

inherent for three-phase fluidized beds. Efficient mixing in the liquid phase is generated by 
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the difference the bulk densities o f the fluid the riser and the do'wTI1:onaer. High 

linear liquid velocities are attainable without recycle and this leads to improved turbulence 

the wmJJe, characterístics are: mechanically simple robust; gentle, 

shear leveis (suitable plant cells, fragile genetically engineered 

rni•:rooqsantisnns flocculating and foaming íenmeiltation systerns); high gas throughputs are 

possible; easy to clean, extended ís possible ( usefu! in 

operation); more uniform distribution of turbulence; lirnited operational flexibility, low 

energy requirements and simple design (Sajc et al., .2000, Hoos, 2000; Chisti and Moo

Young, 1991). 

example 1S a type 

biological production process that is even ímnm>ved. by in situ recovery product is 

the work developed by Gianetto et al 988). The reactor is an external-loop reactor, 

which liquid circulation is induced by a gas flow in one o f the vertical tubes and ethanol is 

extracted by a countercurrent extraction in the other tube (Figure 13). 

eztracllo" 

t .. õ .. 

~ 

Figure 13: Continuous extraction loop reactor (Gianetto et al., 1988). 
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the use of a organic phase to selectively extract precursors 

metabolites (Tikhomiroff et al., 2002) and the development and design o f an external-loop 

au··un bioreactor 

sv<;tF-111 was rec•Brclerl as a toutr-t•ha:;e S'rste~ra 

liquid solvent and calcium-alg.inate-imlnobllized cells in plant case, 

as bio<:ata.lysts, 

utlliizes contim.1ous liquid-liquid extrac1:ion products in a l:octr-~>ha:;e flow (Sajc 

et , 1995). 

Graesser ralning bucket contactor offers a very promising technology for the 

treatment of phase systems w:ith low-density difference and low interfucial tension w:ith 

marked emulsiflcation tendencies (Coimbra et al, 1994). The fact that the drops that are 

eventually fonned by the natural break -up o f the stream leaving the buckets are relatively 

large means they tend to be oscillating, this promoting interfacial renewal and good mass 

transfer is ach.leved w:ith comparably less power consumption. In addition, the gentle 

rotation avoids the formation o f emulsions (Jarudilokku.l et al., 2000). The droplets are 

relatively large comparison to those in other extractor types, but despite th.ls the 

performance, expressed as number of theoretical stages per meter length, is high. On the 

other hand, the throughput is relatively small (Figure 14). In general, it requires little 

headroom, is simple to maintain, and they are suitable to handle aqueous two-phase 

systems, wh.lch are used in the recove:ry of proteins (e.g. enzymes) from disrupted cells 

(Schürgel, 1994; Pratt and Stevens, 1992), whey protein (Coimbra et al, 1994) and proteins 

from fermentation broths using reverse micelles (Jarudilokkul et al., 2000). 
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Figure 14: Schematic view ofthe Graesser contactor (Pratt and Stevens, 1992). 

Nowadays, severa! experts have been perfonned in order to develop techniques 

using membrane bioreactors. 

The application of membrane reactors 1s useful to product remova! in situ 

(Dudukovic, 1999). The membrane has tbe following functions: retention ofthe biocatalyst; 

immobilization of the biocatalyst; supply of substrates; remova! of products; separation of 

two fluid phases (perstractive and pervaporative fennentation); modification of selectivity 

by controlled interaction o f reaction and mass transport (HOSS, 2000; Sisak et al., 2000). 

Membrane reactors can act as supports for tbe interface between two liquid 

ímmiscible phases provide a high-surfuce area of contact between both phases, guarantee 

phase separation during the process, minimize phase toxicity, and make the integration of 

bioconversion, product recovery and concentration easier (León et al, 200 I) 

Enzyme membrane reactor, in which and enzyme reactor coupled to ultrafiltration 

or dialysis membrane with a suitable molecular with cut-off, is capable to keep enzyme and 
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while e.g., 

inhibitor, are "mrwt:u to pass freely through me1nbrane (Wenten and Wicliasa, 2002). 

The bíocatalyst can be present free the retention space, ímmobilized on a solid support, 

or i.mJnolJíJj,~ed m In 

case, a rel:athrely large sUI1ac:e is used as well as the COJ1ta<;tmtg area between 

organic and aqueous phases (Sisak et 2000). 

attempts to utilize membrane reactor has nU!Uber 

teclmology. It is pm;srble to 

growing as 

of process. out differ,ent researches in se,;er:al 

Sonsbeek et al. ( 1993 ), their review, reported a membrane bioreactor in which two liquid 

phases are not in direct contact, but separated by a membrane. The membrane also serves as 

ímmobilization support for biocatalyst, an 

such reactor. 

15 presents a 

reaction lS an 

esterification of glycerol and fatty acids v.ith enzyme lipase i.mJnolJjjj,~ed on a ho illmv-

fibre membrane, whlch keeps polar and apolar liquid phases separated and this gives the 

possibility of selective adsorption of monoesters v.ith an adsorption column in the apoiar 

circuit. 

FigUie 15: Schematic process design for esterification mth a membrane system (V an 

Sonsbeek et al, 1993). 
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concerning dialysis, 

extraction, product inhlbition takes p!ace. The scheme a laboratory-scale 

system for suspended cells consists o f two reactors, each of which can be stirred separately 

!6) 

--
--

Sonsbeek et 

Hollow fiber membrane is been 1videly applied extractive bioreactions, like 

extractive fennentation process fur butyric acid production fonn glucose where cells where 

immobilized in a fibrous-bed bioreactor (Wu and Yang, 2003); in continuous hydrolysis of 

Penicillin G where penicillin acylase was entrapped within membrane pores and due to the 

much smaller size of the product, 6-arninopenacillanic acid, compared to the membrane 

pore, the solute diffuses freely through the membrane (Wenten and Widiase, 2002). Lopez 

and Matson (1997) evaluated enzyme-catalysed reactions that take place in aqueous 

solutions, with substrates with very low water so!ubility. The authors suggested a device 

which uses the hollow-fibre membrane to immobilize the biocatalyst while placing the 

enzyme-containíng (membrane) phase in direct contact with the substrate-containíng 

( organic) phase, thereby avoidíng the intervention o f the bulk aqueous phase as occurs in 

dispersed-phase systems. In addition, the reversible enzyme contaínment technique (Figure 

17) adds to the versatility of multiphase membrane reactors by avoiding covalent enzyme 

immobi!ization and facilitating replacement of deactivated enzyme in the field. 
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Aqueous/Organic 
Phase Boundary 

Aqueous 
Pwcess 
Stream 

Organic Process 

Lume 

Figure 17: Reversible enzyme containment (Lopez and Matson, 1997) 

the last example is the by Sahoo et al. (1999), authors stu.die:d 

the non-dispersive reactive extraction of cephalosporin antibiotics using hollow fibre 

membrane modules. Figm:e 18 shows the schematic diagram of the experimental set-up. 

The same membrane module was used for extraction as well as stripping. They concluded 

that the technique of dispersion free reactive solvent extraction in HF membrane was 

successfully applied to recover cephalosporins form dilute aqueous solution as well as 

fermentation broth. There appears to be an appreciable degree of fiexibility regarding the 

fiow rates ofthe phases, the pressm:e drop may not be a limiting facto r for operation o f the 

hollow fibre module. 
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Figure 18: Schematic diagram ofthe experimental set-up (Sahoo et a!., 1999). 

As a review concerning on the extractive bioreactions, there should be a section 

reporting the advances provided by chromatographic process. 

A chromatographic reactor-separator can be defined as a chromatographic system 

that is used to convert one or more components partially or totally and to simultaneously 

separate one or more of the products that are formed. The reaction can take place on the 

stationary phase, in the mobile phase, or both (Ching and Lu, 1997). It represents an 

altemative reaction-separation unit which utilizes differences in adsorptivity o f the different 

components involved rather than differences in their volatility. It is, especially, attractive as 

an altemative to reactive distillation when the species involved are either non-volatile and 

sensitive to temperature, as is the case, for example, in some fine chemicals or 

pharmaceutical applications, o r exhibit small volatility differences (Lode et a!., 2003). 

Common to all reactive chromatography processes operated in the classical batch 

mode are low efficiency in utilizing the stationary phase inventory and large eluent (o r 

desorbent) consumption resulting in an excessive dilution o f the final products, addition 
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to disadvantages connected vvith discontinuous operaction. same pn)blem !S 

encountered in case o f purely separative chromatography, but significant improvements 

have been accomplished recently by transfonning these operations into continuous 

as Sin)Ulated Moving 

two differ•ent ways 

Re:lCtiDr \~>1VU:>KJ (Lode et 

Simultaneous bic•re11ction sepamtion has been out 

Continuous (Sarmidi and Barker, 1993) 

a Simultaneously Couní:erc~un·ent Chromatographic Bi<Jre:xcilor-:Se]:Janltor 1 ..,,J~,:-..-e> 

a 

m 

and Barker, 1995) used as bioreactor-separators for the saccarification o f modified starcb to 

produce maltose in the presence o f enzyme maltogenase. 

SMBR are low 

technologies, 

and the separation, 

especially attractive example to applicatiollS involving natural products or 

it 

chemicals. The major drawback is the large desorbent requirement, especially when applied 

to the wide category of water fonning reactions, catalyzed for example by sulfonic acid 

ion-exchange resins. Here, the resulting dilution o f the extract and raffinate streams has a 

substantial negative impact on process economics due to the increased effort required by 

the subsequent solvent recovery. Therefore, in order to improve the economics of SMBR 

units the focus should be place on the development of more suitable solid phases (Lode et 

a!. 2001). 

3- Selection o f Extractive Bioreactor 

In this section, the information presented aforementioned is used to create Table l 

based on the criteria o f different types o f reaction and the features o f each device presented 

in the Section 2. The purpose of Table 1 is to provide enough information to guide the 

selection a suitable device under some constraints. F o r a better understanding o f the Table, 
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--------------

the and signs mean that equipment is or is not appropriate 

rrir,riiH are listed bellow: 

Number of stages: important feature for reaction whose mass transfer is a 

a system, reactants and present 

" biolog:tcal medium ís sensith1e to hard reactKm ccmditior;s. 

biocatalysts, microorganisms or degradation 

residence time in the equipment; 

" Ability to handle solids: the device must stand solid compounds, i.e., crystals, and 

forro, cells or enzymes; 

" T endency to generally it is a characterístic liquid-liquid phase 

systems, which the density difference is very short; 

" Compact: the device should occupy small area; 

., Ease o f cleaning; 

" Low maintenance; 

Equipment cost; 

e No moving parts; 

" Easy scale-up; 

" Simple design; 

" Low backmixing: promote good mass transfer and avoid channelling; 

e Immobilized enzyme: availability to stand /support immobilized enzyme in 

different ways: the biocatalysts could be immobilized to the parts of the device, 

attached to a support or to a membrane inside ofthe bioreactor; 
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" it is necessary to the order to keep it constant, it 

tends to drop or increase as the reaction takes place; 

Pm;ítícm o f feed: evaluation o f different position o f the substrate feed is wc>ml. 

hm1dling mutlti:;ta!~e dev:ices. 
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Table l: Selection oftypes ofreactor: 

~---------~~·-··~-~~~- ,--~~-~~~~ ------------------·---·-··- --- ---- ·-·-·---- ----------- "" " ··--------·-'"'"-"'"' ----- ----~ .. ___ ,_ 

Mixer-settlers Columns 
,~ ~~~~~-~~~ ~ ~~--~ ~~ ~-~ .--------~~~-~~~- ~------- . - .. ·~---- .. ----·---- Airlilll 

Centrifugai 
Pulsed Sieve-Piate RTL 

Membrane 

Cri teria Horizontal Vertical 
Extractors 

Packed ~-~~-- ---~~-

Balllc Rotary 
Scheibel Loop 

Bioreactors 

PSE RPC 
Pinte Agitated 

~-- .. ·-··------ ____ .. ,_ .... _ ___ .. ,_,_ --------· . --·------ --- -·----~-~ ______ ,. ___ -------- ~+~ ~~~~--~ ------------ ---- """ ----- -------

Numbcr of ++ ++ ++ ++ ++ ++ ++ ++ 
stages - ~- --

1--- - +---- --
Short 

residence ++ I -- -- -- -- -- ~-

time 
J----~ ---- ----~ ~~---

Ability to 
handle +I +I + +-1 ++ +I ++ 

-- -- -- - ~ 

solids 
-- --·-----·- -----

Tendency ++ ++ ++ ++ ++ 
to emulsify -- -- -- ---

r- ~-- ---·--- - --~ --- ---

Compact ++ ++ ++ ·+· + ++ ++ ++ + ·+- ++ ++ 
~~~-

!-----~ ~~- -- -----·--- ----- ~----

Ease of +I +I ++ +I 
cleaning -- ++ +I 1-·+ 1- --~ +I ++ 

--

--- ----- --~-- -------
Low 

maintenanc +I_ +I_ ++ +I +I ++ ++ +· + ++ ++ 
- -~ 

-~ 

e 
~- ------- ---· ~------- -~-----· ------

Equipment 
+I_ ++ ++ ++ ++ 'I +I +I 

cost ~~- - ·- -" 

'------- ------ --------~ ------- ---~~ 
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Case Stully 

1s a rapidly growmg market pure 

are used as new 

ofthe most well-known peptides is aspartame that ís 200-fold sweeter than sucrose, and has 

been used throughout most of the world. The synthesis of the aspartame precursor Z-Asp

Phe-OMe ís also one of the most widely used model reaction systems enzymatic 

d!pepl!de synthesis et 2000, et 

Characteristics o f the reaction: The yield o f synthesís o f aspartame precursor in a 

pure aqueous monophasic system is very low. The optimal pH for thermolysin activity for 

the synthesis is 6.9 in pure aqueous and in aqueous system saturated with acetic esters, such 

as, amyl acetate, ethyl acetate and butyl acetate and the enzyme is stable at pH 5.5-9.0. 

However, the synthesis at low pH provides the suppression of the nonenzymatic 

decomposition of the substrate L-phenylalanine methyl ester (L-PheOMe) and a lower 

requirement of NaOH for pH adjustment (Murakami and Hirata, 1997). The extractive 

bioreaction proposed in the literature (Hirata et al., 1997, Muramaki et al., 2000, Muramaki 

and Hirata, 1997) is based on the enzymatic synthesis in a biphasic aqueous-organic system 

where the free enzyme is dissolved in the aqueous phase. The organic solvent is fed to the 

reactor contalning the substrates. These substrates transfer to aqueous phase. After 

aspartame precursor is synthesized, Z-Asp-Phe-OMe is extracted to organic phase. The 

extractive bioreaction at low pH avoids the decomposition of the substrates, shifts the 

equilibrium towards product formation, and prevent product inlnbition. 

Selection of extractive bioreactor: The analysis o f the criteria that should be taken 

into account to select the bioreactor are based on the features o f the system: stability o f the 

compounds at low pH, free enzyme, no pH control, no tendency o f emulsizying, extremely 
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water and rel:~ti\rely hydrophobic compounds, nrunely, low soh1bilitv 

the substrate compounds prutition selectively into the organic phase and the separation 

high number o f stages ís not necessary. 

In o f res:trictiorrs are not linrited to 

tendency emulsifYíng, 

stages, ~hilitu to 

0Antml aJld ímn1obilizf~d 

are eva:luated 1, show that more apjJropríate 

extractive bic•re:rctíJr colunms witho:nt agitation, such as packed bed, pu1seu 

sieve-plate or baffle 

In order to have a definite choice runong these options selected above, a more 

rigorous analysis is necessary, such as, the experimental data determined in a pilot-scale, 

costs 

these analyses. 

4.2- Synthesis o f the semi-synthetic antibiotic - APA 

not cmnpr·eh<:nd 

Background: Enzymatic Penicillin G (PenG) hydrolysis is carríed out at industrial 

sca!e in order to obtain 6-arninopenicillanci acid (AP A). AP A is the main precursor for the 

production o f semi-synthetic 13-lactrun antibiotics, and is produced at an about 10,000 to n/ a 

scale (Van de Sandt and De Vroom, 2000) 

Characteristics of the reaction: The conventional enzymatic PenG hydrolysis into 

AP A and Phenylacetic Acid (P AA) carríed out in a batch mode and in a pure aqueous phase 

is characterized by low yield due to limitation of equilibrium reaction and by-product 

inhibition. The integration o f PenG hydro!ysis and purification o f AP A in a continuous 

aqueous-organic phase allows the shift o f equilibrium reaction towards AP A production. In 

the biphasic system, under no pH control, the pH drops as the reaction takes place. At pH 

lower than 5.0, the prutition of PAA to the organic phase and crystallization of APA is 

favored. These two facts tend to improve the conversion ofPenG hydrolysis. 
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the criteria shoutld he 

accolillt to select bioreactor ís based on the features of syst.em: immobilized 

enzyme, no pH control, tendency o f emulsnying, presence o f AP A crystals. 

are: number stages, 

position 

PenG hydrolysis, 

to handle so lids, 

product 

residence 

substrate degradation, 

clítferem~e between prurtítton coefficients iml::nob,iliz,ed enzyme. FolloVIrín<Y these criteria 

further infonnation Iisted 1, the hest of equipment industrial 

application are the baffie plate column and Graesser contactor. 

Nevertheless, these devices chosen abcve are appropriate for industrial 

chc>ice of case 

case a sequence and separators, o r 

hydrocyclones or centrifugai extractor can he chosen. particular case of PenG 

hydro!ysís, an integrated system of mixers (reactors) and hydrocyclones (separators) ís 

proposed for the deve!opment of the counter-current reactor. The adoption of 

hydrocyclones as separators is due rnainly to the stable emulsion formed and, consequently, 

difficult separation o f AP A crystals from the interface between water and BuAc. 

In order to have a definite choice among these options selected above, a more 

rigorous analysis is necessary, such as, the experimental data determined in a pilot-scale, 

analysis of costs and scale-up. Nevertheless, the scope of tbtls work does not comprehend 

these analyses. 

5- Conclusion 

Through tbtls review it was possible to recognize the wide variety of equipment 

that can he used in integrated bioprocesses. The evaluation of the appropriate type of 

devices should take into acco!llt the advantages and the requirements of specific 
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apJ:1lic:ltic,ns. Studies relétted to extractiv,;-re:actor biot,ecl:JIJO logy are recent, severa! 

them use devices adapted those found petrochemical and processes. 1t 

means that after some modi:fications io the design o f the reactor, the equipment can beco me 

of 1s on of 

membmr:te bíoreactors due to enormous po:ten:tial 

chromatographic extractive bioreactors to due the advances conceming on 

the contmu.ous simJlat<od movir1o bed. 

ap]pro,priate equipment, it is worth to use a combioation 

of process modeliog, experiments, optimization and process economics. Hence, a case-by

case analysis is often necessary before the final choice of a reactor type can be made. 

Nevertheless, this further evaluations are out ofthe scope ofthis review. 
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CAPÍTULO VII 

CONCLUSÕES 

estudo faz parte de um ambicioso projeto envolvendo a empresa DSM e 

grupos de universidades da Holanda. O intuito deste projeto é o desenvolvimento de um 

processo biocatalítico de produção de antibióticos semi-sintéticos que seja eficiente, 

econômico e que produza menos resíduos. Dentre as universidades está a Universidade de 

Tecnologia de Delft (TUDelft) onde foram desenvolvidas importantes etapas deste 

trabalho. 

Este estudo teve como objetivo dar prosseguimento aos trabalhos realizados 

anteriormente, possibilitando obter infonnações necessárias para a instalação de um sistema 

em escala de laboratório para a hidrólise de PenG em sistema bifásico (acetato de butila e 

água) e em um reator em contra-corrente, e contribuir com os avanços nos processos de 

sintese de antibióticos semi-sintéticos. 

Nestas condições analisadas, ou seja, hidrólise de PenG no sistema bifásico (água 

e acetato de butila) em um reator em contra-corrente sem o controle de pH., o pH decresce 

favorecendo a migração de PAA para a fase orgânica e a cristalização de 6-APA. Ambos 

fenômenos, separação dos produtos em diferentes fases e cristalização do 6-APA, deslocam 

o equilibrio no sentido de conversão do substrato e, conseqüentemente, promovem uma alta 
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produtividlade e produtos. Esses produtos 

etapas subseqüentes. O é reciclado e usado na fermentação de PenG e o 6-APA é 

usado na síntese de antibióticos semi-síntéticos, como amoxicilina e ampicilina. 

a avaliaçiio atividade e estabilidade 

perúcillina amidase JID1:J bilw>da a ser usada, e a determinação da de cri1;taliza\;ão 

pro<luto (6-APA), 

cristaliz;wão do 

não se tinha o conhecimento aplicação desta enzima e de 

a baix~os valores 3-5 e em sistema bifásico água e acetato 

dos uatm~ cim§tlc<Js ativi,dade enzímáti.ca e de crisítalizllção 

desenvolvido nm modelo no intuito de fornecer as melhores condições de operação do 

sistema contra-corrente em multi-estágio, 

última etapa, procurou-se selecionar o reator mais adequado para o processo 

em e em No 

entanto, os foram insatisfutórios sendo necessário buscar outras alternativas. 

Diante da ampla variedade de extratores e bíoreatores, optou-se por elaborar urna revisão 

sobre bioreatores extrativos como maneira de auxiliar na seleção da melhor configuração de 

nm reator-separador a ser empregado na hldrólise de PenG nas condições desejadas. 

Através da avaliação de atividade e estabilidade enzimática, verificou-se que a 

máxima atividade enzimática comprendeu a fàixa de pH 8.0 a 9.0. A enzima permanece 

estável mesmo a baixos pH's (3.0 a 6.0). Embora a atividade enzimática sofre nm 

decréscimo de aproximadamente 80%, isto não representa empecilho para sua utilização em 

processos a baixos pH's, podendo ser perfeitamente viável seu emprego na hidrólise de 

PenG na processo continuo bifiísico água-acetato de butila. 

No estudo de cristalização de AP A, produto da hldró!ise da PenG e precursor para 

a sintese de antibióticos semi-sintéticos, os resultados mostraram que as impurezas não 

exerceram efeito sobre a cristalizllÇão de AP A, na faixa de pH 4 a 5 e de concentrações de 

impurezas avaliadas. Além da deterrnínação dos parâmetros cinéticos, foi utilizado nm 

modelo que pode predizer as taxas de cristalização de AP A nas mesmas condições que 

serão empregadas na hidró!ise de PenG em reator multi-estágio e bifásico, água e acetato de 

buti!a. 
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Na etapa de modelage~ o modelo desenvolvido possibilita o cál.cullo e 

concentrações do substrato e produtos nos estágios reator contra-corrente. Os dados 

fornecidos pelo modelo podem ser utilizados para otimizar as condições de operação do 

reator multi-estágio (ponto 

do substrato). 

vazão e 

revisão 

referência para a seleção 

SObre biOITeatOfeS uma imnnrtRnfP 

diferentes tipos configurações dependendo das restrições e 

características reação. Através revisão, foi verificado o uso um 

sistema, fonnado por agitadores acoplados a hidrociclones em série, pode representar uma 

opção adequada de reatores multi-estágio contra-corrente para a hidrólise de PenG em 

escala de labcratório. 
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CAPÍTULO VIII 

SUGESTÕES PARA TRABALHOS FUTUROS 

As infonnações obtidas durante este trabaLho mostraram que o estudo 

de PenG em um reator contra-corrente e multi-estágio é viável. 

Portanto, as próximas etapas a serem desenvolvidas envolvem: 

hidrólise 

1- A implantação de um bioreator extrativo em escala de laboratório. A sugestão 

inicial seria a instalação de um reator sendo que cada estágio seja fonnado por 

agitadores conectados a hidrociclones e ligados em cujo número de estágios 

correspondem ao número ótimo previamente detenninado neste trabalho. A 

instalação do estágio composto por agitadores e hidrociclones foi sugerida devido às 

vantagens de: flexibilidade do número de estágios, configuração compacta e pelo 

fato de o sistema sob agitação (6-APA, água e acetato de butila) fonnarem uma 

emulsão estável que exige o uso de separadores mais eficientes como os 

hldrociclones; 

2- Execução de ensaios experimentais da hldrólise enzimática de PenG em sistema 

bifásico (água e acetato de butila) e contra-corrente, realizados em reator multi

estágio de configuração sugerida no item I; 
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3- ajudando a enzimática e a cinética 

cristalização; 

4- Avaliação da viabilidade econômica do processo em escala industrial; 

5- antibióticos serrrr-sJJ1tétJlcos à de 

da sintese entre 

Otimização e controle do processo. 

como 

e D-p-
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