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RESUMO
Este trabalho estuda a hidrdlise enzmmatica da peniciina G (Pen(G) em écido 6-
aminopenicilinice (6-APA} e acido fenil acético (PAA). Em um reator conira—ceﬁenie
multi-estagic e em baixos valores de pH, a reagdo enzimatica ocorre na fase aguosa ¢ os
produtos sfo separados enire a fase aquosa e a fase orgénica (acetato de butila). Além disso,
em pH baixo, a cristalizag@io do 6-APA ocorre quando concentracSes de PenG s#io altas.
Ambos fendmenos deslocam o equilibric no sentido de conversio do substrato,
promovendo alta produtividade. A primeira etapa deste trabalho refere-se 4 avaliagfio da
atividade e estabilidade da penicilina amidase a baixo pH e na presenca de acetato de butila
{BuAc). A enzima apresentou méxima atividade na faixa de pH 8,6 — 9,0 e permaneceu
estavel mesmo em pHs baixos (3,0 — 6,0) num periodo de incubagfio de até 32 dias. Embora
a atividade enzimética sofra wm decréscimo de aproximadamente 80%, isto nfo representa
empecitho para sua utilizagfio no emprego da hidrolise de PenG em processo continuo e
bifasico (égua e BuAc) em pH baixo. O efeito de Pen(, PAA ¢ BuAc na cnistalizagiio do 6-
APA ¢ os parfmetros cinéticos de cristalizacBio também foram avaliados. Os resultados
mostraram que as impurezas nfo exerceram efeito sobre a cristalizacfio de 6-APA, na faixa
de pH entre 4 ¢ 5 e nas concentragdes de impurezas de 0,55 mM — 3,0 mM. A avaliacfio da
cinética de cristalizacfio possibilitou ¢ uso de um modelo que pode predizer as taxas de
cristalizacio de 6-APA. Um modelo quantitativo foi desenvelvido para ¢ cdlculo dopH e
das concentragfes do subsirato e dos produtos nos estdgios do reator contra-corrente. Os
dados fornecidos pelo modelo podem ser utilizados para otimizar as condic8es de operagéo
como: estagic de alimentacBo, vazio volumétrica das fases e concentragfo imicial do
substrato. Na utltima etapa deste trabalho foi feita uma revisfo bibliografica sobre
biorreatores extrativos em que sfo apresentadas as vantagens de cada configuracio e as
restrigbes dos processos biocataliticos. Através desta revisfio, foi verificado que o uso de
um sistema, formado por agitadores acoplados a hidrociclones em série, pode representar
wma opgic é.dequada de reatores multi-estagio contra-corrente para a hidrélise de PenG em

escala de laboratorio.

Palavras-chave: hidrolise enzimatica, Penicilina G, antibidticos semi-sini€ticos, processo

integrado, cristalizacfo.



ABSTRACT

This work studies the enzymatic hydrolysis of penicillin G (PenG) into 6-aminopenicillanic
acid (6~-APA) and phenvlacetic acid (PAA). In a multi-stage countercurrent reactor and at
low pH, the enzymatic reaction takes place in the agueous phase and the products are
separated between the agueous phase and organic phase (butyl acetate - BuAc).
Furthermore, 6-APA crystallization occurs at low pH when PenG concentrations are high.
Both phenomena shift the equilibrium towards conversion of substrate, favoring high
productivity. The first step of this work, concerns the evaluation of activity and stability of
penicillin amidase at low pH and in the presence of butyl acetate (BuAc). The enzyme
presented the maximum activity in the pH 8.0 — 9.0 and remained stable at low pHs (3.0 —
6.0} during at least 32 days. Although the enzyme activity decreased by 80%, this does not
represent a drawback in the application of a biphasic (water and BuAc) and continuous
PenG hydrolysis at low pH. The effect of Pen(G, PAA and BuAc in APA crystallization and
the kinetic parameters were also analyzed. The results showed that impurities have no
effect on APA crystallization, in the pH range 4 — 5 and in the impurity concentrations of
0.55 mM — 3.0 mM. The evaluation of crystallization kinetics allowed the use of a model
that predicts the APA crystallization rates. A quantitative model was developed in order to
calculate the pH and substrates and products concentrations in the countercurrent reactor.
The data provided by the model can be used to optimize the operation conditions: stage of
feed, flow rate of phases and initial substrate concentration. In the last step of this work, 2
Literature review concerning extractive bioreactor was made. This review presents the
advantages of each configuration and the restrictions of the biocatalytic processes. Through
this review, a miegrated system of mixers and hvdrocyclone was suggested as an
appropriate option of multi-stage countercurrent reactor for PenG hydrolysis in laboratory

scale.

Key-words: enzyme hydrolysis, Penicillin G, semi-synthetic antibiotics, integrated process,
crystallization.
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NOMENCLATURA

ting = tempo de inducfo [rmin]

J = taxa de nucleacdo [H#m - s

8o = razfo de supersaturacdo micial

S = razdo de supersaturagio

C = concentragio [mol L]

C, = solubilidade

B = constante da inchnacio da relagfio Inftig) € Ln(Sp-1)
1 = fator de medida de detecgfio do tempo de indugio
B = fator de forma

v = energia superficial [mJ-m™]

v = volume molecular [m’]

k = constante de Boltzman [1,38%10° J/K]

T = temperatura [K]

(G = taxa de crescimento dos cristais [m/s]

kg = pardmetro cinético do crescimento de cristais

n = parfmetro cinético do crescimento de cristais

L = tamanho de cristais [pum]

At = variacdo do tempo [min}

S = fator de separacgio

V = fluxo da fase orgénica

L = fluxo da fase aguosa



K. = coeficiente de distribuicéo

K . aqp —constante de equilibrio aparente

Kyer = constante de equilibrio da reaciio de referfneia
K. = constante de dissociacio

F = Fracdo da espécie

{3 = fator de forma

v = energia interfacial [mlm™]

v = volume molecular [m’]

o = razdo voluméirica entre as fases aguosa ¢ orgénica

Subscritos

Pen(G = penicilina G

6-APA = 4cido G-aminopenicilinico
PAA = acido fenilacético

+- = estado zwitteridnico de onizagdo
+ = estado positivo de ionizagio

- = estado negative de ionizacio

0 = estado neutro de ionizacfo

Sobrescritos

aq = fase aquosa

org = fase orgénica




CAPITULOE

INTRODUCAO

A aplicag8io de extracgiio continua de produtos de reac3o ¢ necessaria para aumentar
a conversdo enzimatica por deslocar o equilibrio termodinimico; impedir a hidrélise dos

produtos; e impedir a inibigdo enzimatica pelos produtos.

As caracteristicas particulares da hidrélise de penicilina sfio: conversfio limitada
pelo equilibrio, inibico pelo sub-produto (4cido fenilacético), formac8o de sal devido ac
controle de pH e dificeis etapas de separacfic ¢ purificacioc devido a semelhanca dos
compostos. Sistemas liquidos bifdsicos (dgua e solvente orgénico) sfo uma alternativa para
solucionar esses problemas. No entanto, devido 3 grande semelhanca estrutural dos
componentes, os coeficientes de partigio nfo sfio suficientemente diferentes de modo a
permitir total conversdoc em um Unico estagio, sendo necessdrio o emprego de um extrator-

reator contra-corrente e multi-estagios.

A avaliagdo da hidrélise de PenG em sistema batelada e bifésico {acetato de butila
¢ Agua) em valores baixos de pH (3-5), e em um reator em contra-corrente e multi-estagio
apresentaram resultados promissores no desenvolvimento e progresso para a producdo de 6-

APA em sistema intensificado de reacfic ¢ purificac8c. Nestas condicles, o pH decresce
1



favorecendo a migracio de PAA para a fase orghnica e a cristalizacio de 6-APA. Ambos
fendmenos, separaciio dos produtos em diferentes fases e cristalizacdo do 6-APA, deslocam
0 equilibrio no sentido de conversdo do substrato e, conseqglientemente, promovem umsa alta
produtividade e alta pureza dos produtos. Esses produtos ji purificados sfc utilizados em
etapas subseglientes. O PAA ¢ reciclado e usado na fermentacfo de Pen(G e o 6-APA €

usado na sintese de antibidticos semi-sintéticos, como amoxiciling ¢ ampicilina.

Os objetivos deste trabalho foram a avaliagfo da atividade ¢ da estabilidade da
penicilina amidase imobilizada a ser usada, e a determinagfio da cinética de cristalizagfio do
produto (6-APA), visto que nfio se tinha o conhecimento de aplicag8o desta enzima e de
cristalizac8o do 6-APA 3 baixos valores de pH 3-5 e em sistema bifisico dgua e acetato de
butila. Além dos dados cinéticos de atividade enzimatica e de cristalizac8o de 6-APA, foi
desenvolvide wm modelo no intuito de fornecer as melhores condiges de operacéo do
sistema confra-corrente em multi-estagio. Este trabathe ainda incluiu a revisfo de
bioreatores extrativos como maneira de auxiliar na selecBo da melhor configuracBo de um

reator-separador a ser empregado na hidrélise de PenG nas condigBes desejadas.

As informacdes obtidas neste trabatho viabiliza a instalacBo de um reator multi-
estagio em conira-corrente para a realizacfo da hidrélise de PenG em 6-APA ¢ PAA em
escala de laboratorio no intuito de dar prosseguimento aos avangos nos processos de sintese

de antibiticos semi-sintéticos.
O conteudo deste trabalho seré apresentado na seguinte forma:

A RevisSio Bibliografica apresentada no Capitulo II engloba informactes

necessarias para uma melhor compreensfio das etapas que foram desenvolvidas.

O estudo da atividade e estabilidade de penicilina amidase {Assemblase®) esta
apresentado no Capitulo III. As analises foram realizadas a baixos valores de pH, em
sistemas tamp0es de fosfatc de potéssio saturados com acetato de butila e foram utilizados

dois métodos para a determinacfo de atividade e estabilidade da enzima: titulométrico e

3



analise por HPLC. Além disso, pardmetros da cinética de degradacfic de PenG e 6-APA

também foram determinados.

A avaliagdo da cristalizac8o do 6-APA € descrita no Capitulo IV, Os ensaios foram
realizados em batelada, 2 pH 4 ¢ 5 ¢ na presenga de impurezas (BuAc, PenG e PAA). A
partir desses ensaios, os parfmetros cinéticos da taxa de mucleacfio e de crescimento dos

cristais foram determinados ¢ a imfluéneia das mmpurezas avaliada.

O modelo termodindmico que descreve as concentragdes de equilibric dos
compostos no sistema bifisico € apresentado no Capitulo V. Este modelo calcula o pH e as
concentragdes do substrato e produtos nos estdgios do reator contra-corrente. Os dados
fornecidos pelo modelo podem ser utilizados para otimizar as condigfes de operacdo do
reator bifdsico mult-estdgioc (ponic de alimemiac8o, vazfc voluméirica das fases e

concentragio micial do substrato).

O Capitulo VII corresponde a um revisdo da literatura sobre a aplicacfo de
sistemas intensificados em reagdes enzimaticas de forma a apresentar uma selecdo de tipos
de biorreatores extrativos de acordo com as diversidades encontradas nas reacfes
biocataliticas. A apresentacfo dos tipos de equipamentos foi ilustrada com as vantagens de
cada configuragio, as com as resiricbes dos processos biocataliticos e com 0s exemplos
praticos de aplicacfio. As informacdes dos critérios de seleco e dos tipos de biorreatores
foram agrupadas em uma tabela de facil consulta para a escolba do tipo de configuracio
desejada.

As conclusGes e as propostas para trabalhos futuros estio apresentadas nos

Capftulos VII e VIII, respectivamente.

()



CAPITULO 11

REVISAO BIBLIOGRAFICA

3. Penicilinas

As penicilinas possuem um nucleo basico derivado do 4cido 6-aminopenicildnico
(6-APA), ac qual encontra-se ligado um grupo prostético designado por (R) (Figura 1). O
nicleo comum € constituido por um anel tiadiazdlico (A) ligado a um anel beta-lactdmico
{B). O grupo prostético € o responsavel por muitas das caracteristicas farmacoldgicas e
antibacterianas de cada tipo de penicilina. Das penicilinas obtidas por processos naturais, as
Unicas empregadas em clinica s8o 2 penicilima G (benzilpenicilina) e a pencilina V

{fenoximetilpenicilina), esta Gltima também obtida por sintese parcial.
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Figura 1: Estrutura molecular da penicilina



A penicilina G € obtida industrialmente por fermentacio a partir de cepas de
Pencilliwm notatum ¢ Penicillium chrysogenes. Apesar de sua enorme utilidade terapéutica,

a Peniciling G apresenta trés grandes desvantagens:
1. ¢ degradada pelo suco acido do estbmago, o gue impede sua utilizagho por via oral;

2. ¢ destruida pela B-lactamase {penicilinase}, o que a torna ineficaz no tratamento de

infecgdes por produtores dessa enzima;

3. seu emprego clinico ¢ freglientemente acompanhado de manifestacles de
hipersensibiidade.

Esses trés fatores levaram 2o desenvolvimento do grupe das penicilinas com

modificacbes estruturais, surgindo, assim, a era das penicilinas semi-sintéticas.

A descoberta das penicilinas semi-sintéticas (penicilinas obtidas pela combmacio
de processo de fermentagfo, o qual fornece o 6-APA e o processo quimico, com a
colocagBo de radicais a esse miicleo), representou avanco de grande importdncia na
obtencfio de dertvados com acgdes especificas, além de permitir sua produgio mdustrial em
larga escala. Todavia, faz-se necessdrio pesquisar novas rtofas de producdo mais

econdmicas € que produza menos residuos (Andersson ef al., 2001).

2. Antibiéticos B-Lactimices

A produco industrial de antibiGticos B-lactdmicos e seus intermedidrios, baseada
na estequiometria de conversdes quimicas tradicionais, estd sendo substituida por processos
catalisados por enzimas desde que em condigbes moderadas (meio aquose, pH neutro ¢
temperatura moderada). No entanto, a maioria dos processos amda emprega a hdrodlise
quimica da Penicilina, sendo todos em meio aquosc e pH 7-8. Apenas recentemente, deu-se
inicic a processos de sintese enzimatica para os antibidticos semi-simtéticos. O
desenvolvimento de pesquisa nesta drea permitiu grande avango na producio em larga-
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escala de antibibticos de alto valor, tais como, amoxiciling, ampicilina, cefaclor, cefadroxila
e cefalexina. O esquema de produgho de antibidticos derivados da peniciling, denominados
Penicilinas Semi-Sintéticas (PSS), como por exemplo, a amoxiciling e a ampiciling, ¢ de
antibiéticos derivados da cefalosporina, denominados Cefalosporinas Semi-Sintéticas

{C88) esta apresentado na Figura 2 (Bruggink ef of., 1998, Sodiy er al., 1984).

Figura 2: Esquema das reac0es para produgdio de antibidticos semi-sintéticos derivados da

penicilina e da cefalosporina (Bruggmnk ef al., 1998).

Na abordagem quimica tradicional, a peniciina G, que € um produte da
fermentacfo, ¢ desacilada a 4cido 6-aminopenicildnico (6-APA). Por outro lado, o acido 7-
aminodesacetoxicefalosporanico (7-ADCA), que € um intermedidric usado na producio de
duas das CSS mais vendidas, pode ser obtido pela expansgo oxidativa da PenG seguida por
uma desacilacio semelhante. Em seguida, o 6-APA e o 7-ADCA sdo transformados em
PSS e CS§, respectivamente, pela condensacio com um derivade da D(-) fenilglicina ou da
D{-) hidroxifentlghicma {Bruggink ef «/., 1998, Bailey e Ollis, 1986).



A peniciing G amudase (PGA) ¢ usada para converter a PenG em 6-APA,
molécula de cardter anfétero e precursor de penicilinas semi-sintéticas e em &cido
fenilacético (PAA), inbidor da hidrGlise. Muitas indistrias substituiram a hidrélise quimics
da cadeia lateral, que utilizava produtos quimicos prejudiciais e solvenies tais como o©
pentacloreto de fosforo e diclorometano, pela hidrdlise catalisada pela penicilina amidase

em meio aquoso (Bossi ef al., 1999, van der Wielen er al., 1996).

Na produgo do antibidtico cefalosporing, utiiza-se nfo somente a expansfo do
anel da pemciina G, mas fambém pode-se obter o niicles da cefalosporing através da
fermentacio da cefalosporina C. No entanto, a aplicacfo da catélise enzimdtica na hidrolise
da cadeiz lateral o-aminoadipila na cefalosporina C para produzir o 4cido 7-
aminocefalosporinico (7-ACA) ¢ menos desenvolvida, pois ainda nBo foi possivel

encontrar uma enzima capaz de hidrolisar a cadeia lateral o-aminoadipila.

Devido as peculiaridades de cada antihidtico semi-sintético, a sintese desses
compostos catalisada por enzimas, requer um desenvolvimento das técnicas de
condensacdc quimica e downsfream processing, empregadas & cada produio,
separadamente. Em alguns casos, como os da cefadroxila e do cefaclor, solugbes foram
encontradas com o usc do agente complexante B-nafiol, que protege o produto contra

degradacfio quimica e enzimatica durante o processc de conversdo e recuperagio.

A Figura 3 representa o esquema das reagdes de producfio dos vérios antibidticos
semi-sintéticos: ampicilina e amoxicilina, derivados do precursor 6-APA, ¢ cefalexina,
cefaclor, e cefadroxila, derivados do precursor 7-ADCA, onde os precursores reagem com

fenilglicina modificada por diferentes substituintes quimicos (R; e Ry).



ESQUEMA 1

1a: D (+) PGA (Re= 1, Ry = NHy

a: [ {-) PG (Be= H, B, = OMe

3g: D &) HPGA (Re= OH, Ry = NH;
4a: D {-) BPGM {Ry= OH, R; = OMe

Penwcilina acilase
H,O

4

ESGUEMA 2
4
B-APA H 3a: T-ACCA (Re=Lh
35 T-ADTA {Rs = Ble)
Pepgciing scilase
. o
H,O
ity ]
4a: Cefaclor (R=H, B; =
1a: Amplelling {R,= H) 45 Cefalesing (Ry™ H, By = Me)
2b: Amosicilins (£~ OH) 4e: Cefadronita (Re= O, % = Me)

Figura 3: Esquema da reacfo catalisada por enzima para os antibifticos semi-sintéticos

(Bruggink e al., 1998).

3. Bicecatalisadores

As sinteses orgénicas sfo realizadas de forma que cada ligago € feita

individualmente, devido a falta de seletividade e/ou as condigBes de reacBes incompativeis.

A alta seletividade

de enzimas em condigbes semethantes, por exemplo, em sistemas

aquosos, permite em principio o uso de varios biocatalisadores em um nico reator (reator

batelada, série de colunas, etc), justificando a substituicZo de sinteses orgénicas por sinteses

enzimaticas. Além disso, & aplicacio de enzimas como catalisadores em condigBes

moderadas resulta em significante economia de energia ¢ Agua, para a indUstria ¢ para ¢
meio ambiente (Kirk er al., 2002).

As reagles

de hidrélise sfo o uso mais comum de biocatalisadores, mas estudos

recentes indicam seu emprego em reacOes de sintese com vérias enzimas e cofatores.



Todavia, varias linhas de pesguisa precisam ser elaboradas para ampliar a utilizacio de
biocatalisadores e biotransformagSes: técnicas rapidas de andlise de grande nfmero de
enzimas {naturais ou geneticamente modificadas); métodos rdpidos e configveis para a
preparagfio de enzimas em batelada; técnicas para a determinac@io de enzimaz e de estruturas
de sitio ativo assim como das interagSes com o substrato; métodos de formulacdo, como
por exemplo, a imobilizacio de enzimas para formar biocatalisadores industriais estéveis. A
formulagfio de biocatalisadores € de fundamental fmportincia, uma vez que a imobilizagio
de enzimas pode mnfluenciar sua seletividade, eficiéncia e estabilidade (robustez do
processo). Assim, ao se melhorar a formulacdio de enzimas, o nimero de biocatalisadores
disponiveis para aplicaco industrial pode ser aumentado para alguns mithares. Além de
methorar os processos de formulac8io de enzimas, € necessédria uma mteracio mais forte
entre 2 guimica orgénica ¢ 2 biclogis molecular para gue novos biocatalisadores sejam
criados (Chaplin ¢ Bucke, 1992)

A integracio de biocatalisadores © processo extrativo na sinfese de antibibticos
semi-sintéticos (ASS) reduz o nimmero de etapas e promove beneficios a0 meio ambiente
diminuindo o vohmme de residuo orgénico. O processo de produgfio completo, no entanto, é
mais complexo devido as varias correntes de reciclo e do grande nimerc de séhdos gue
devem ser manipulados. Um melhor entendimento da agio enzimatica em nivel molecular e
um projeto racional de catalisadores aperfeicoados (incluindo imobilizacdo) sic necessérios
para alcangar processos mais ideais nos quais os reciclos sfio eliminados. Também,
downsiream processing {extracdo e purificac@io) mais adequade inchiindo, por exemplo,
adsor¢io seletiva dos produtos finais através de técnicas de reconhecimento molecular

modernas, ¢ requerido para atingir processos mais vidveis.
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4. Remeocio do Produte “In Situ”

Um dos meios para se promover a extracSo continua € a utilizacio de reacBes
biocataliticas bifasicas {dgua e solvente orglnico) gue possibilita ¢ aumenio da
concentragdo de substratos e produtos no reator; a facilidade de recuperacfic do
biocatalisador e a particio do reagente e do produto enire as fases aguosa ¢ orgénica de
forma a facilitar a recuperagfo dos compostos ¢ munimizar a imibic3o pelo produto (Lilly,
1982). Esta técnica € denominadz Remocio do Produto “in Sity”, do inglés /n Situ Product
Removal (ISPR).

A produtividade de processos enziméticos geralmente € Hmitada pelo equilibrio
termodindmico da reagfio. isto exige o emprege em excesso de um dos substratos € o
reciclo do substrato nfic convertido, sendo que o Ultimo fato caracteriza-se pelo alto custo ¢
consumo excessivo de energia. Portanto, as téenicas de Remocfo do Produto/ adotadas no
intuito de aumentar a converso do substrato (e produtividade do processo) e
simultaneamente levar a uma corrente de produto com baixa concentrac@o do substrato nio
convertido e do produto secunddrio. A técnica de ISPR ¢ baseada na catalise enzimadtica
extrativa, i.e., a integracfio entre a reagdo enzimatica e a exirag8o do(s) produto(s) em um
sistema bifasico (aquosa-orgénica) tendo como finalidade principal deslocar o equilibrio da
reacio no sentido de conversfio do substrato atraveés da extracfo de um dos produtos para a
fase orgénica. Além disso, a fase orgénica pode também ser um reservatério para substratos
de baixa solubilidade em agua. Désta maneira, evita-se a inibicdo por produto ou substrato

nos casos em que o mnibidor € transferido para a fase orgénica (van der Wielen er al., 2001).

Na aphcacio de sistemas bifasicos, o objetivo principal de se utilizar um solvente
imiscivel em agua € de minimizar a exposicio do biocatalisador a solventes orglnicos.
Deste modo, deve-se levar em consideracio a solubilidade do solvente orgénico em agua,

uma vez que o solvente orgénico pode causar a inibigdo da reagfio ou inativar o catalisador
(Lilly, 1982).

1§



Na maioria das reaces enzimaticas, os reagentes € produtos sdo estruturalmente
semelhantes, o que dificulta encontrar a fase orgdmica que o3 separe completamente. A
aplicaco de processos de separaciio em multi-estdgios é proposta para promover a
purificacBo de compostos de estruturas semelhantes. A aplicac8o de catdlise enzimética em
reacio e processos de purificacfio em multi-estdgios promove a conversio completa do

reagente ¢ ehmina etapas adicionais na purificacio de produtos.

5. Hidrélise enzimatica de Pen(G em reator contrs-corrente ¢ multi-estigio

O processo convencional de produgfo de antibiGticos semi-sintéticos a partir da
Pen(G ¢ realizado quimicamente, produzindo entre 10 3 100 kg de residuc por kg de
produto. O processo € caracterizado pelo uso de solventes orgénicos halogenados € pela
temperatura abaixo de zero, acarretando em um alto consumo de energia. Entretanto,
processos biocataliticos em sisternas aquosos € 2 temperatura ambiente geram menor
quantidade de residuos em comparacio aos processos quimicos, havendo uma reducfio de
fator de 5, para a hidrélise de PenG a 6-APA, e de fator de 3, para a sintese de penicilinas
semi-sintéticas {Van de Sandt e De Vroom, 2000).

Atualmente, no processo enzimdtico de produgdo, por exemplo, da amoxicilina
(Amox), a PenG ¢ extraida do caldo de fermentacBo com um solvente orgénico (acetato de
butila} em pH 2.0 - 2.5. Em seguida, PenG € re-extraida para a fase aquosaapH 6.8 ~ 8.0 ¢
cristalizada pela adicfio de acetato de potdssio ou acetato de sGdio. A PenG cristalina é
hidrolisada em 4cido 6-aminopenicilénmico (6-APA) e 4dcido fenilacético (PAA) a pH 7-8. O
6-APA ¢ recuperado por cristalizacio e dissolvido novamente para ser usado como
precursor na reagdio subsegiiente de sintese da Amox. O processo enzimatico (Figura 4),
compreende vérias etapas ¢ produz uma alta quantidade de residuos, principalmente pela
necessidade de adicfio de sal ou base que causa a formacio de grande quantidade de residuo
{Diender, 2001; den Hollander, 2002).
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Figura 4: Processo convencional de purificacio de PenG e biotransformago em
Amoxicilina (Hersbach ef al., 1984)

A proposta deste presente trabatho € a hidrolise de PenG em um reator muiti-
estdgio e contra-corrente (agua e acetato de butila (BuAc)), cujas etapas de hidrolise e de
purificacio dos produtos serfio realizadas em um tnico reator, evitando as perdas que

ocorrem no processe enzimatico convencional representado na Figura 4.

(Quando esses produtos so bem separados no reator contra-corrente, ambos podem
ser recuperados guantitativamente em saidas diferentes, contendo apenas a agua como
contaminante. Neste caso considera-se que hd reacfio e equilibrio de fases em todos os
estagios do reator e que as limitacSes de transferéncia de massa prejudicam o desempenho
do reator contra-corrente. A Figura 3 representa o esquema do reator bifasico em multi-

estagio.
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Figura 5: Esquema da hidrélise de Pen(s em sisterna bifisico em multi-estégio {den

Hollander, 2002).

Além disso, a formac8o e recuperaco do produto em um reator-separador {reator
de fracionamento} apresentam beneficios para sistemas com limitagBes cinéticas e
termodinfimicas simulitdneas, demonstrando ser promissora para produtos biotecnologicos
instaveis em sistemas biocataliticos sensiveis ao pH. G processo de hidrdlise ¢ purificacfio
integrado ¢ favoravel para a desacilagio de PenG, na formacie do produto principal 6-APA
e do produto secundario, PAA. Este processo permite a remocfio continua do PAA que
tende diminuir a taxa de reacdo via imbico (van der Wielen et al., 1996) e dificulta o
tratamento com modelos cinéticos, uma vez que a resposta desses modelos se distancia dos

dados experimentals na presenca de inibidores (Ferreira ef af., 2000).

Na auséncia de controle de pH, este tende a diminurr favorecendo a cristalizagio
de 6-APA. Nessas condicOes, a remocio de PAA para o0 BuAc ¢ a cristalizagfio do 6-APA
deslocam o equilibrio no sentido de conversdo da PenG. Além disso, a separaclio dos
produtos em fases diferentes, representa um processo aitamente seletivo com alto grau de
pureza dos produtos. Sabe-se que PenG sofre decomposicio em valores baixos de pH (van
der Wielen ez al., 1996; Ferreira ef o/, 2004). No entanto, no sistema proposto, o substrato

tende a permanecer em fase orgnica ¢ transferir para a fase aquosa a medida gue €
14
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consumido durante a reacdo. Este fatc contribui para que a degradacio do substrato ndo
represente empecilho para o sistema proposto, uma vez que a decomposicio de PenG

OCOITC aponas €in fase aquosa,

5.1. Aplicacio da penicilina amidase no sistema bifasico {(4zua e BuAc) em multi-

estagio.

O uso de enzimas soliveis em aplicacSes ndustriais apresenta limitacBes em
virtude do custo e das dificuldades técnicas de recuperacio e purificagfo do biocatalisador.
(Juando enzimas na forma solivel sfo wtilizadas em processos industriais, elas podem
continuar ativas mesmo apos o término do processe e em geral ndo sfo recicladas e
separadas do produto final devido ac custo do processo. A atividade enzimdtica pode
contaminar o produto. Dessa forma, um método de nativagio da enzima deve ser aplicado.
Estes empecilhos s@io superados pelo uso de enzimas imobilizadas em matrizes solidas
insoliveis em agua, permitindo facil separacio e reutilizaclio do biocatalisador e,
geralmente, promovendo © aumento da estabilidade operacional e do tempo de
armazenamento, além de favorecer processos mais econdmicos e simples. No entanto, a
atividade das enzimas imobilizadas pode ser reduzida em relagfio a enzima solivel, devido
as mudancas conformacionais na estrutura de macromolécula e resisténcia difusiona! ao
transporte de substratos e produtos no sitio catalitico. Todavia, o usc de enzimas
imobilizadas em indlstrias quimicas, farmacéuticas ¢ de alimentos se encontra em
expansfio e representa um importante ramo da tecnologia moderna (Travascio ef al., 2002;
Chaplin ¢ Bucke, 1992).

A penicilina amidase ¢ uma hidrolase N-terminal serine que catalisa a hidrélise de
Penicilina G assim como as sinteses de penicilinas ¢ cefalosporinas semi-sintéticas. A

penicilina amidase de Escherichia coli ¢ a segunda enzima mais usada pela inddsiria na
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forma imobilizada, sendo a hidrolise de penicilina sua aplicacfio mais importante {Janssen
et al., 2002, Cardias er of., 1999, Ferreira er al., 2000).

As propriedades cataliticas da penicilina amidase G ¢ a estereoespecificidade sob
condices moderadas de reag8o (meio aguoso ¢ pH neutro) representam excelentes
possibilidades de aplicac@o desta enzima como catalisador ndustrial. Todavia, algumas
desvantagens operacionais devem ainda ser eliminadas, como: fragilidade e alto custo de
recuperacdo (Cardias ef af, 1999, Gongalves ef al.,, 2003). Estes problemas podem ser
dirninuidos pela mmobilizacio da enzima (Bruggink er al., 1998, Ferreira ef al., 2000). O
desenvolvimento das técnicas de imobilizacBo lornou as reagBes enzimaticas de
condensagio vidvels economicamente, permitindo reutilizac8o do catalisador indmeras

YEZES.

No sistemna proposto para a2 hidrolise de PenG em sistema agua ¢ BuAc, o pH
tende a diminuir para valores proximos de 3. Por 1sso, faz-se necessério avaliar a atividade
¢ a estabilidade da penicilina amidase (Assemblase®) em baixos valores de pH ¢ a
influéneia do solvente orgémico. Apesar de varios trabathos na literatura descreverem 2
aplicagfo da penicilina amidase em processos enzimaticos a pH entre 5 ¢ 6 (Topgi ef ai.,
1999; Smijewski ef af., 1991; Youshko ef af., 2001; Diender ef al., 2000; Niertrasz ef al.,
1999), nio ha relatos de uso desta enzima a pH’s abaixo de 3, em virtude de possiveis

danos a estabilidade e atividade da penicilina amidase (Topgi ef al., 1999).

5.2. Influéncia de impurezas na cinética de cristalizacio de 6-APA.

Na reagfio de hidrolise de PenG em sistema bifasico, PAA transfere-se para a fase
organica a medida que € formado; 6-APA, que possui carater zwitteridnico, permanece na
fase aquosa ¢ ¢ pH sofre um decréscimo. Nestas condi¢des, em pH baixo e concentracdo de

equilfbrio superior a sua solubilidade o 6-APA cristaliza-se promovendo o deslocamento do
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equilibrio termodindmico e, deste modo, um aumento consideravel na conversdo (Diender
et al., 2002).

O 6-APA € um anfOlito gue pode existir em solucfio como uma combinagio das
espécies aniGnicas, catibnicas e zwitteribnicas, cujas concentracdes relativas sfo funcgdes da
temperatura e pH (Mwangi, 1994), As fragfes das diferentes espéeies de 6-APA em fungdo

do pH podem ser observadas na Figura 6.
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Figura 6: FragOes das diferentes espécies de 6-APA em fungdo do pH

A solubilidade do 6-APA é maior em pH’s menores ou malores do que o pH
isoelétrico, sendo resultado direto da conversio da espécie zwiteridnica nas espécies
catibnicas e amlnicas, respectivamente. O pH isoelétrico corresponde & concentracio

méaxima do zwitterion ¢ minima solubilidade, pois esta € a espécie mais estavel (Mwangi,
1994).

Apesar da importdncia do 6-APA na produgfo de antibibticos semi-sintéticos
produzidos comercialmente por véarios ancs, hd poucos estudos sobre a cristalizagdo de 6-
APA (Mwangi, 1994). Neste trabalho, os pardmetros cinéticos de crescimento dos cristais e

de nucleacio de 6-APA e a influéneia das impurezas (PenG, PAA e BuAc) sio estudados.
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Para melhor compreensdic sobre efeito de impurezas na cristalizacfo, alguns

conceitos basicos sdo apresentados a seguir,

5.2.1. Solubilidade

A presenga de impurezas pode afetar a solubilidade de um soluto de diferentes
maneiras. Raramente, a impureza ndo altera a solubilidade do soluto. No entanto, casos
mais freqiientes de aumento (salting in) e diminuiclo (salting ouf) da solubilidade sfio
registrados, podendo haver a alteragfio da natureza do sistema nos casos de formacfio de

complexos em virtude de interacBes entre o soluto e a impureza.

Uma solucBo saturada é caracterizada pelo estado de equilibrio termodindmico. No
entanto, ¢ possivel obter uma sclugdo, denominada supersaturada, contendo mais solido
dissolvido do que a guantidade representada pela saturacdo de equilibrio. No caso do 6-
APA, a soluglio supersaturada ¢ preparada ao diminuir lentamente o pH do sistema de 6-
APA concentrado sem agitacio. A condigio de supersaturagio ¢ de fundamental

importincia para as operagdes de cristalizagdo (Mullin, 1993).

A Figura 7 representa as diferentes zonas de solubilidade e supersaturacfo em

fungfo da temperatura, onde a cristalizac@io poderéd ou nfo ocorrer espontancamente.

sensafvel

T

temperstura

Figure 7: Diagrama de solubilidade-supersaturagio (Mullin, 1993)
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Na zona estavel (nfo-saturada), onde a concentracio € inferior & concentracgfio de
saturagBo, 4 cristelizaclo € impossivel, ao passo que na regifio sensivel (supersaturada), a
cristalizacdo ocomre esponiancamente, mas pfo ¢ inevitdvel A regifio meta-estdvel ¢
caracterizada por ser supersaturada, no entanto, € improvével a cristalizacio espontinea,

exceto pela adicio de sementes.
5.2.2. Nucleacdo

Um novo cristal pode ser proveniente de diferentes tipos de nucleacio, conforme

esquerna apresentado na Figura 8.

Nucleagio

Secundéria
Homogénea Heterogénea
{espontanea) (mduzida por particulas que nfo sejam o soluto)

Figura 8: Tipos de nucleacio (Mullin, 1993)

A nucleacfio homogénea € a formacio de novos cristais a partir da fase liguida em
virtude apenas da supersaturacio. A formacgfo de novos cristais na nucleacio heterogénes
da-se pela presenca de material insolivel estrarho ao sistema que por suas vez apresenta
sitios onde os cristais podem ser formados devido 2 redugfo da energia necessaria para a
cristalizagcdo. A nucleacdo induzida pela presenca de cristais do proprio soluto denomina-se

nucleacdo secunddria ¢ em certo grau ¢ similar a2 nucleacfo heterogénea. No caso de
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operacdes de cristalizagio, deve-se também citar a formacfio de novos cristais pelo atrito de

solido suspenso na solugio.

A avaliaco dos pardmeiros de nucleagfio € realizada através da determinaciio do
tempo de nducfo, definido como o intervalo de tempo em que os primeiros cristais em
solugdo sfo detectados, de acordo com a Equagdio 1, sendo gue a taxa de nucleagfio {J) €

inversamente proporcional ao tempo de inducfo (tyg) (Mullin, 1993).
w I 6y

A medida do tempo de indugfio depende da supersaturagfio inicial da sclugfo e do
método de detecclio. Nos casos em que o tempo de inducfo € detectado pela concentracio
do sohito, 2 medida dependerd da conversfio, enquanto que nos €asos em que ¢ tempo de
ndugo for detectado pela reflexo da luz, 2 medida dependerd da 4drea superficial do
cristal. {Ottens ef al., 2004). Fazendo-se uso da relacfio do ting © 2 razfio de supersaturagio S
= (/Cy, (razfio entre a concentracic da sohigfic supersaturada ¢ z solubilidade), como na

Equaciio 2
vl Felpgiey) e

a relacdio linear de Intyg e (In So)” fornece a inclinaciio % , onde 1 =2 ou 3 caso a medida
i+
seja por reflexfio ou por concentragdo, respectivamente. Sendo que o fator B € descrito por:

_ §V2Y3

(kTy

onde B é o fator de forma (igual 2 16n/3 para nicieos esféricos) (Mullin, 1993 e Prasad ef

3)

al., 2001), v e a tensfio superficial, v € o volume molecular e k ¢ a constante de Boltzman.

Deste modo a energia superficial também pode ser estimada.

20



De acordo com as consideracdes tedricas acima, a taxa de mucleacfio deve
aumentar com o aumentc da supersaturacfio e dummnuir com o aumento da energia

superficial.

{ grau de supersaturacfo € um parametro critico no controle da taxa de nucleacfo,
visto gque o tamanhoe do nfclec redur com o aumenic da supersaturagic e,
conseqiientemente, a probabilidade do micleo formar cristais € malor (Randolph e Larson,
1971).

A presenca de impurezas pode afetar consideravelmente a mucleagfo. As
impurezas soliveis podem imibir a nucleagBo devido a alteracfes na solubilidade de
equilibrio ou na estrutura da solugfio, em virtude da adsorco fisica ou quimica da mnpureza
no nacleo ou hetero-nicieo (Prasad er al., 2001). No entanto, 2 acfo de moléculas de alta
massa molecular difere da ag8o dos cations. No caso de moléculas de alta massa molecular,
estas inativam o hetero-micleo pela adsorgdo em sua superficie, ao passo que os cations
podem romper a estrutura dos micleos. A agBio das impurezas pode ser verificada por
diferentes maneiras. Por exemplo, no caso de cations, quanto maior a carga maior Sera o
efeito de inibigio (Cr” > Fe™ > AI” > Ni'? > Na"). Além disso, exister casos em que a
inibicBo pode ser reduzida quando a concentragio da impureza atinge niveis acima de uma
concentracdo limite (Mullin, 1993).

5.2.3. Crescimento dos cristais:

O mecanismo de crescimento do cristal em solugdo exige o transporte do soluto
até a superficie do cristal e, em seguida, 2 incorporacfo a rede cristalina. Este transporte €
constituido de duas etapas, uma difusional seguida pela etapa de reacfio de superficie, sendo
esta Gltima denominada etapa de integracio da particula. Em sistemas nio-agitados, por
exemplo, a taxa de crescimento € limitada pela taxa de difusdo através de um filme. No
entanto, 2 medida que a agitacfo aumenta ou a velocidade relativa entre ¢ cristal ¢ o Heor-
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mée aumenta, a taxa de crescimento atinge wm maximo € a taxa de crescimento passa a ser
controlada pela taxa de mtegracfic da particula {ou reagBic de superficie) {(Randolph e
Larson, 1971).

Taxa de crescimento do cristal (G} € dada em funco da razfo de supersaturagiio

(8) como demonstrade na Equagfo 4 (Tavare, 1595)
G=k, (S, -1f 4

Os parametros da cinética de crescimento, k; ¢ n, sdc determinados a partir de
expertmentos de cristalizacBio como sendo os coeficientes linear e angular, respectivamente,

dos graficos de In(G) versus n{S-1), onde G ¢ obtido pela medida de tamanho dos cristais
em funcio do tempo

G="2 (5)

e a razo de supersaturaco (S) € determinada de acordo com a Equacfo 6

C

5= e (©
so lubilidade

onde a solubilidade de 6-APA é avaliada usando a Equaciic 7 (Diender er al., 20600).

Solubilidade ..
So lubilidade ,, = oo - i 7

APA*"

O efeito de impurezas no crescimento de cristais ¢ amplo, podendo inbir ou
acelerar a crescimento. Algumas impurezas ainda podem agir seletivamente, atuando em
certas placas cristalograficas, ¢ conseqlientemente, modificando a rede cristalina. Certas
impurezas afetam a cristalizacBio estando presentes em concentragdes muito baixas (da
ordem de lppm), enquanto outras apresentam efeitos apenas quando presentes em

guantidades consideravelmente elevadas (Mullin, 1993).



O efeito das impurezas de inibicdo ou de aceleracdo do crescimento € devido as
mudancas de propriedades da solugfo ou a concentracBio de equilibrio. As impurezas
podem alierar as caracteristicas da camada de adsorgfio na interface solugfo cristal-solugio
e influenciar a imtegracBio de unidades de crescimento, pois podem estar adsorvidas
seletivamente em diferentes placas do cristal, principalmente se hd alguma semelhanca na

estrutura molecular.

5.3. Modelo de equilibrie da hidrélise de PenG em reator multi-estdgio e contra-

correnie.

s reatores em conira-corrente s80 uma nova classe dos reatores cromatograficos
em que duas fases imisciveis (por exemplo, L/L ou L/S) se movem continuamente em
contra-corrente. Tipos convencionais de reatores séio operados em batelada porque uma das
fases € estaciondria. Em reatores enzimiticos em contra-corrente um ou dois substratos sdo
introduzidos e enzimaticamente convertidos em dois produtos, que sfo separados

deslocando o equilibrio e direcionando as reacdes para a conversdo total.

As vantagens desse sistema sfo: producfo quantitativa em reacGes limitadas pelo
equilibrio; purificagiio simplificada do produto e reducfio do nimero de operacBes unitérias,
uma vez que pelo menos um dos substratos € convertido totaimente ¢ ambos os produios
sdo separados um do outro; € ¢ uso de sistema menos diluido ou um menor excesso do
segundo substrato. As desvantagens englobam: possibilidade de diluicSio das correntes do
produto; uso relativamente ineficiente da enzima; e projeto e construco relativamente

complexos, por ser uma tecnologia recente.

As etapas de separagfo, em batelada ou continua, podem levar a separaces quase
completas quando as diferencas entre os coeficientes de particBo dos componenties sio
elevados. No entanto, no case de os compostos apresentarem estruturas semelhantes (assim
como os ASS em estudo), o parAmetro a ser avaliade na seletividade e recuperacio, € o
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fator de separaciio S (Equacgo 8). Considerando o equilibrio termodindmico entre os fluxos
de saida de um estdgic de equilibric simples, o fator de separacio 8 relaciona o©
desempenho de separacfio a razio entre o fluxo auxiliar (V) e o fluxo de alimentacfio (L) ¢
o coeficiente de distribmig8o do componente (K).

S= K"’g (&)

Quando a quantidade da fase auxiliar (V) ou o coeficiente de partico (K)
aumentam, o fator de separacdo (S) e o grau de recuperacio na fase V também aumentam.
Para contato de muiti-estagios ou estdgic simples com coeficienie de particBo constante,
pode-se deduzir relagdes simples, enquanto que para sistemas de multicomponentes com
equilibrio termodindmico mais complexo, uma descriclio adequada exige modelos mas

rigorosos com solugdes numéricas.

O fator de separagfio S também pode ser tratado como fator de extragfio, sendo
uma medida para a razdo da capacidade dos fluxos de transportar um soluto especifico.
Quando S>1, uma maior quantidade do composto € transportada com a fase V, e quando

S<1, grande parte do composto permanece na fase L.

No modelo de hidrolise de PenG a ser desenvolvido, pretende-se avaliar as
diversas situagbes que levam a melhor separacdo dos produtos, alterando os estagios de
entrada e saida das correntes de alimentacfio (L - liquida) e auxiliar {V — liquida ou sélida).
Operacio eficiente e custo adequado podem ser obtidos reduzindo as correntes do processo
¢ otimizando as concentracdes, exigmdo configuracBes mais complexas com secgdes e

correntes de refluxo adicionais.

Além disso, o modelo identificaré a posicfio de equilibrio da hidrolise em sistema
bifasico {dgua e solvente orginico) continuo em multi-estagios € em contra-corrente como
fungdo do pH, da concentracfo de PenG na alimentac&o e razio volumétrica entre as fases

aquosa ¢ organica. Portanto, ¢ comportamento de particio dos reagentes serd também

24



descrito em fungfio destes parAmetros e combinado com os modelos de cristalizago do 6-

APA e de equilibrio da reagfo.

(O processo de modelagem € essencial para a implementagico de téenicas para a
otimizacic de custo e do desenvolvimento de estratégia de controle. Técnicas de
otimizac8o, baseadas em simulagfes de modelo cinético, promovem a redugio consideravel
do tempo e do custo. Desta maneira, a viabilidade da hidrélise de PenG em sistema bifsico

contimue pode ser avaliado pela otimizagfio das condigbes de reacfo usando este modelo.

Abaixo segue a relaclo das equagles e as consideracfes tedricas usadas para o
desenvolvimento do modelo de hidrolise da PenG. A Figura 9 apresenta o esquema de
equilibrio reaclio, de particho entre as fases aguosa e orglnica, de dissociagfio e de
cristalizacio do 6-APA.

Fase prganica
3 A b

1
i
|

i

|
K

PenG® e Penty + H* PAAT e PAA T WA e APAT
:
H
E
H
Fase aquosa APA™ {s6idp)

Figure 9: Esquema de equilibrio da hidrélise de PenG em sistema contra-corrente €
cristafizacio de 6-APA.

Pode-se observar por esse esquema que ao promover & cristalizacfio de 6-APA e a
particdo de PAA para a fase orgénica, desloca-se o equilibric de reagfio no sentido de

formacéo dos produtos.
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5.3.1. Equilibrio da hidrélise de PenG em sistema monofisico

O equilbrio da hidrélise de Pen(G em sistema aquosc pode ser descrito pela

constante de equilibrio aparente (K7, ) € pelas concentragfes dos reagentes (Equagho 9).

& gy
g = Ceaa Capa
&g, apk C&(;

Penlz

(9

Este equilibrio ¢ uma fungdo do pH e a constante de equilibrio aparente pode ser
escrita como fungfio de uma constante da reagfio de referéncia e das fragBes dos reagentes ¢

substratos a um dado pH, sendo a reacfio de referéneia dada abaixe (Diender ef gl., 1998).
PenG + H,0 55 6-APA™+ PAA + H'

Portanto, a constante de reacfio aparente torna-se:

¥
Kﬁ,app = Kref ' C ‘FPmG F (}0)

H PAAT APA™

onde Krer € a constante de equilibrio da reagio de referéncia independente de pHe F,

Fo- € F .. 580 as fragBes da PenG, PAA e 6-APA no estado anidnico, respectivamenie,

Asfragbes F, . ., F, .. eF, slo dadas pelas relagdes abaixo:

¥ o= PG }}
PenG C?en{} ( )
C

F,, =t 12

o Coan 12
C....

Frpae = féﬂg}:&w (13)

APA

Sabendo que:
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- PenG ~ mt 14
2, Penz Cpm(}n { )
C... . *C
Kopan = P.«g 2 {153
PAAT
ORI &
Ko, = " (16)
APA*
K, aon ZE& (17)
&, C

APATT

onde C; € a concentragfo ¢ K,; € a constante de dissociaglio do componente 1 (Tewarl ¢

Goldberg, 1988).

E substituindo em (11}, (12) e (13), as fragBes F,___ .

partir das relacSes abaixo:

i
PenG "~ = C . (18}
T o HE
2,PenGG
_ H
FPAA‘ - C.. (1%
| —
Ka,PAA
P = ! (20)
APAT T C . C . Z
T g €

5,APA7 Ka,APA, K

. e F,,,. podem ser calculadas a

A Tabela 1 apresenta as reacfes de dissociagio e os respectivos valores pK, que

ocorrem na faixa de pH entre 3-7 (Diender ef al., 2002).



Tabela 1: Reacdes de dissociacio e valores de pK, (Diender ef al., 2002)

Reac#o de Dissociagio XK.
HO« OH +H 14
PenG' < PenG™ +H* 2,5
APA" <> APAT™ +H” 2,5
APA™ > APA™ +H' 4.9
PAA® 3 PAA™ +H' 4,3

5.3.2. Parficdo dos componenies entre as fases aquosa e orginica

Em um sistema bifasico (orgénico ~ aquoso), 08 componentes tendem a 1nigrar
entre ambas as fases, sendc que os ecletrdlitos fracos, principalmente espécies

eletronicamente neutras migrardio para a fase orgénica (Figura 9).

O coeficiente de partico aparente {global) de um 4cido menovalente é dado por:

L CoE
CH  CECH @D

@Pp
Kp,i -

1

De acordo com as relacdes indicadas pelas Equacdes 18 a 20, e substituindo na
equaciio acima, observa-se que o equilibrio de particio depende do pH e o coeficiente de

particio aparente em fungfio do pH pode ser descrito como segue:

Ko =K F, (22)
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onde K é o coeficiente de particio intrinseco (pH — independente) e E, é a fragio da

espécie do componente 1 eletricamente neutra, que sdo calculadas pelas Equactes 18 a 20,
5.3.3. Eguilibrio bifdsico

Na hidrolise enzimatica de PenG, em sistema bifiisico (agua e solvente orgénico),
considera-se que a reagdo ocorre apenas na fase aquosa ¢ a medida que PenG ¢ hidrolisada,
os componentes migram diferentemente entre as fases aguosa ¢ orglnica até que os
equilibrios de particdio e de reacfio sejam atingidos. Nessa condicBio de equilibrio, um
balango de massa para cada componente pode ser formulado para as fases aguosa ¢

OTgANICE.
o, = (0 +CH) vy (23)

onde n € o nimero de mols € V € o volume das fases aquosa (aq) e orgénica (org), sendo
considerado esse volume constante ao longo de todo o processo extrativo. Os balangos

estequiométricos para a reacdo enziméatica sfo dados a seguir:

ril’fzn{} =f

PenG® Hpas (24}

Dpps =Ty, (25)

A combinaciio dos coeficientes de particdo (Equagfio 21), dos balangos de massa
(EquacBo 23) e estequiomeétricos (Equaces 24 e 25) dard para cada componente a
concentracio na fase aquosa como fungfo da concentragfo de PAA na fase aquosa, dos

coeficientes de particio e dos velumes das fases.

Ou seja,

_eg fyra oy app
o _n?enc;° CPAA (V +V Kp,}’AA)
Per(G — aq org app

(Ve +vee k7

(26)
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o cu, (v= v k® ) o
fve o Ko }

| o APA

A substituicBo das equagBes acima na Equacio 9 e a utilizacBio da Equagho 10
fornecerdo a concentracfo agquosa de PAA em funcio do pH do gual todas as concentrac8es
nas fases orgémcas ¢ aquosas podem ser calculadas. Todavia, em sistemas biféisicos € mais
conveniente expressar a constante de equilibrio de reacBio em termos de concemiraglo
global (bifasico) (Martinek e Semenov, 1981). Estas concentracBes bifasicas sfo dadas pela
Equacfio 28

1+<3-K§ff

CHz®.
' ' [N

2%)

. o s - Vo o
onde « € a razio voluméirica entre as fases aquosa e orgdnica o = e ( equilibrio de

reacdo bifasico € entfo expressa como

l+a-k®,, ) l+a-K7,, )
(1+a)-(i+a-KﬁwG}

bi Bi
Kbi _ CPAA 'CAPA
2q,APA T

(29)

. =K3 opa-
Cru e

Usando as constantes de dissociacfo dos reagentes representadas na Tabela 2, o
valor de K de ?,35*10‘8 + LS*IG’S (Tewari e Goldberg, 1988) ¢ a raziio voluméirica o

bi

experimental, o valor de K, ,,, que pode ser calculado em func8o do pH.

5.3.4. Equilibric da reacdo trifdsico

Se a concentracdo de equilibrio de 6-APA em fase aquosa exceder sua
solubilidade, 6-APA se cristaliza. A cristalizaciio de 6-APA ¢ favoravel 4 conversfio a
medida que a hidrolise ocorre, pois o equilibrio € deslocado (Figura 8). A solubilidade de 6~
APA pode ser relacionada como funcéio do pH da seguinte forma (Diender ef al., 2000).
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= 30)
= (30)

ARATT

onde S, € a solubilidade da espécie zwiteribnica de 6-APA. Para o célculo da constante
de equilibric bifisico aparente, a solubilidade da 6-APA (5,,,) deve ser usada nas

Eguagbes 9 e 29 ao invés da CT., , simplificando estas equacBes

5.4, Biorreatores extrativos

Viste a necessidade de encontrar um sistema adequado para realizar 2 hidréhise de
Pen( experimentalmente, fez-se uma reviso bibliografica dos diferentes tipos de reatores ¢
extratores que poderiam ser acoplados e aplicados na hidrolise enzimatica de PenG,
levando em consideragio as condigdes do modo de operacdio continuo, catalise pela
penicilina amidase imobilizada e separagfio dos cristais de 6-APA juntamente com a fase

aquosa.

Com base na ampla informacio adquirida com relacfo 2 diversidade dos tipos de
sistemas que podem ser empregados em processos integrados de reacdo e de extrago e as
diferentes condigdes das biocatalises empregando a técnica ISPR, decidiu-se agrupar estas
informagSes em uma revisdo sobre biorreatores extrativos ¢ indicar um esquema de escolha

do tipo de sistema a ser adotado dependendo das caracteristicas da reacfio.

De forma geral, hd uma abordagem para a selecdo de processos e o design de
biotransformacdes. As primeiras etapas envolvem a identificacdio das restrigbes e das
caracteristicas dos reagentes, produtos ¢ biocatalisador. A etapa seguinte corresponde 3
identificacdo das opgbes de processo mais adequadas possivels com base nas restricdes jé
estabelecidas. Diante do numero limitado de possibilidades, experimentos devem ser
realizados no intuito de aprimorar a seleclo e design do processo e, finalmente, testar os

possiveis efeitos de scale-up (Lilly, 1999).
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CAPITULO 111

A apresentacdo deste capitulo corresponde ao artigo publicado:

1.8, Ferreira; A.J.J. Straathef; L.AM. van der Wielen; T.T. Franco. Activity and
stability of immobilized penicillin amidase at low pH valwes. Journal of Molecular
Calplysis B - Engymatic. v. 27, p. 29-35, 2004,

Este capitulo corresponde & avaliagio da atividade e estabilidade da penicilina
amidase (Assemblase®) em condicdes de baixo pH e solugSes tamponadas saturadas com
acetato de butila. As analises foram realizadas a baixos valores de pH, em sistemas tampdes
de fosfato de potéssio saturados com acetato de butila e foram utilizados dois métodos para
a determinacio de atividade e estabilidade da enzima: titulométrico e analise de
conecentracio por HPLC. Além disso, parfmetros da cinética de degradagfo de PenG e APA

também foram determinados.

O método titulometrico se mostrou mais ecdnomico ¢ pratico do que as andlises de
HPLC. No entanto, sua aplicacfio nfio ¢ recomendada para pH 4.5 — 5.0, devido a baixa
precisfio nesta faixa. A maxima atividade enzimética comprendeu 2 faixa de pH 8.0 -9.0 ¢
a enzima permaneceu estivel mesmo a baixos pH’s (3.0 — 6.0). Embora a atividade
enzimética sofra um decréscimo de aproximadamente 80%, isto nfic representa empecitho
para sua utilizacBo em processos a baixos pH’s, podendo ser perfeitamente vidvel seu

emprego na hidrolise de PenG na processo continuo bifasico dgua-acetato de butila.
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ABSTRACT

Penicillin amudase 15 being used widely m the production of semi-svnthetic -
lactam antibiotics. Usually processes are at pH 7 to &, but for many new applications the
range of pH 3 to 6 is of interest too. Therefore we studied the activity of penicillin amidase
at 25° C in potassium phosphate buffer of pH 3.7 to 9, as well as its stability i potassium
phosphate buffer of pH 3 to 6. At each pH the enzyme was stable during at least 32 days.
On the other hand, immobilized penicilin amidase incubated in butyl acetate lost its
stability, showing after 32 days a decrease of 52% in relation to its initial enzymatic activity
value. In phosphate buffer, the enzyme showed the highest activity at pH § to 9. A gradual
decrease to about 20% of this activity occurred when the pH was decreased 10 3.7. At even
iower pH the enzyme activity could not be determined with the assay that was used due to a
very low stability of pemcilinc G (PenG). The course of penicillin G conversion and 6-
aminopenicillanic acid (APA) production, during enzymatic hydrolysis at pH 4, could be
quantitatively described by a simple model when the thermodynamic equilibrium of the

hydrolysis was taken into account.

Keywords: penicillin amidase; immobilized enzyme; two-phase reaction; penicillin G
hydrolysis; pH optimization.
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i. introduction

Enzymes are extensively used in the food, pharmaceutical and chemical industries,
as well for amalytical purposes. One particularly important enzyme is penicillin amidase
(B.C. 3.5.1.11) (Arrove ef al, 2003; Fernéndez-Lafuente ef af, 2003). Eozymatic
hydrolysis of penicillins to 6-aminopenicilianic acid (APA) and phenyiacetic acid {PAA)
by penicillin amidases is used widely in industry. Therefore, much research has been
devoted to the study of the kinetics of hydrolysis of penicilin G (PenG) by penicillin
amidase as a function of the concentration of substrate and products, pH, temperature,
buffer type and concentration, and cosolvent type and concentration (Danzig ef al., 1993;
Ilanes er al., 1996; Azevedo et al., 1999; Erarslan and Giiray, 1991; Diender ¢f af., 1998).
Most of these works focus on pH 7 1o &, the optimum range for PenG hydrolysis in purely

aqueous systems and do not provide systematic studies at lower pH.

Novel reactor configurations are being investigated for enzyme conversions, to
enhance their yield and rate, which is in many cases low or even too low for feasible
processes. In particular, integrated reactor-separator systems allowing for in situ product
removal (ISPR) offer potential improvements, i.e., two-phase reactors (Van Sonsbeek er ol ,
1993). These systems are tuned at high volumetric capacity and will hence operate under
extreme conditions, relative to the ‘normal’ physiological operation of enzymes
(Fernandez-Lafuente ef al., 1996).

The biphasic system allows the separation of both reaction products due to
extraction of PAA to the organic phase and precipitation of APA (Van der Wielen ef al
2001; Chilov and Svedas, 2002). Nevertheless, in a two-phase system, a pH increase above
pH 4.4 bhampers extraction of phenylacetic acid into organic phase, prevents APA
precipitation, and in contrast to the homogeneous reaction, does not improve hydrolysis
{Den Hollander ef al., 2002).
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For pemecillin hydrolysis a counter-current multi-stage reactor without pH control
15 being developed (Diender ef al., 2002). In this reactor the pH drops to values as low as 3,
depending on the progress of the reaction and concentration of substrate. Therefore it is
worthwhile to study enzyme stability and activity under these extreme conditions including
pH range 3 to 4. Furthermore, a relatively low pH has been used for many synthesis
reactions catalyzed by penicillin amidase for which commercial processes are under
development (Smijewski ef al. 1991; Diender ef of., 2000; Topgi ef al., 1999; Schréen er
al., 1999; Nierstrasz ef al., 199%; Youshko et al., 2001). Such as the syntheses of loracarbef
at pH 6, amoxicilhn at pH 5.5 — 7, xemilofiban intermediate at pH 5.25 - 6.23, cefamandole
at pH 4.25 and ampicillin at pH 6.3. A pH below 5 is believed to have a detrimental effect
on penicillin amidase stability and activity (Schréen er al., 1999; Nierstrasz et al.).

For an evaluation of enzymatic hydrolysis of Pen(G at low pH, the stability of
Pen(G and the maim product, APA, have to be evaluated. Phenviacetic acid is known 1o be
stable. Penicillin G is unstable in agueous solution at acid or alkaline conditions (Arnott
and Weatherley, 1995; Reschke and Schiirgel, 1984; Benedict 2r al., 1945; Llinas et al,
1998 and 2001; Levine, 1961; Kheirolomoom ef al., 1999; Kim and Lee, 1996; Illanes and
Fajardo, 2001) and the half-life time may change if the aqueous phase becomes saturated
by butyl acetate (Reschke and Schiirgel, 1984). The decomposition kinetics is 1™ order with
maximum stability about pH 6 and the degradation rate of penicillin is much higher at a low
pH than at a high pH. There is not much information about degradation of APA in the
literature. Studying APA degradation in the pH and temperature ranges of 5.8-6.6 and 35-
90° C, respectively, Dennen (1967) showed that the degradation follows pseudo-first order
kinetics. At higher pH, higher orders of degradation rates were determined. Furthermore,
the author found in all temperature ranges the highest stability at approximately pH 8.

In this work we will only consider a temperature of 25° C, which is used for
countercurrent reactor development (Chilov and Svedas, 2002; Diender ez al., 2002). In the
countercurrent reactor the aqueous phase will be saturated with butyl acetate, and the
influence of this solvent will be studied as well.
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Z. Wiaterial and methods

2. 1. Materials

Potassium di-hydrogen phosphate (anhydrous extra pure), di-potassium hydrogen
phosphate, 85% ortho-phosphoric acid, potassivm hydroxide pellets, butyl acetate (BuAc)
and acetonitrile were purchased from Merck (Darmstadt, Germany). Phenylacetic acid
{PAA) was purchased from Fluka Chemika (Steinheim, Switzerland). All reagents were of
analytical grade. Penicillin G potassium salt (PenGK), 6-aminepenicillanic acid (APA) and
Assemblase® were kindly provided by DSM, Delfi, The Netherlands. Assemblase® is an
immebilized penicillin G amdase from Escherichia coli, an in-house enzyme of DSM anti-
infectives. The enzyme is supplied in 2 propylene glycol-water solution. The enzyme was
washed with Milli-Q water pnor to use and fikered to dryness.

2.2, Standard enzyme assay

The standard assay was performed at pH 8.0 in a magnetically stirred glass reactor,
at 25° C. PenGK salt (1.00 g) was dissolved in 50 mL potassium phosphate buffer (40 mM)
saturated with butyl acetate (BuAc). The reaction was started by the addition of 450 - 500
mg of enzyme. The pH was kept constant, using 0.250 M KOH in a digital burette.

During the initial part of the reaction (5 min}, the burette reading was recorded. At
pH 8.0, the number of the moles of KOH addition corresponds to the number of moles of
PenG (mpenc) converted into APA and PAA. These assays were carried out in duplicate. The
initial reaction rate was determined from linear regression of time-course profile and the

enzyme activity (4) was calculated from:
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2.3, Degradation of penicillin G and 6-aminopenicillanic acid

The degradation of PenG was evaluated at pH 3.0, 3.5, 40 and 4.5, 10 2
magnetically stirred glass reactor at 25° C. PenGK salt (1.00 g) was dissolved in 50 mL
potassium buffer (40 mM) saturated with BuAc. The pH was controlled using a pH stat
system with H:PO, (40 mM) as titrant. To prevent significant dilution the pH control
procedure was preceded by a pH adjustment with some dfops of HzPO; (85%) for pH 3.0,
HaPO, (6.5 M) for pH 3.5 and H:PO: (0.1 M) for pH 4.5 and 4.0

Samples were withdrawn, filtered (Millex by Millipore, 0.45 pm pore size), and
added to Eppendorf tubes filled with 1.5 mi. of cold (4° C) KOH solution, in a way to
adjust the pH of the sample to approximately 6.5 - 7.5. The samples were analyzed for
Pen( in duplicate by HPLC.

For the degradation of APA, experiments were carried out at pH 3.5, 4.0, 4.5 and
5.0 in similar procedure. However, after samples were withdrawn and filtered, 1 mil was
diluted into 25 mL before HPLC analysis for APA.

2.4, Influence of pH on enzyme activity

Reactions at pH 4.0, 4.5, 5.0, 6.0, 7.0, 8.0 and 9.0 were carried out to determine
the enzyme activity. The standard assays were allowed to take place in 40 mM potassium
phosphate buffers saturated with BuAc. The buffers were prepared by mixing different
volumes of aqueous solutions of KoHPQy, KHoPO, and H;PO4. The titration solutions were
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KOH (0.25 M) for pH 5.0, 6.0, 7.0, 8.0 and 9.0 and H;POy (40 mM) for pH 4.0 and 4.5,
Especially for 4.0, and 4.5, the pH of the reaction medium had to be corrected with H;PO;4
solution (0.1 M) right after adding PenGK sall, since the pH increased as soon as PenGK

was added.

At pH values below 7.0, the number of moles of acid or base added in the titration
method does not correspond to the number of moles of PenGK transformed in products.
The dissociation staie of the reactants should be taken into account. As the pH decreases the
fractions of the negative forms decrease (FpenGminus, ZPAAminss 200 Fapamngs) While fractions
of the positive (Fapaples), zwitterionic (Fapaminusipins) ©F uncharged (FrenGunchargeds
Fpasuncharged @04 Fapauncharges) fOrms start to be produced (Chilov and Svedas, 2002).
Therefore, at low pH the reaction is not acidifving anymore but producing base. The net

charged fractions of each component are shown in Figure 1.

10 ———
08 -
06
E
?é ------- —Fe-APAplus
04 F6-APAmin
R =118 103
0.2 1 - -FPAAmn
OG . - o “\ . . —
0 2 4 6 3 10

pH

Figure 1: Fraction of the charged species of the reactants as part of each reactant’s total
concentration. Calculation performed with the dissociation constants in Diender ef o/,

(2000).
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For these species, the charged amounts are related to the overall amounts as

follows:

Rapagles = I APApius X BAPA {)
Paphminas = £ APAminus X FIAPA (3
PpenGminus = ¥ PenGminus X FPenG 4)
FpaAmings = & PAAminus X 7IPAA {5}

These charged amounts can be substituted in the charge balance:

Hgpius T MAPAplus + Pppius = HH2PC4minus T 2 X Pppodminusz T PPenGmioss T FAPAminus T PPAAminus T

PO Hminus (6}
After eliminating napa and npas using the stoichiometric balances,
ApenGO ™ MpenG; T FAPA ™ HpenG T HlpAA {7

Equation 8 is obtained.

- ﬂKpius + {_EAPAplus + E'%PAminus + ‘F;)Aéminus )X Flpanco — nH;)lus + n§{2P{)4minas +2x nHPOA‘lmimsE + nOHminus

7 ==
Penl . F . F

APAplus PenGininus + F APAnsinis + F PAAmts

(8)

knowing the values of the added amounts of potassium, phosphate and penicillin, the

activity can be calculated.

Besides the recording of the burette reading, in one of the duplicate series of
experiments, four to six samples {500 ul) were withdrawn from the reaction mixture afier
the start of the reaction with 1 minute intervals and filtered (Millex by Millipore, 0.45 um
pore size) to remove the enzyme and stop the reaction. As the reaction occurred, APA and
PAA were formed and they were detected by HPLC. The initial reaction rate was
determined based on the amount of APA produced. For the assays at pH 4.0 and 4.5, the
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filtrate was collected in Eppendorf tubes filled with 1.5 mL of cold (4° C) KOH, in order to

correct the pH to 6.5 — 7.5 and avoid decomposition of the compounds.

2.5. Influence of pH on enzyme stability

Potassium phosphate buffer (40 mM) at pH 3.0, 4.0, 5.0 and 6.0, was mixed with
BuAc. The saturated phases were separated with a separation funnel. Afier washing with
water and filtration to dryness, the enzyme (450 — 500 mg) was incubated in 1| ml of five
different solutions, namely the four potassivm phosphate buffers of pH 3.6, 4.0, 5.0 and 6.0
saturated with BuAc and with BuAc solution saturated with potassiun phosphate buffer of
pH 6.0. The incubation was performed in closed Eppendorf tubes at 25° C, for different
mtervals. After this interval the remaining activity was measured. The content of the
Eppendorf tube was transferred to the reaction vessel, mixed with 49 ml of potassium
phosphate buffer of pH 8.0 saturated with BuAc, and the standard enzyme assay was
performed.

2.6. HPLC analysis

The samples were analyzed by HPLC (Waters), using a C18 - Delta Pak column
(particle size - 5 pum, Pore size - 300 A, columm size — 3.9 X 150 mm), and C18 ~ Platinum
EPS column (particle size - 5 um, Pore size - 100 A, column size — 4.6 X 250 1om), and UV
detector. The mobile phase was 28:72 (v/v) of acetonitrile and 0.64 g L™ KH,PO, agueous
solution, the pH was adjusted to 2.75 with H3PO,. The flow was 0.7 mL min, in the Delta
Pak column and 1.0 ml min” in the Platinum EPS column. The elution times of APA,
PAA and PenG were 2.2, 5.3 and 9.0 min, respectively, when analyzed in the Delta Pak
colurmn and 3.3 min, 7.7 min and 13.9 min in the Platinum EPS column.
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3. Hesults and discussion

3.1. Influence of pH on degradation of peniciliin G and 6-aminopenicillonic acid

During enzymatic activity assays at low pH the chromatograms showed peaks not
identified as APA, PAA or PenG, indicating that spontaneous degradation of some of the
reactants occurred. Therefore, this background of degradation of PenG and APA was

investigated.

At pH 4.5 in the absence of enzyme, there was no degradation of Pen( within 5
min of reaction, the duration of the enzymatic assay. However, a peak with retention time
of 4.8 — 5.0 min was present in the chromatograms of pH 3.0 - 4.0. No APA or PAA was

formed.

Logarithmic plots of PenG concentration against time were linear for both pH
values indicating first order degradation. The degradation rate constants were determined
from the siope of these graphs. The values of the degradation rate constants {see Table 1)
correspond to half-life times of 21 min, 210 min and 780 min at pH 3.0, 3.5 and 4.0,
respectively. Table 1 also presents the data reported in the literature. The results are within
a wide range of values, probably due to the different methods employed to determine the
concentration of PenG, such as colorimetric, NMR, and HPLC. We assume that the HPLC
method used by us is the most accurate method. According to the last two data in Table 1,
butyl acetate does not influence the PenG degradation.
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Table 1: Values of degradation rate constant of PenG in aqueous solution.

pH T¢C ke (07 Thaitiite (D) Reference

3.0 25 1.932 0.35 This work’

3.0 25 1.602 (.68 Kheirolomoom er al. (1999}
3.0 33 1.140 0.60 Llings et al. (1998)

3.0 24 0.294 2.33 Benedict ef al. (1945

3.5 25 0.198 3.50 This work

3.5 25 0.252 275 Kherolomoom ef . {1999}
3.5 35 0.450 1.53 Llings et al. (1998)

4.0 25 0.053 13 This work”

5.0 25 0.0108 64.2 Reschke and Schiirgel (1984)
5.0 25 0.0096 72.2 Reschke and Schiirgel (1984)

" aqueous solution saturated with BuAc

Degradation of APA was determined at pH 3.5, 4.0, 4.5 and 5.0 and it turned out
to be much slower than degradation of Pen(G. The values of first order degradation rate

constants are shown in Table 2.
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Table 2: Values of degradation rate constant of APA at 7=25"C.

PH ks (B9 traitsige (B)

3.5 0.0085 82

4.0 0.0058 120

4.5 0.6053 131

5.0 0.0036 192
32 influence of pH on enzyme aciivity

In order to check the reliability of reaction set up, some preliminary assays were
carried out m aqueous and m phosphate buffer solution (resuits not shown). The most
reliable results were obtained with phosphate buffer solution, since the variation of pH is

large in unbuffered agueous solution and the accuracy of the results was low.

No difference was found between the data obtained from preliminary assays
involving potassium phosphate buffer and from assays involving potasstum phosphate
buffer saturated with BuAc. This is in agreement with previous results on the influence of
organic solvents on penicillin amidase (Kim and Lee, 1996; Ilianes and Fajardo, 2001).

The influence of pH on penicillin amidase activity is shown in Figure 2, which
presents results from both the titration method and HPLC analysis. The highest activity is
about 280 umol ge,” min” and occurs in the range of pH 8.0 and 9.0. It is worth to pomt
out that enzyme activity is still about 50 pmol gen,  min” at pH 3.7. At even lower pH, the
enzyme activity could not be determined due to the instability of PenG. For pH above 5.0,
the data obtained from both methods were similar (Figure 2), although the HPLC resulis
showed higher errors taking into account a 95% confidence Limit. Nevertheless, the
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application of the titration method is not recommended for pH's close to pK, of APA. Like
in earlier work (Diender ef al., 1998 and 2002; Chilov and Svedas, 2002), the value used to
calculate the fraction of the Equation 3 was 4.9, however the literature also reports values
from 4.6 to 5.4 (Svedas ef al, 1980; Tewari and Goldberg, 1988). As this value is not

orecisely known, an error can occur in the calculation of the APA fractions and

consequently, in the determination of enzyme activity by Equation 1 and §.

500
g
5 400 -
=
&
< 300 - . -
2 ? T : *
g 700 - T =
37 ¢
£ X
% 10 - ¥ & titration method
< £z % HPLC analvsis
a : - . .
2 3 4 5 & 7 g g 10

Figure 2: Enzymatic activity of penicillin amidase including 95% confidence range.

In order to determine if diffusion limitation of PenG in the immobilization matrix

might have influenced the data, the efficiency was calculated. By assuming that the average

diameter was 0.42 mm and the diffusion coefficient of PenG into the catalyst was 0.2%107

m gt (Van der Wielen, 1996), the characteristic time for diffusion was calculated to be 222

s. At the highest initial reaction rate, the first order reaction characteristic time was 22 min.

The ratio of these values provided a Damk&hlery; number of 0.18, which means that the

efficiency was 100%.The buffer concentration was approximately equal to the reactant

concentration so that pH gradients in the particles were absent {Van der Wielen, 1996).
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3.5 Stability of penicillin amidase

Figure 3 presents the results of residual activity of pemcillin armidase after
incubation in phosphate buffer sclution saturated with BuAc at pH's 3.0, 4.0, 5.0 and 6.0
and incubation in BuAc saturated with potassium phosphate buffer of pH 6.0, The plot
shows that the enzyme remained stable in agueous solution at each pH during at least 32
days, despite of the presence of BuAc. This provides large opporiunities for developing a
counter-current enzymatic hydrolysis of PenG o a two-phase system of BuAc and water
{Diender ef af., 2002). The incubation would have to be extended or carried out under more
stressing conditions to determine at which pH the enzyme would show maximum activity,
but this was beyond the scope of this study. However, a 58% decrease of the enzyme
activity in the standard assay at pH 8.0 (280 umol g.,,' min''} cccurred upon incubation in
BuAc saturated with potassium phosphate buffer of pH 6.0 during 32 days corresponding to
enzyme activity of 117 umol go," min” This may be explained by denaturation. The
titerature (Klibanov, 1997, Ebert ef ¢/, 1998, Fernadez-Lafuente ef o/, 1999} reporis
inactivation of most of the industrial enzymes (free or immobilized) when they are

mncubated in organic solvents with the same polarity of butyl acetate.
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Figure 3: Stability of penicillin amidase incubated in bufler solution saturated with BuAc at
pH’s 3.0, 4.0, 5.0 and 6.0 and in BuAc saturated with potassium phosphate buffer for 32
days. The data were determined by titration method. Similar results were obtained by

HPLC analysis.
3.4. Hydrolysis of PenG by penicillin amidase at pH 4.0

The rate equation that is obtained when considering the mechanism of the (Van
der Wielen ef al., 1997) contains many kinetic parameters that are unknown. For simplicity,
it was assumed that the substrate and product concentrations would be much lower than the

Michaelis and inhibition constants. The result is Equation 9

app

The apparent equilibrium constant, X, can be calculated at pH 4.0 using
Equation 10
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according to the reference reaction with equilibrium constant K
PenG™ <> APA™ +PAA™ +H'

The value of equilibrium constant adopted was 7.35%10%mel L7, given by Tewarl
and Goldberg (1988).

Knowing the imtial enzymatic reaction rate and using the degradation rate
consiants for Pen(G and APA, resulis obtained from a long term experiment for hydrolysis
of Pen( at pH 4.0 were compared with a simple model simulation in which the enzymatic

reaction rate was assumed {o follow Equation 9.

Figure 4 shows that the model, which contains ne adjustable parameters, agrees
with the experimental data that are presented in Table 3. Although the literature (Danzig ef
al., 1993, Van der Wielen ef g/, 1997, Duan and Chen, 1996) reports that inhibition occurs,
and mainly due to PAA as a competitive inhibitor, our results show that Pen( hydrolysis at
pH 4.0 is limied exclusively by the thermodynamic equilibrium After equilibration,
degradation of PenG occurs, and to a smaller extent, of APA. It should be pointed out that
the pH values reported in the literature were higher and the product concentration was

different.



Table 3: Experimental data of PenG hydrolysis at pH 4.0 and T=25C.

Time (min) Coara{mbi) Cpan{mhi} Crencimhi)
035 (.87 0.54 51.83
1.6 2.44 1.96 4913
32 431 2.9% 47.48
5.8 722 548 44 65
54 21.56 16.00 29.56
83 2267 16.88 27.76
132 23.11 20.73 2708
175 2220 wEE 2631
240 21.81 ok 25.59
1186 14.74 16.34 1275
1232 14.52 16.44 12.59
1282 13.29 14.36 11.93
1360 13.65 18.76 11.69
1541 12,98 17.33 10.62
1649 12.68 16.30 111t
2526 10.56 16.52 821
2560 10.18 1568 §.16

4309 555 17.50 432
4380 6.26 17.19 422
5807 365 2233 0.85
5865 541 1964 292
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In Figure {4}, the enzymatic reaction rapidly proceeds towards equibibrium, but
degradation occurs of Pen(G, and to a smaller extent, of APA. This leads to a reversal of the

enzymatic hydrolysis equilibrium and consequently to a decrease in PAA concentration.

&4 S
30
: & Ponls
40 at g PAA
= APA

coneetdration {mi)
Taped
el
&

] 500 1000 1500 2000 2500 300

i {roim)

Figure 4. Hydrolysis of Pen( by penicillin amidase at pH 4.0. Markers are experimental
data, lines are simulations using Ko = 0.053 B, kaspa = 0.0058 B, ko, =1.5575-10° L
Qe i, Crenco = 54 mM, Cor, =9.47 g L7

4, {Conclusions

This work allowed the determination of the optimum pH and stability of penicillin
amidase in Pen(G hydrolysis by 2 titration method as well as HPLC analysis. The data were
in agreement with each other. The ttration method was more economical and practical, but
its application is not recommended for pH 4.5 - 5.0, because of a low accuracy in this
range. The enzyme presented maximum activity in the pH range 8.0 ~ 9.0, In conirast to the
common belief, penicillin amidase does not show decreased stability if the pH is decreased

from 8.0 to 3.0 Although the enzyme activity decreased bv about 80%, this does not
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confine processes to high pH values. The major limitation at low pH seems to be the low
chemical stability of PenG and, to a less extent, of APA. Based on this information,
conditions can be found that will be suitable for the hydrolysis of PenG in a butyl acetate —

water continuous process.
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Momenclatare

A = enzyme activity (umol geny ' min™)

C = concentration of PenG (mM}

Cenz = cOncentration of enzyme (g L)

F = fraction of the specie

Kapp = apparent equilibrium constant (mol LY
ks = degradation rate constant (h™)

kenz = enzymatic rate constant (L g7 min™)

Keq= equilibrium constant (mol L“I}
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Flenz = 1088S of enzyme (g}

r = amouxnt (mol)

Teny = EDZymatic reaction rate {mol L™ min™h)
7 = temperature (°C)

franume = Dalflife time {h}

Subscripts

0 = initial situation

APA = H-aminopenicillamic acid

minus = negative state of ionization
minus/plus = zwitterionic state of ionization
PAA = phenylacetic acid

PenG = penicillin G

plus = positive state of ionization

uncharged = neutral state of ionization

58



References

ARNOTT, LA, WEATHERLEY, L.R.. The stability of penicilin G during recovery by
electrically enhanced extraction. Proc. Biochem. 30 {1995) 447,

ARROYQO, M.: DE LA MATA, L; ACEBAL, C.; CASTILLON, M. P., Biotechnological
applications of penicillin acylases: state-of-the-art. Appl Microbiol Biotechnol. 60 (2003)
507.

AZEVEDO, AM.; FONSECA, L P.; PRAZERES, D.MF.. Stability and stabilisation of
penicillin acylase. J. Chem. Technol Biotechnol. 74 (1999) 1110.

BENEDICT, R.G.; SCHMIDT, W. H,; COGHILL, RD.; OLESON; AP.. Pencillin. IIL
The stability of penicillin in aqueous solution. J Bacteriol. 49 (19435) 85,

CHILOV,G. G.; SVEDAS, V.. Enzymatic hydrolysis of B-lactam antibiotics at low pH in a

two-phase “agueous solution-water-immiscible organic solvent” system. Can. J Chem. 80
(2002) 699.

DANZIG, J.; TISCHER, W.; WANDREY, C.. Bioreaction engineering for improved 6-
APA production. Indian J. Chem. 32B (1993} 40.

DEN HOLLANDER, J.L.; ZOMERDIK, M.; STRAATHOF, AJJ; VAN DER WIELEN,
L.AM.. Continuous enzymatic penicillin G hydrolysis in countercurrent water-butyl
acetate biphasic systems. Chem. Eng. Sci.. 57 (2002) 1591.

DENNEN, D.W.. Degradation kinetics of 6-aminopenicillanic acid. J Pharm. Sci. 56
(1967 1273.

DIENDER, M.B.; STRAATHOF AJJ.; HEIJNEN, ll. Predicting enzyme catalyzed
reaction equilibria in cosolvent-water mixtures as a function of pH and solvent

composition. Biocat. Biotransform. 16 (1998) 275.

BIBLIDTECS CENTRAL >
DESENVOLVIMENTO

gﬁ ?Wiﬁ
éswmwg’m

UHICAMP




DIENDER, M.B.; STRAATHOF, AJJ.; VAN DER DOES, T.; RAS, C.; HEIINEN, J.1.
Equilibrium modelling of extractive enzymatic hydrolysis of penicillin G with concomitant
6—aminopenicillanic acid crystallization. Biofechnol. Biveng. 78 (2002) 395.

DIENDER, M.B.; STRAATHOF, AJJ; VAN DER DOES, T.. ZOMERDIJK, M.
HEIINEN, 1J.. Course of pH durmg the formation of amoxicillin by 2 suspension-io-
suspension reaction. Enzyme Microb. Technol 27 (2000} 576,

DUAN, G.; CHEN, 1Y.. Kinetics analysis of the effects of products removal on the
hydrolysis of penicillin G by immobilised peniciilin acylase. Proc. Biochem. 31 (1996) 27.

EBERT, C.; GARDOSSI, L.; LINDA, P.. Activity of immobilised penicillin amidase in
toluene at controlled water activity. J Mol Catal. B: Enzym. 5 {1998) 241.

ERARSLAN, A.; GURAY, A.. Kinetic investigation of penicillin acylase from a mutant
strain of Escherichia coli ATCC 11105 immobilised on oxirane-acrylic beads, J Chem.
Tech. Biotechnol. 51 (1991) 181.

FERNANDEZ-LAFUENTE, R.; ROSELL, C.M.; CAANAN-HADEN, L.; RODES, L.;
GUISAN, IM.. Facile synthesis of artificial enzyme nano-environments via solid-phase
chemistry of immebilized derivatives: Dramatic stabilization of penicillin acylase versus

organic solvents. Enzyme Microb. Technol. 24 (1999) 96.

FERNANEZ-LAFUENTE,R; ROSELL, C. M.; PIATKOWSKA, B.; GUISAN, J. M.
Synthesis of antibiotics {cephaloglycin) catalyzed by penicillin G acylase: Evaluation and
optimization of different synthetic approaches. Enzyme Microb. Technol. 19 (1996) 9.

ILLANES, A.; ALTAMIRANO, C.; ZUNIGA, M.E.. Thermal inactivation of immobilised
penicillin acylase in the presence of substrate and products. Biotechnol. Bioeng.. 50 (1996}
609.

ILLANES, A.; FAJARDOQO, A.. Kinetically controlled synthesis of armpicillin with
mmmobilized penicillin acylase in the presence of organic cosolvents. J Mol Catal B:
Enzym. 11 (2001) 587.

60



KHEIRCLOMOOM, A, EKAZEMI-VAYSARI, A.; ARDIMANDDM.; BARADAR-
KHOSHFETRAT, A.. The combined effects of pH and temperature on penicillin G
decomposition and its stability modelling. Proc. Biochem. 35 (1999) 205.

KIM, M.G.; LEE; S5.B.. Penicillin acylase-catalyzed synthesis of pivampicillin: Effect of
reaction variables and organic cosolvents. J. Mol Catal B: Enzym. 1 (1996} 71

KLIBANOV, AM.. Why are enzymes less active in organic solvents than in water? Trends
Biotechnol. 15 {1997 97.

LEVINE, B. B.. Studies on the formation of the penicillin antigen. II. Some reactions of D-

benzylpenicillenic acid i aqueous solution at pH 7.5. Arch. Biochem. Biophys. 93 (1961)
50.

LLINAS, A; VILANOVA, B; FRAU, I; MUNOQZ, F.; DONOSO, J.; PAGE, ML
Chemical reactivity of penicillins and cephalosporins. Intramolecular involvement of the
acyl-amido side chain. J. Org. Chem. 63 (1998) 9052.

LLINAS, A.; VILANOVA, B.; MUNOZ, F.;: DONOSO, J.. The role of a B-proton transfer
donor in the degradation of benzyipenicillin. J. Mol. Catal. 4: Chem. 175 (2001) 3.

NIERSTRASZ, V.A.; SCHROEN, C.G.P.H.; BOSMA, R.; KROON, P.J.; BEEFTINK,
H.H.; JANSSEN, AEM.; TRAMPER, J.. Thermodynamically controlled synthesis of
cefamandole. Biocatal. Biotransform. 17 (1999) 209.

RESCHKE, M.; SCHUGERL, K.. Reactive extraction of penicillin I: Stability of penicillin
G in the presence of carriers and relationships for distribution coefficients and degrees of

extraction. Chem. Eng. J.. 28 (1984} BL.

SCHROEN, C. G. P. H.; NIERSTRASZ, V. A,; KROON, P. J.; BOSMA, R.; JANSSEN,
A. E. M,; BEEFTINK, H. H.; TRAMPER, J.. Thermodynamically controlled synthesis of
B-lactam antibiotics. Equilibrium concentrations and side-chain properties. Enzyme Microb.
Technol. 24 (1999) 498.

61



SMIJEWSKI, JR, M.L; BRIGGS, B.S.; THOMPSON, AR.; WRIGHT, 1LG.
Enantioselective acylation of a beta-lactam intermediale in the synthesis of loracarbef using

penicillin G amidase. Teirahedron Lest. 32 (1991) 1621,

SVEDAS, V.K.; MARGOLIN, AL.; BEREZIN, 1.V.. Enzymatic synthesis of B-lactam
antibiotics: a thermodynamic background. Enzyme Microb. Technol. 2 {1980} 138.

TEWARI, Y.B.; GOLDBERG, R.N.. Thermodynamics of the conversion of pemcillin GG to
phenylacetic acid and 6-aminopenicillanic acid. Biophys. Chem. 29 (1988) 245.

TOPGI, R.8.; NG, 18.; LANDIS, B.; WANG, P.; BEHLING, JR.. Use of enzyme
penicillin acylase m selective amidation/amide hydrolysis to resolve ethyl 3-amino-4-

pentynoate isomers. Bioorg Medic. Chem. 7 (1999 2221,

VAN DER WIELEN, L. AL M.; OTTENS, M.; STRAATHOF, A J. J.. Process technology
and process integration in the preparation of peniciliins. In: A. Bruggink (Ed.), Synthesis of
B-lactam antibiotics. Chemustry, biocatalysis and process integration. Kluwer Academic
Publishers. Dordrecht, 2001, p. 150.

VAN DER WIELEN, L.AM.. A countercurrent adsorptive fluidized bed reactor for
heterogeneous bioconversions. Ph.D. Thesis, Delft University of Technology, Delft, The
Netherlands (1996).

VAN DER WIELEN, L.AM.; BUEL, M.J.; STRAATHOF, AJ.J; LUYBEN, K.CH.AM..
Modeling of the enzymatic deacylation of Penmicillin G: equilibrium and kinetic
considerations. Biocatal Biotransform. 15, (1997) 121.

VAN SONSBEEK,H.M.; BEEFTINK,H.H.; TRAMPER, J.. Two-hquid phase bioreactors.
Enzyme Microb. Techrol. 15 (1993) 722.

YOUSHKO, M.IL; VAN LANGEN, L.M.; DE VROOM, E.; VAN RANTWIIK, F,;
SHELDON, R.A.; SVEDAS, VK. Highly efficiently synthesis of ampicillin in an
“aqueous solution-precipitate” system: repetitive addition of substrates m a semi-

continuous process. Biofechnol. Bioeng. 73 (2001} 426,
62



CAPITULO IV

A avaliacBo da cristalizacBo do APA é descnita no Capitulo TV,

A determinacio dos par@metros cinéticos da cristalizacdo de APA ¢ fundamental
para dar continuidade ac estudo de implantacio de um reator multi-estagio e contra-
coiTenie, destinado & hidrolise de Pen(G em sistema bifasico &gua e acetato de butila. Os
ensaios foram realizados em batelada, a pH 4 e 5 ¢ na presenca de impurezas (BuAc, Pen(s
e PAA). As analises foram baseadas na avaliagio da analise de tempo de indugfo, taxa de-
supersaturagdo, taxa de crescimento e distribuicio do tamanho de cristais, possibilitando
urna analise da influéncia das mmpurezas na cristalizagio do APA. Os resultados mostraram
que as impurezas ndo exerceram efeito sobre a cristalizagio de APA, na faixa de pH e de

concentragtes avaliadas.

Este trabatho possibilitou a obtengdo de um modelo que pode predizer as taxas de
cristalizacio de APA nas mesmas condigdes que serfic empregadas na hidrélise de PenG

em reator multi-estagio e bifasico, dgua e acetato de butila.
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ABSTRACT

The semi-synthetic penicilling, derived from 6-armnopenicillanic acid (APA), constitute an
important group of antibiotics. APA is produced by Penicillin & (Pen(3) hydrolysis.
Improvements of APA production can be achieved by carrving out the reaction in a multi-
stage water and butyl acetate (BuAc) reactor, without pH control. Under these conditions,
the pH drops as the reaction occurs and APA crystallizes. Crystallization is a complex
process in which nucleation, crystal growth, and sometimes, attrition and agglomeration
can mteract. Normally, large crystals and a narrow size distmbution are desired for
crystallization to take place, for which the downstream processes are facilitated. This study
concerns on the determunation of crystallization kinetics of APA in the presence of other
components found in the PenG hydrolysis, 1.e., the PenG, the by-product phenylacetic acid
{PAA) and the solvent BuAc. This evaluation was based on the analyses of induction time,
growth rate and crystal size distribution, at pH 4 and 5. A mathematical model based on the
population balance was used as well. The results showed that the impurities have no
influence on the APA crystallization, within the pH range and impurity concentrations
evaluated. This work provides enough information about APA crystallization to be used in

the design of a2 multi-stage counter-current reactor for PenG hydrolyss.

Keywords: crystallization, 6-aminopenicillanic acid, antibiotics, impurities, crystal size

distribution.
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i. Introduction

Bictechnological operations, such as enzymatic reactions used in agueous-organic
environments, are becoming increasingly important for the production of pharmaceutical
products such as penicillin derivatives. Improvements on the synthesis of semi-synthetic
antibiotics are obtained by the integration of reaction and purification systems {Chilov and
Svedas, 2002; van der Wielen ef al., 2001). In particular, 2 multi-stage counter-current
reactor for penicillin G (PenG) hydrolvsis without pH control has been developed (den
Hollander ef @i, 2002). The biphasic system is formed by water and butyl acetate {BuAc)
and the pH is not controlled. Under these condimions, the pH drops as the reaction occurs.
At low pH, both, the transfer of PAA to the organic phase and crystallization of APA, are
favorable. Thus, the equilibrium is shifted towards Pen(G conversion and hydrolysis

products are obtained in different streams (Diender ef o/, 2002).

Therefore, APA crystallization takes place in a multicomponent system where the
presence of other solutes than the target product might significantly influence the kinetics
of crystailization (Ottens ef al, 2001, 2004). Reactive crystallization usually produces
spanngly soluble small crystals, which offen causes probiems in downstream processing,
especially in filtration, but also in the treatment of the mother liquor as well in the drying

and packing of the crystalline product {Yang e7 ol , 2002},

Usually crystal growth rates are reduced by impurities. The retarding effect of an
impurity, however, is affected by the solution supersaturation, the higher the
supersaturation, the weaker the retardation (Mullin, 1993; Chianese e al, 1993; Klug,
1993). Nevertheless, there are few examples of increase in growth rate with increasing
impurity concentration in the existing lterature (Sangwal, 1993; Sangwal, 1996; Sangwal

and Mielniczek-Brozska, 2001].

Although the goal of future steps is the crystallization of APA in continuous system,

the data obtained in batch provides enough information. According to Gutwald and
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Mersmann (1994}, the growth and nucleation rates should not depend on the operation
mode of the crystallizers but more or less on supersaturation, the type of crystallizers
{stirred vessel, fluidized bed, forced circulation) and the mean specific power inpul. As a
result, these authors concluded that the seeded batch experiments are subject to the same

secondary nucleation mechamsms that are important in continuous crystalizers,

The current work focuses on the determination of kinetic parameters of APA
crystallization as well as the influence of Pen(, PAA and the organic solvent, BuAc in
order to obtain enough information to be used in design of countercurrent mulii-stage
reactor. Therefore, the experimental condifions were restricted to the same pH range that
the reactor will be operated. Furthermore, a mathematical model will be used based on a
population balance for crystals in a specific size class in order to simulate the solute
conceniration i the hguid phase as a function of time (the so-called desupersaturation

curve) and the crystal size distribution {CSD) (Ottens ef ai,, 2001},

2. Theory

2.1. Induction time and interfacial energy

Induction time 1s referred to the period of time at which crystals are first detected in
the system, and is considerably influenced by the level of supersaturation, state of agitation,
presence of impurities, and viscosity. Despiie its complexity and uncertain composition, the
induction period has frequently been used as a measure of the nucleation event, making the
simplifying assumption that it can be considered to be inversely proportional to the rate of
nucleation (Mullin, 1993):

t.

nd

o« 7! (O
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The mnduction time not only depends on the initial supersaturation but also on the
detection method. If for instance a concentration measurement is used, the induction time
depends on the conversion, whereas for light reflection, the detection depends on the crystal
surface area produced.

- ; 5

i, o ls, ~1r b exp| B | 2
T e ey (

The linear dependence of In{tia) and (In )7 gives the slope —B;l where i =2 or 3
1+

if the detection was made by light reflection or concentration measurement, respectively

{Ottens ef d., 2001}

The factor B is described as

B=BL G)

- (kry

Where § is the shape factor {equal to 16n/3 for a spherical nucleus) (Prasad ez al,, 2001), v

is the interfacial energy, v is the molecular volume and k is the Boltzman constant. So,
from the equation above, the interfacial energy can be estimated. These parameters are used

in the model to simulate the solute concentration and the crystal size distribution.

2.2. Crystallization rates and Crysial Size Distribution (CSD)

A model based on a population base balance for crystals in a specific size class is
used to simulate the solute concentration in the liquid phase as function of time and the
Crystal Size Distribution (CS8D) (Randolph and Larsen, 1971).

SVe(t,x) Ve, x)oG{t,x)
ot ox

+Vb(t, %)~ VA(Lx) ~ 3 @, (t,%) ()
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where V is the compartment volume in m°, # is the number of particles per volume per size
class in #-m™, t is the time in s, x is the length coordinate in m, G is the growth rate in m-s”,
b is the birth function in a certain crystal size class in #m-s7, d is the death function in a
certain crystal size in #m™s”, @y is the flow rate of the k™ stream containing crystals

entering or leaving the compartment in m™-s™.

Eguation 1 reduces under the constrains of 2 constant volume batch operation (no
input and cutput) and under the assumptions of no agglomeration, no breakage, and no
death; birth only in the lowest particle class; the size-independent growth to the following

hyperbolic partial differential equation (PDE}
onit,x) _ (e, x)8G() )

ot %

To solve this PDE, boundary and initial conditions are required. The boundary

condition at x = 0 i3 given by the commonly applied equation

EIO
n(t0) = o5 ®

where J is the nucleation rate in #m™-s™ . The initial condition at t = 0 is given by
n{0,x} =0 (7

The desupersaturation is obtained by solving the following component mass

balance

aC(t)  aM() _

M,V
ot %

0 (8)

where My is the molar mass of the crystallizing component. The mass of crystals formed

1s given by integration over all crystal size classes
g Y Ty

M(t) = j’ k_p_n(t, x)xdx (©)
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where k. is the crystal shape factor and p. is the crystal density in kgm™. The nucleation

rate is described by (Tavare, 1995).

[ B
Hoy=J exp ——— | {10}

H

L B(SW) )

The growth rate 1s given by (Tavare, 1993},
Gty =k, (S -1f (11
Both nucleation rate and the growth rate are dependent on the supersaturation
ratio of the crystallization component

C)

5(1) = c.

{1z

The parameters presented in Equations 9 to 12, 1e., k., B, k,, n, Cs, are unknown
and it is necessary to determined them in order to get a complete model. The procedure to

obtain experimentally these parameters is described in the Materials and Method.

Parameters Jo 15 determined by carrying out simulations with the overall model and

fitting J, to the experimental data.

3. Material and methods

3.} Materiais

Potassium di-hydrogen phosphate (anhydrous extra pure), 85% ortho-phosphoric
acid, 36-38% hydrochioric acid, 25% ammomium hydroxide were purchased from
J. T .Baker, and acetonitrile was purchased from Merck (Darmstadt, Germany). Phenvlacetic

acid (PAA) butyl acetate (BuAc) and were purchased from Fluka Chemika (Steinheim,
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Switzerland). All reagents were of analytical grade Penicillin G potassium salt (PenGK}, 6-

aminopenicillanic acid (APA) were kindly provided by DSM, Delft, The Netherlands.

3.2, Determination of the solubility of APA

An agueous solution saturated with butyl acetate (BuAc) was prepared by muxing
Milli Q water and BuAc in a ratio of 0.3 (BuAc: water; w/w) with a magnetic stirrer and
separating both phases using separation funnel. The pH of this aqueous solution was
corrected to 4.0 with HCl (5.0 M) and aliguots of 100 mL were transferred to an
Erlenmeyer flask, and approximately 5.40 g of 6-aminopenicillanic acid {APA) was added.
The flask was closed to avoid evaporation and the suspension was magnetically agrtated at
25° € for 30 min and left to settle for 30 min. The interval of 30 min for agitation and for
settlement was used after testing the mimimum period of time adequate to achieve the

equilibrium without causing degradation of APA.

This was the minimum time necessary to reach the equilibrium and avoid APA
degradation. This procedure was followed to determine APA solubility within pH range of
4.0 and 5.0 with or without impurities. A solution of NH,OH (ZM) was used to correct the
pH to the aimed value after addition of APA. The impurnties evaluated were pemicillin G
{PenG) and phenylacetic acid (PAA). The concentrations of PenG were 1 mM, and 10 mM,
and of PAA ImM, 5 mM and 10 mM.

Liquid samples were filtered through a 0.2 pm cellulose nitrate membrane syninge
filter. Subsequently 4 mL of filtered solution was diluted in 25 mL with Milli Q water. The
concentration of APA was determined by HPLC analysis.
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3.3 Crystallization experiments

The growth rate and induction time of APA were determined in 2 batch crystallizer.
The scheme of the equipment is shown in Figure 1. The crystallizer itself consisted of 2 2 L
cvlindrical glass jacketed vessel, stirred by a 4 bladed turbine impeller, and provided with 3
baffles. The refrigeration/heating system kept the temperature constant at 23"C. The laser
probe provided reflection signals that were registered in the computer by LabView
software. The HPLC was used to determine the concentration of APA and the CSD was

determined by the analysis in a microscopic.

- interface -
e
F X
Acid input 2
f.aser
pH Contrel €——o—~f— pH Ta HPL.C
B

TC

Water
bath

Computer

Crystallizer Vessel Image Analyses

Figure 1. Batch experimental system (Ottens ef &/, 2001,
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Supersaturated solutions were prepared by dissolving a previously measured amount
of APA in 600 mL Milli Q water saturated with BuAc (0.03 w/w, BuAc: water) at room
temperature. All APA crystals were dissolved thoroughly by addition of 25% agqueous
ammonium hydroxide and the pH was adjusted to about 6.0 with 37% agueous
hydrochloric acid. The solution was then made up to 2 liters and filtered through 0.2 um
cellulose nitrate membrane filters. The solstion was transferred to z 2 Hter jacketed vessel
at 25°C under agitation of 200 rpm. The pH was corrected to pH 4.0 or 5.0, according to the
assay by adding HCI (5 M). The crystallization assays started by the addition of 1.0 g of

seeds.

In assays that were carried out in the presence of Pen(, crystals of the HRpUTItY
were added simultaneously with the seeds, giving a concentration range that varied from
0.55 mM to 113 mM. In the case of PAA the assay was carried out by dissolving it in
water before adding it to the crysiallizer, since takes PAA some time to dissolve

completely.

For the assay containing 20% (v/v} of BuAc, APA solution was prepared as

aforementioned and 1600 mL of APA solution was mixed with 400 mL of BuAc

Every 30 min a 15 mL sample was taken from the crystallizer using a syringe. Half
of the sample was filtered initially through a 0.2 pum cellulose nitrate membrane syringe
filter. Subsequently 4 ml of filtered solution was diluted in 25 ml with water The
concentration of APA was determined by HPLC analysis. The remaining end of the sample

was used for image analysis,

3.4 Imagine Analysis

Sample was taken from the syringe and introduced into a glass cell the time

recorded and three pictures of ¢rystals in solution were taken for future analyses of size and
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amount of crystals applying the program Leica Qwin. This procedure was done 3 times,
i.e., for each sample, three mean times {tme) and three corresponding mean lengths (Lneaq)
of the crystals were obtained. In the end of the assav (about 9 hours), 2 last sample was
withdrawn and several images were saved to determine the crystal size distribution of APA
{CSD).

Figure 2 presents some pictures of the crystals that were taken for analyses of size

and amount of crystals.

Figure 2: Pictures of APA crystals. Assay at pH =4.0 and Cpps = 1.13mM.
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3.5 Growth rate determingation

The growth rate (G) Equation 13 given:

AL s
G=— 13

o {(13)
1s determined USing Luean 304t Obtained as shown in Scheme 1.

The supersaturation ratio (8) was determined according to the Equation 12 where
concentration is determined by HPLC analysis and solubility of APA was evaluated using

Eguation 14.

Solubility , ..
Solubility ,,, = fﬁ;ﬁ%ﬂ (14)

APATT
The parameters in this equation will be given in the Results and Discussion Section.

Finally, the growth rate (G) equation as a function of supersaturation ratio {(S) can

be obtained as indicated in Equation 11 or Equation 15

InG =Ink, +nxIn(S-1) (15)

3.6 Determination of Induction time and interfacial energy

The assays to determine the induction time followed the same procedure used in
growth rate, except that in this case, seeds were not added to the crystals. The impurities
were added to the crystailizer at time t = 0, and assays were carried out adding the impurity.
PenG was dissolved before addition and PAA was added in solid state or dissolved before
addition. For induction time assays, the presence of BuAc was not tested. Aqueous solution

saturated with BuAc (0.03% w/w, BuAc, water) was used in all experiments.
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The induction time values were plotted as function of supersaturation ratio and the
data were fit by linear regression. The nucleation coefficient is calculated through the slope

of this regression, according to Equation 16
B =slope x(1+1) (16)

in our case where 1 = 3, because the induction time is detected by concentration

{Ottens er al., 2001). When induction time is detected by light detection, i = 2.

Consequently, the interfacial energy (J m*) is determine by using Equation 3
where k is Boltzman constant {1.38%10% JK™), Tis temperature {298 15 K), v is the molar
volume (2.5658%10% m®), calculated by Equation 17

My,

R
prA

{17)
where Mw is the molar weight of APA (0.216 kg mol), p is the density (1.4%10° kg m™)
and A is Avogrado’s number {6.02%10%).

3.7 HPLC analysis

The samples were analyzed by HPLC (Waters), using a C18 - Platinum EPS
column (particle size - 5 um, Pore size - 100 A, column size — 4.6 X 250 mm), and UV
detection. The mobile phase was 28:72 (v/v) of acetonitrile and 0.64 g L' KH,PO, agueous
solution, the pH was adjusted to 2.75 with HzPO.. The flow was 1.0 mL min. The elution
times of APA, PAA and PenG were 3.3 min, 7.7 min and 13.9 min.
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4 Results and Discussion

4.1 Influence of impurities on the solubility of APA

The solubility data of pure APA within pH range of 4.0 and 5.0 are shown in
Figure 3. From these data the intrinsic solubility of the zwitterionic, corresponding to 12.02

mM, could be obtained according to the Equation 18

Spn =S xF_ (18)

APA

where Fapa.. is the fraction of the zwitterionic and given by the eguation below.

107P
. 0P
APATT T 10‘?“:10‘9“><10“ﬁ3= (19
1077 (o=}

pXa, and pKa, are the dissociation constam, of APA_ 2.5 and 4.9, respectively (Diender et
al., 1598).
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Figure 3: Solubility of pure APA at 25°C.

The solubility values of APA found in the literature are different. Mwangi (1994}
reported 2 value of 16,18 mM as the munimum solubility, and Tavare and Jadhav (1996)
found a value of 12.02 mM (25° C). The value obtained in this work for pH 3.91 to 4.09
and corresponding to 14.09 mM agrees with the data of 13.83 mM at the isoceletric point at
25° C reported by ZareNezhad (2002},

Figure 4 and 5 show the solubility of APA in the pH range of 4 to 5 and in the
presence either of PenG or PAA, respectively. The corresponding experimental data of

these assays are presented in Tables 1 and 2.
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Table 1: Solubility of impure APA at 23° C (Cpenc = 0, 1.0 and 10 mM),

pH Mg Pen(c Crpc=1mM | Cope = 10mM ‘L Solubility pq s Error (%) ‘%
391 | 1394 | TG 16
3.95 14.05 1389 12
10z 1466 397 | 4s
304 | 1330 | | wm ] 52
406 | 1460 14.09 36
406 | 1466 14.09 41
405 | 1386 149 74
400 | 14.19 TS 0.0
i14 | 1363 1439 i3
415 15.24 1443 56
418 1481 1456 a7
426 15.08 1498 06 |
444 | 1593 1633 25
445 1567 16.42 46
447 1732 16.62 42
169 | 2031 1951 1
469 2012 1951 31
|
472 15.08 20.04 48
480 | 2384 2382 01
408 7516 2651 51
501 2777 2755 038
503 | 2878 | 2827 18
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Table 2: Solubility of impure APA at 25°C {Cpas =0, 1.0, 5.0 and 10 mM).

t

|
; ?ﬁ Mo PAA ij C?;g_q = Sl [ C})AA = SR | Q?AA = §0mM Sﬂiﬁbiﬁﬁ’ga 18 EW{}‘{{Q/&)}

301 | 13.04 i 13.72 16
392 1318 13.74 40
13.94 1324 1378 3.0
1399 L 1304 | | 1388 | &1
404 | 1330 | , 1403 | 52
406 | 14.60 | | 1409 | 36
406 | 14.66 14.09 41
1405 | 13.86 14.19 2.4
4091 14.19 1419 0.0
414 13.63 1439 $2
415 13.79 14.43 44
415 1423 14.43 13
418 13.93 14.56 44
418 14.81 14.56 1.7
4.20 15.44 14.66 53
426 14.62 14.98 24
434 15.67 1551 -1.0
440 14.72 15.97 7.9
444 1593 16.33 25
4.47 17.32 1662 | -42
449 16.78 16.82 0.2
469 | 2031 19.51 41
469 19.18 1951 17
4.6 2012 19.51 3.1
470 18.71 19.68 49
476 21.96 20,80 56
489 | 23.84 2382 0.1
493 23 98 2495 39
3.01 2777 27.55 0.8
503 2878 | | 2827 | -18




The error when comparing the experimental data and the solubility given by
Eguation 18 is less than 10% for all assays. This proves that the effect of the impurtiies, at
least in the concentration and pH range evaluated, is negligible. This is in agreement with
Sangwal (1993} who assesses that at low concentrations, the effect of Impurities on

solubility is usually negligible.

4.2 Induction time and interfacial energy

The results of induction time presented in this section were detected by
concentration determining when the desupersaturation curve of APA starts. The
determination of induction time is not very precise, independently on the method used. It’s
possible to check in the study developed by Pino-Garcia and Rasmuson (2003) that even
obtaining 1,350 results, the data are very scattered. Figure 6 presents the graph in which
APA concentration is plotted against time for different initial supersaturation ratios, at pH
5.0. The graph shown in Figure 6 indicates how difficult the detection of induction time is,
namely, where exactly the time when the concentration starts tc decrease. For instance, the
assay of initial supersaturation ratio 2.87 was the only that provided a curve that presents a
sharp decrease of APA concentration, that is, making possible an easy identification of the

induction fime.
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Figure 6: Desupersaturation curves of APA for various initial supersaturation ratios at pH

5.0.

Graphs of induction time as function of initial supersaturation ratio {Sy) were plotted
separately for each situation, namely, for each impurity at different concentrations and at
different pH. Nevertheless, assuming a confidence limit of 95%, the regression curves for
pure or impure systems were comprehended in the same range of values, ie, no
statistically significant difference was detected. Therefore, one graph combining all data of

pure and impure assays at pH 4 and 5 is shown in Figure 7 according to Equation 2.
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Figure 7: Induction time in minutes as function of supersaturation ratio, for pure and
mmpure APA, at pH 4 and pH 5. The impurity concentrations are 0,55 mM and 1.13 mM of
Pen(s or PAA

Higher concentration of impurities was tested at pH 5.0 Nevertheless, the
impurities presented no effect on the APA nucleation, even when increasing the

concentration of PAA or Pen(G to 3.0 mM.

No nucleation was observed in the assay in the presence of Pen(G (0.55 mM) at &,
1.9 within 17 h of experiment. Probably, this inhibition was caused by the presence of
further impurities, e.g, impunties that come from the air, since care was taken in cleaning
the pieces of equipment, namely, crystallizer, impelier, blades and laser probe and in
preparing the sample for analysis. Therefore, this effect was not taken into account and the
conclusion that impurities have no impact on the induction time was based on the analysis

of all data at once, as discussed above.




The data of induction time detected by reflection was also analyzed. The regression
lines obtained by plots of induction time as a fnction of initial supersaturation ratio for
both types of data, determined by APA concentration or reflection, provided the slope B
and, consequently, the interfacial energy (y), given by Equations 16 and 3, respectively.

The values of B and v and respective standard error are presented m Table 3,

Table 3: Values of B and v using data determined by APA concentration or reflection by

laser probe.

Data determined by APA voncentiration Brata determined by reflection
Group of Data 8 ¥ (107 3m’) SE., B UL Iy ! SE,
Oniy at pH 4.0 2.094 5.095 0.553 1.273 4316 23.30
Only at pH 3.0 2.749 5.578 3.404 2536 5.431 B1.38
At4.0 and 5.0 2.586 5.466 $.297 1889 4,923 37.95

In Table 3, SE, the standard error in the estimation of interfacial energy, is
calculated according to Pino-Garcia and Rasmuson (2003) as 2 propagation of the

uncertainty in the estimated slopes, and given by Equation 20

SEOnE { 2 G}

where SHqope 18 the standard error in estimation of the slope of the linear regression and

given by Equation 21

(21
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where SE,. 18 the standard error in the prediction of ¥ wvalues (In{tina)) for each X
{ A

m | in the linear regression and SS. is the sum of squares of deviations from the
S0

mean Tor each X

Analyzing Table 3 above, we observe that the standard ervors provided by results
detected by refiection are considerable higher than those provided by results detected by
APA concentration. This large difference may be explained due to the fact that the laser
probe was not installed in all assays. Consequently, the amount of data is not statistically
significant for a good fit. Furthermore, the variation of the reflection signal 1s not so sharp.
Probably, increasing the scale of reflection signal we could improve the accuracy of this

method that presents advantages of being practical, fast and economical.

The resuits obtained by concentration of APA for data for each value of pH (4.0 or
5.0) showed that the values of interfacial energy did not present significant difference
{Table 3}). The lowest standard error obtained when data for pH 4.0 and 5.0 are analyzed at

same linear regression, proved that v equal 5.466 ] m™ should be used for determination of

nucleation rate constant.

Other common result with the research by Ottens er. ol (2004) is that the value of
interfacial energy (v) 1n the presence of PG was practically the same as for the pure AMPI

system.

In order to obtain a complete idea of the effect of impunities on APA crystallization,
different experimental conditions, especially higher Cpee at pH lower than 4.0 and higher
than 5.0 should be tested. Nevertheless, such detailed study is bevond of the scope of this

current work.
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4.3 APA growth rate

The assays of growth rate of APA crystals at pH 5.0 were carmied out at different
supersaturation levels, in pure aqueous phase and one assay in aqueous phase saturated with
BuAc and without impurities. The assays at pH 4.0 were carried out in agueous phase
saturated with BuAc and only one assay in biphasic system (20% v/v, BuAc: Agueous
phase saturated with BuAc. Furthermore, at pH 4.0, the assays were characterized by the
presence of impurities (PenG andfor PAA). The presence of PAA as impurity was
evaluated by adding it as solid and dissolving it before addition to crystallizer. This was
done after realizing that it takes time for PAA to dissolve completely and PAA particles
could affect the crystallization of APA. Furthermore, one assay at pH 5.0 in the presence of

Penis was carnied out as well,

The analysis of data for APA growth rate resulted in the graph shown in Figure 8

and the rate constant shown in Table 4.

Before analyzing all data of growth as function of initial supersaturation ratio for pH
4.0 and 5.0 and for all concentrations of impurities (Creng, Cpas and Cgyac), relations of
growth rate were obtained as function of pH or impurity concentration. However, the
results showed no statistical difference between the impure and pure systems, except for the
assay characterized by the presence of both PenG and PAA as impurities. Therefore, the

expenimental data were grouped in order to obtain two regressions as shown in Figure 8.
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Figure 8: APA growth rate for pure and impure systems at pH 4.0 and 5.0.

From the analysis of growth rate, the kinetic rate constants were determined

according to Table 4, based on the Equation 15.

Table 4: Kinetic rate constants of APA growth rate at pH 4.0 and 5.0

T
H

ASS&? ﬁﬂkg SE{;M B SE;; SEiﬂG

Pure and impure systems at

-19.275 0.429 1992 0.355 124
pH40and 50

Las

Where SEu, and SE, are the standard errors for the constants ink,, and n, respectively, and

SEwg 15 the standard error in the prediction of InG.

Therefore, from the data determined by growth rate experiments, the equation of

growth rate (22) is determined:
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G=4256x107 x{§ 1] (22

Concerning on the influence of impurities, inhibition of the growth rate has often
reported in the literature (Rauls ef o/, 2000; Chianese f al, 1995; Klag, 1993). According
to Mullin (1993), impurities can affect growth rate in different ways. Some unpurities
suppress growth entirely, some may enhance growth. Some impurities can exert an
influence at very low concentrations, less than 1 part per million, whereas others need to be
present in fairly large amounts before having any effect, similarly to the case of this current
research. Yang ef al. (2002) investigated the effect of different immiscible additives on the
reactive crystallization of a benzoic acid derivative and found that aliphatic hexane had no

effect.

With respect to the specific effect of solvent on the growth rate were found a few
references (Lahav and Leiserowitz, 2001). Lahav and Leiserowitz {2001} presented an
approach that can lead to fast growth by a “relay” mechanism and can suit the case of APA
crystallization, since the compounds evaluated by these authors present zwitterionic
character as in APA. In this example, the zwitterionic molecules are aligned so as to expose
CO; groups at one end of the polar c-axis and NH'5 groups at the opposite end. They
propose the water molecules may be strongly bound by hydrogen bonds to the outermost
layer (00-1} of CO"; groups. In contrast, the pockets act as proton acceptors for the NH 3
moiety by solvent water within the pockets yields repulsive or, at best, weakly attractive
interactions. The pockets will, therefore, be weakly hydrated and so relatively easily
accessible to approaching solute molecules. There is, however, ap alternative mechanism

which may account for the faster growth.

In order to obtain a thorough idea of the influence of the impurities investigated in
this research on the reactive crystallization of APA, a wide mvestigation including higher
concentrations of impurities, especially PenG and BuAc. The former was expected to

present an inhibition effect due to the similarities between the molecular structures. The

S0



latter should be evaluated since only few references about influence of organic solvent were

found n the hiterature. Nevertheless, the results determined in this work provided enough

information that will be used in the fisture design of a multi-stage countercurrent reactor for

Pen( hvdrolysis.

4.4 Evaiuation of model for APA crystailization

The evaluation of the results allowed to determine the parameters of crystals

dimensions Iike length, width, and the amount of particles that are presented in Table 5.

Table 5: Parameters of crystal dimensions of APA

Assay iCPmG {mM)ECPAA (mM)g So AR Dp (um) | SDpy ks
1 0 0 1.99 1901 | 12739 | 9816 | 0415
2 0 o 1.91 1.924 | 13.667 | 9.681 0.405
3 0.55 0 1.88 2089 | 13.496 | 8.161 0.344
4 0 0.55° 1.85 1765 | 14323 | 9454 | 0481
5 1.13 0 1.79 2.052 | 13.042 | 10589 | 0.356
6 1.13° 0 1.89 1798 | 10492 | 8276 | 0.464
7 0 1.13° 1.93 1.866 | 15.116 | 14375 | 0431
8 0 113 1.95 187 | 12625 | 15773 | 0429
Mean 1.90 | 1.908 | 13.188 | - | 0.416
® with 20% BuAc

® not dissolved but added as solid

‘pHS50
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Where:

Dp is the average size taking into account the number of particles of each size class of

crystals, according to the (24)

szzﬁi'ii

2

5D, 18 the standard deviation obtained as;

24

SDp, = \/(SDimgih}: + (SDw;d;h )2 (25)

AR is the aspect ratic of the crystal:

h o~
_ Lengt (26)
width
k 18 the volume factor calculated by the Equation 27
3 1
= DX 27
2 (AR} @7

The mean size of APA crystals were within the same range, whether PAA was

added i & sohd state or dissolved.

The kinetic rate constants of nucleation (y = 5.466 mJ m™) and growth (n = 2.0, k.=
4.26%10° m s7) rates and the parameter of crystal dimension (k. = 0.42) presented in
Tables 3, 4 and 5, respectively, were used in simulations based on Equations 4 tc 12. The
best agreement with the de-supersaturation curve and the CSD was obtained when the
initial nucleation rate constant (Jo} was 4.5%10° # m™ s’ Figure O shows the graphs
obtained by using the model, including the CS8D, the mass distribution, desupersaturation,

nucleation and growth curves.



These kinetic parameters will be used to design the multi-stage countercurrent
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Figure 9: Plots of CSD, mass distribution, de-supersaturation, nucleation and growth rate.
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B=2.59; v=547 %107 J m™; S5 = 1.90; k, = 0.42; k, = 4.26*10”
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5 Conclusion

This work allowed to determine the kinetic parameters of APA crystallization at pH
4 and 5. The results indicate that the fmpurities studied did not affect APA crystallization,
at least within the situations analyzed, namely, PenG and PAA concentrations of 0.55 mM
and 1.13 mM and BuAc in 20% (v/v} in a biphasic system, and pH 4.0 and 5.0. Other
experimental conditions should be verified for a complete conclusion concerning on the
influence of impurities on APA crystallization. However, this approach is out of the scope
of this current work. The information provided by this research was enough to obtain a
model that réasonably predicts APA crystallization rates in the same conditions that that the

multi-stage counter-current reactor for Pen(s hydrolysis will be operated.
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7 Nomenclature

AC Concentration driving force

B Nucleation factor
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Cs

17\;”

]

tind

Birth function

Concentration

Solubility

Death function

growtih rate

nucleation rate

Bolzmann constant

growth rate constant

Mass of crystals formed

Molar mass of APA

Number of particles per volume per size class
Kinetic parameter of growth rate
super-saturation ratio
Temperature

Induction time

compartment volume

#m s
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Greek symbols
v mierfacial energy Jow

Y shape factor

v molecular volume w2

@  Flow rate of the kth stream containing crystal entering or leaving the m’ 5"
compariment

Subscripis

APA Aminopemicillanic Acid

PAA Phenylacetic Acid

PenG Penicillin G
MP Impurty

Initial

o)
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CAPITULO YV

Neste Capitulp ¢ apresentade © modelo termodinfmico que descreve as
concentragdes de equilibrio dos compostos no sistema bifasico. O principal propésito de se
utitizar 2 modelagem do reator multi-estagio e contra-corrente € a obtencio de informagbes
prévias para a instalagio do reator e realizacdo de experimentos, no intuito de reduzir
significativamente o volume de materiais, além de contribuir para otimizagio do tempo

empregado no projeto do reator.

O modelo calcula o pH e as concentragOes do substrato e produtos nos estagios do
reator contra-corrente. Os dados fornecidos pelo modelo podem ser utilizados para otimizar
as condicbes de operaciio do reator bifasico multi-estagio {(ponto de alimentaclo, vazdo

volumetrica das fases e concentraco mnicial do substrato).
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ABSTRACT

6-Aminopenicillanic acid (APA) is the building block for the synthesis of semi-
synthetic antibiotics (S8A’s). It is produced by the enzymatic hydrolysis of Penicillin G
{Pen(3) in & production volume of around 10,000 tons. Current research aims at process
integration of different steps in the production of those semi-synthetic antibiotics. This is
achieved by combining different unit operations. The heart of this process design is a series
of continuous stirred tank reactors. In these reactors the PenG is extracted from an organic
phase to an aqueous phase, where 1t 18 hydrolyzed by immobilized amydase to APA and
phenylacetic acid (PAA). The PAA prefers the organic phase and is extracted from the
aqueous phase. When APA exceeds its solubility it crystallizes. The three-phase system that
leaves the reactor is separated into an aqueous crystal phase and an organic phase.
Therefore, in this system, the extraction, the reaction and the crystallization are combined.
The advantages of this set-up are: almost complete conversion of substrate by equilibrium
limited reaction, separation of products, less unit operation necessary compared to the
existing process and less waste produced. The process design results depend strongly on the
used assumptions for crystal growth rate, APA solubility and enzyme stability. To increase

the validity of the conceptual process design these assumptions should be verified carefuily.

Keywords: Downstream Processing, Penicillin G hvdrolysis, Modelling, Multiphase

Reactors, Simulation, Crystallization.

102



1. introduction

The fractionating counter-current extractive enzymatic Teactor is a good option for
short cutting the current APA production process and maybe eventually for the production
of semi-synthetic antibiotics (8SA’s). Tt can give a high conversion as the reaction
equilibrium is shifted to the product side. Products are separated and APA is obtained
relatively pure. Furthermore, no addition of base is needed. A truly integrated process is

obtained as reaction and separation take place in one system.

The aim of ths work 1s the development of a mathematical model of a counter-

current fractionating reactor for the hydrolysis of penicillin G

A set of mixer-settlers is used to establish counter-current contact of the two
immiscible liquid phases. Immobilized penicillin amidase, which is kept in the mixer,
catalyses the hydrolysis reaction of Pen(G into APA and PAA. PenG i1s fed in an
intermediate stage with the organic phase. Subsequently it is extracted to the aqueous
phase. The enzymatic hydrolysis of Pen( is assumed to take place only in the aqueous
phase. As the reaction takes place, the reactants establish a partitioning equilibrium
between the organic phase and the aqueous phase. When the equilibrium concentration of
APA in the agqueous phase exceeds the maximum solubility, it crystallizes. This will shift

the vield towards the product side {Diender e/ al., 2002). The block scheme of this process

l Feed

is shown in Figure 1.

I o - organic phass
aqueous PREEE T L ] &

Stage 1 Faed stage Stage N

Figure 1: Block scheme of counter-current enzymatic reactor
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The mixture of the agueous phase together with APA crystals and the organic
phase 1s fed into a phase separator, where the two liquids have to be separated. The crystals
should be transported with the agueous phase to prevent backmixing of APA. In Figure 2 a

single stage of the counter-current enzymatic reactor is shown.

D ammemtanaey

Organic phase Organic phase

IR—

S ¢
Agueous phase

—— Beparation unit

M

Enzymatic reactor

Aguecus phase and crystals
e &

Figure 2: Single stage of counter-current enzymatic reactor.

Diender et al. (2002) presented a mathematical model for the prediction of the
hydrolysis equilibrium as a function of pH, initial PenG concentration and phase volume
ratio in a batch two-phase system. Crystallization of APA was included in this model. Den
Hollander ef al. (2002} presented a mathematical model, which was used to predict the
concentrations and pH along a counter-current reactor. The latter model did not include
crystallization of APA. The results of the model are only valid when the concentration of
APA is lower than the solubility. This means that the concentration of PenG in the feed
should be low. For full-scale process this will not be the case. Furthermore, the
crystallization of APA will shift the reaction equilibrium to the product side which is
beneficial for the yield of the process.
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The model developed in this work includes the crystallization of APA. Moreover,
it is included the effect of backmixing, which is caused by incfficient phase disengagement
in the settler, such that a fraction of the appropriate phase flow leaving the setter is
entrained and actually carried back, i the reverse direction along the cascade, by
entrainment in the other phase that might lead to a decrease m conversion (Ingham and
Dunn, 1994). It is possible to predict the conversion of PenG and the purity of the product

streams and the average size of the formed APA crystals with this model

2. Theory

The models presented by Diender ef of. (2002) and Den Hollander e al. (2002) are
both based on equilibrium stages. The streams leaving the reactor are assumed to be in
equilibrium with each other. Non-equilibrium models are rate based and include mass
transfer. This work is developed based in a transient model, since solving a set of non-
hinear algebraic equations needs good initial guesses and may give multiple steady-state

solutions {Van der Wielen er o/, 1996).

2.1. Deveiopment of the three phase model

Figure 3 schematically shows extraction, hydrolysis and crystallization in one

stage of the counter-current fractionating reactor.
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Figure 3: Schernatic representation of one stage of counter-current reactor (not shown is

inflow from other stages)

For every component { in every stage j a continuity equation is set up. For

components in the aqueous phase this is given by:

{dC, ) ) 1
(i'SJ)M'E\ d;}r—;ﬂ”(h” —L,C +{1W51)M.f2"?.f ( )

For components i the auxiliary phase this is given by:

{ dq, ) , 2
EJMJL»E;L} =V Vi, — &M > v Fz @

where M, is the mass in stage  in kg, & is the auxiliary hold-up in stage j in kgkg”, Cy; is

the concentration of component 7 in stage j in the aqueous phase in mol kg™, gi; is the
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concentration of component i in stage j in the solvent phase in mol kg’ L, is the agueous
flow rate from stage / in kg's’, ¥; is the solvent flow rate from stage / in kg's'i 1 is the
extraction, reaction, dissociation or crystallization rate in mol kg“i’s"i, F; is the feed flow

rate o stage / in kg-s” and z;, is the concentration of component 7 in that feed in mol kg™
gL J ¥ D b4

The reactor is made of N counter-current CSTR’s. A set of 13 non-linear, stiff,
ordinary differential equations are obtained which are solved m Matiasb with a vanable step
size solver (odelSs). The following assumptions are made to simplify the mode] (Ingham
and Dunn, 1994): all reactors are ideally mixed; the whole process is isothermic and
isobaric; and the mode is limited to two completely immiscible liquid phases, the agueocus
phase and the organic phase. Although one of the phases, the dispersed phase, is n the form
of droplets, dispersed in a continuum of the other, this is neglected and each liquid phase is
assumed to comsist of separate, well-mixed stage volumes. In fact, water and butyl acetate

are almost immiscible.

The structure of the Matlab model together with the names of the different files is

shown in Figure 4.
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Extraction rate

Extraction.m
Component mass
[nput balances
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Output Reaction rate
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Calculation m

Dissociation rate

Dissociation.m
Data storage
Dataxls Crystal growth rate
Crystallization.m

Figure 4: Model structure

The input data for the mode! are: number of stages, feed stage, aqueous and
organic flow rate, feed rate, concentration of HPenG in the feed, volume of the reactor and
amount of backmixing.

With this model the concentration of every component m every stage in time is

calculated. From these data the conversion of steady state is calculated by:

7 "Gpency Ly 'CHPenG,N +Ly 'CPenGw,N (3)

Fyp -z HpenG, NF

£=1-

where Fyr i$ the feed flow rate in the feed stage in kos™ and z; ¢ Is the concentration of
g g ,

component { in the feed in mol kg™

The purity of the products in the exit stream is given by:
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2.1.1. Modelling PenG hydrolyses

For the conversion of PenG to PAA and APA the following reference reaction is

presented:
PenG™ +H;0 <> APA +PAA + H'

The equilibrium of PenG hydrolysis in aqueous system can be described by the
equilibrium constant as defined by Tewari and Goldberg (1988):

K = };APA’CAPA‘ '}/paa'cpaa’ -?/H*CH+ (6}

€q
yPerzG“CPeraG‘ ) }/HQOCH'?O

With y; being the activity coefficient. Effects of non-ideality introduced by ionic strength
can be accounted for by using the extended Debye-Hiickel equations. This will certainly be
the case with high feed concentrations of PenG. So far, the activity coefficient of the
components are set to unity. The concentration of water is assumed constant and taken out

the equation, which will then be:
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C--C -C_. 7

Tewari and Golberg (1988) found a value of 7.35%10% mol kg™ for the equibibrium
constant at 298.15 K.

The reaction rate is dependent on pH due to combination of the influence of the
pH on the reaction equilibrium and the reaction rate of the enzyme (Van der Wielen ef 4.,
1996). This last dependency is neglected and 2 concentration-based model is used to

describe the pseudohomogeneous reaction rate (Minotti ef al., 1998):

i

K

eF

(&)
o k;— {Cﬁg;e{}w - CPAA{‘:?PAWCH+ ]

where . is the reaction rate for the forward reaction in mol kg'i-s'i, £, 18 the forward

1, K. 15 the reaction equilibrium constant in mol kg“iand C; the

reaction rate constant in s
concentration of species / in the aqueous phase in mol kg”'. The influence of & on the

conversion is examined as well.

As the catalyst is immobilized in gel beads transport of substrate to and products
out of the beads occurs. It is assumed that there is no mass limitation and that the reaction is
the limiting step (Ferreira ef al, 2004). Furthermore 1t is assumed that the presence of
organic solvent has no influence on the enzyme activity (Ferreira, ef al, 2004) and that the

reaction takes place only in the aqueous phase.
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2.1.2. Modeling PenG partitioning

The partition coefficient of a component is defined as:

. 5
k<9 )
C,
where ¢; is the concentration of species / in the solvent phase in mol kg and C; is the

concentration of species i in the agueous phase.

It is assumed that only the net uncharged component partition between the agueous
and organic phase. The partition coefficients of the net uncharged components in a water-

butyl acetate biphasic system are given at 25 °C (Diender er al., 2000) and described in
Table 1.

Table 1: Partition coefficients of PenG, APA and PAA at 25° C (Diender ef al., 2000).

Component Kr -]
PenG(org)/PenGlag) 69
PAA(org)/PAA{aqg) 29

APA ™ (org)/APA™(aq) 0.001
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The extraction rate is given by:

(. K {10
¥, = fcfaLg«imng
K, )

where #, 18 the extraction raie in mol kg'g-s“i and ko is the mass transfer coefficient in 57,

The influence of 4w on the conversion is examined as well

It is assumed that k; is constant. Otherwise, the result is that the overall coefficient
ki wvaries with the concentration, and therefore in modeling the case of a non-linear
equilibrium extraction, further functional relationships relating the mass transfer coefficient

to concentration would be required, such asg ky = £(C;) (Ingham and Dunn, 1994).
2.1.3. Modeling dissociation kinetics

Immediate dissociation is assumed. For simplicity reasons this is modeled based
with a high dissociation rate constant of 100 s”. Dissociation constants are given in Table
2.

K

&

C,.-C. {11}
Ta mka’(CHA ‘_L'_i'}

where 7, is the dissociation rate in mol kg™ s, &y is the dissociation rate constant in s and

K, is the dissociation constant in mol kg™

112



Table 2: Dissociation constants (Diender ef al., 2000)

Component pKa
PenG 2.5
PAA 4.3
APA® 4.9

APAT 2.5
H,O 14

2.1.4. Modeling crystallization kinetics

When the concentration of APA exceeds solubility, crystals of APA™ are formed.

To calculate the amount of crystals formed the method of moments as described
by Van Rosmalen {1994) is used. The method of moments represents the Crystal Size
Distribution (CSD) in its first four moments my to m;, related to the total number, Ny, total
length, L, total surface area, Ar, and total volume, Vr, of the crystals, all expressed per kg
aqueous phase. The balance of the moments is shown in Table 3. These balances can be

solved in time together with the component balances aforementioned.
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Table 3: Moments balance

Momenis Name Moment balance
4N,
EL7] Ny {i & }M;{ d;'j jix Ly Ny = LNy + (E - gJ}Mj{j + 5y} {12}
o (dL
fal) It (z - sijji ‘;-f )m-, Lol —Lii, + (E - gj)M; (N.G) 1%
A\
(d4))
10} Ar {1 - SJ)Mﬁ\_g;”} =LAy Lydp ot (1 - gj)Mj(ZicGLTG} (i4)
rdv. N k -
i3 Y {}——g})M’J EZ’JJE;“Q{;_‘VT_FE -4z, +(E_gj}‘wj(3‘;—/§?‘6} (33}
Y a

where A is the mass in stage / in kg, & is the auxiliary hold-up in stage j in kgkg”, L; is the
aqueous flow rate from stage j in kg's”, J is the primary nucleation rate in #-kg‘l-s‘], By is
the secondary nucleation rate i #kg's”, G is the crystal growth rate in ms”, k. is the

surface area shape factor [-] and k, is the volumetric shape factor [-].

This method only holds if the crystallization process does not show size-dependent
processes. Furthermore it cannot reconstruct the population density from the different

moments.

The APA crystallization rate in mol kg™-s™ is given by (Mullin, 1993}:

k I
=3 =14, G5 16
rc [k } T M { )

o w
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where G is growth rate in m-s”, 4 is surface area of the crystals in m™kg”, p, is the density

of APA crystals in kg-m™ and M,, is the molar weight of APA in kg mol™.

In a continuous crystailizer the main phenomena causing nucleation is secondary
nucleation, for which lower saturation is needed than for primary nucleation. The secondary
nucleation rate is a function of the supersaturation, the power input and the total crystal
mass i the crystallizer. As the exact dependency is not known and also the process variable
power input is unknown the number of crystals is assumed constant. This is selected from
the supersaturation that will be obtained from simulation. The supersaturation in continuous

crystallizers will be very Jow.

The surtace area shape factor k. and the volumetric shape factor k. are assumed to

be one as no other mformation is available.

The growth rate of APA crystals in ms™ is given in equation to the supersaturation

ratio of APA presented in Chapter IV
G =4.256x107(8 1) (17)
where S is the supersaturation ratio of the crystallizing component:

Cipy

Ceq,éfiPA

S= (18)

with (o, 44 being the solubility of APA.

This solubility depends on the fraction of APA™ in the solution, which is a function
of the pH. The fraction of APA™ is given by:




C e i (19

apat =
Cx&f" %CAPA* %CAPA" P a,APdtT 4o A

These equations can also be obtained for the other fractions. The fractions of the

different forms of APA as function of the pH are shown in Figure 5.
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Figure 5: Fractions of different forms of APA as function of pH

When the solubility of APA is plotted against the fraction of APA* {as presented
in Chapter IV the following figure is obtained.
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Figure 6: Solubility as function of the APA”™ fraction

The equation for the solubility of APA is:

Cogapa =12.022x (F (20)

-3
APA*'}

By modeling the crystallization as stated before, concentration of APA, amount of
crystals and conversion is obtained in a simple manner. Disadvantage is that it is not
obtained encugh information over the crysial size distribution and over the real amount of

supersaturation ratio. The exact way to implement the crystallization kinetics is described

here:

The desupersaturation of APA concentration by crystellization is given by

(Raphson et ai., 2001}:

dCups() 1 dM() (21)
dt MV dt

17




This term can be considered as the crystallization rate. Where Cupy is the
concentration of the dissolved APA in mol m~ solvent, M is the mass of APA crystals in

kg, M, is the molar mass in kg mol! and ¥ is the volume of the reactor in iy,
The formation rate of crystals is given by mtegration over all crystal size classes.

(22)

dM (5 onlt,x}
=k p iy dlx

dr g Py
where k, is the crystal shape factor and p, is the crystal density in kg'm™. The population

balance for crystals in 2 specific size class is given by:

oVn(t,x) DVmit, xyG{e, x}
s Bx

23)

+ VB, xy - Vd{t, 5y + @ n, {1, x) - D 7. x}
where #n is the number of particles per volume per size class in #m™, 7 is time in s, x is the
length coordinate in m, G is the growth rate in mrs”, ¥ is the reactor volume, & is the birth
function in a certain crystal class size in #m™-s", d is the death function in a certain class in

#m*-s and @is the flow rate in m'/s.

Under the assumption of no agglomeration, no breakage, no death. birth only in
the lowest particle class, size independent growth and constant volume, the following
partial differential equation is obtained for a multi-stage continuous crystailizer:

onl(t, x)} __ 5{?2{:, x)G(z)j N @

. D {24)
il . z.’ - oul tj
Y ™ ” 7, (1, x) 7 X x)

This partial differential equation (PDE) can be solved numerically by

discretisation. With a first-order single step upward discretisation in space this becomes:

dn, () __ [G(t)(nf {t)—n. (i))} N @,
dt Ax ¥

25)

D
n,‘n,,‘ {{) - ““‘;,_mnj (r}
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i indicates the space coordinate. So for every stage, 7 equations are added being the particle
size classes. The crystal size distribution in time can be obtained by integration of the
different size classes. The formation rate of crystals, given by tegration over all crystal
size classes, can then be calculated (eq. 22). The discretised equations can be solved

numerically with Matlab.

AM@ = () .
L _— k i J&X_J
PRI ar

i={

(26)

The extensive model, which includes particle size distribution, will give better
information on the supersaturation. This influences the conversion via a shift in the reaction

equilibrium and so will give better information about the real conversion.

A disadvantage is that information Is needed on the nucleation rate. In this reactor
both primary and secondary nucleation could occur. Another disadvantage is that » (stages)
times i (particle classes) differential equations are added to the model This will slow down
the model considerably and can cause instability. For this step of the development of this
model, it was decided to use the moments method with constant mumber of crystals in the

model.

2.1.5. Axial dispersion

So far it was assumed that phase separation between stages was complete. But for
designing the multi-stage countercurrent reactor it is important to know what the influence
of non-ideal phase separation is on the reactor performance and conversion. Backmixing
reduces the efficiency of countercurrent mass transfer cascades, owing to its effect on the
concentration profiles within the cascades and in decreasing the effective concentration

driving forces (Ingham and Dunn, 1994). The back-flow model is incorporated, which
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assumes well-mixed non-ideal stages with backflow. The inherent assumptions are as
follows (Lo er al., 1991):

1. The content of each stage is well mixed and backmixing occurs by mutual

entrainment of the phases between stages.

2. The backmixing is expressed in terms of the ratio o of backmixed 1o net forward

interstage flow and is constant for all stages

3. All mass transfer occurs in the mixer
4, The solvent and raffinate phase are immiscible
5. Fictitious afier-settlers 0 and N+1 are provided at both ends of the reactor.

The arrangement of the flows is shown n F igure7. It is possible to have different

backmixing coeflicients for both organic and aqueous phase.
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N
{Vn+VN) yN i* o¥n yn alN =N iﬁnﬂzLN}, £
Feed —0 5 n
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1

Viyt 4 ? LOx_in

vV L

Figure 7: Backflow model: material balance over stage
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Here the backmixing flow rates al. or oV act in the reverse direction to the main
phase flows, between the stages and along the cascade. One mmportant factor in the
modeling process is 1o realize that, as a consequence of the backmixing flows, that since
phase volumes remain constant and then the interstage flow rates along the cascade, in the
forward direction, must also be increased by the magnitude of the appropriate backmixing
flow contribution. With a backmixing flow oL in the aqueous phase, the resultant forward
flow along the cascade must now be (L+al), since the backmixing does not appear outside
the multi-stage countercurrent reactor. Similarly with a backmixed flow oV, the forward
flow for the organic phase is also increased to (V+aV). Taking into account the changed
flow rates, however, the derivation of the component balance equations follow normal

procedures (Ingham and Dunn, 1994)

3. Simulation accuracy and results

3.1. Consistency of the model

To examine if the model values are reliable, different controls are performed. First
the extraction yield caleulated with the model is compared with the value calculated with
the Kremser equation. In the model, the reaction and dissociation constants are set to zero.

Then the fraction of PenG that remains in organic phase is simulated.

When the fraction of non-removed PenG was calculated using the Kremser

equation the same number was obtained. The conclusion is that in modeling extraction no

error occurred.




Furthermore the consistency of the model is guaranteed as both mass balances
over the P-lactam nucleus and the phenylacetic acid side chain are closed. These mass

balances are respectively:
Z F L tpens ; = 1 (qﬁﬁm{'}.i + g.4.”;’§,l;§+ L {CHPee’J.n F Crengon * Coppn * Copa_p + Cappon ™ C,-;?.ar_s';.a} (27}
Z F s,y = 1, {gHPmG.l + QPAAJI.‘:}J" i, {Cﬁ}’eas_n * oo ¥ Conar o + Cos 77@:} (28}

After the simulation, equilibrium is assumed to be achicved when the change in
concentration of both side chain and B-lactam nucleus are smaller than 0.1% and all

partition and dissociation equilibria are very near to their equilibrium constant.

3.2. The accuracy of the model in predicting experimental resuits

To study the accuracy of the model the simulation results are compared with
experimental results (Den Hollander er al., 2002). The experimental details and input

parameters are shown in Table 4.
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Table 4: Experimental details of counter-current PenG hydrolysis

Input variable Name Value
v Organic solvent rate 3.54 g/min
L Agueous rate 5.92 g/min
F Feed rate 3.2 g/min
Z Concentration HPenG in feed 40.8 mmolkg
N Mumber of stages 3
NF Feed stage 2
oy Fraction of backmixing in organic phase 0
o Fraction of backmixing in aqueous phase 0
Crystallization no

The first values for the reaction and mass transfer coefficients were chosen.
According to Den Hollander ef al. (2002}, their experiment was at equilibrium. This means
that enlarging both constants had no influence on the conversion. The conversion is plotted

as function of the reaction and mass transfer constants in Figure 8.



g

—s—Ka=01 |

8 —E—KgEt
§ & KB =10 |
§ %kiaz‘i&@é
oM 01 1 10

k_reac {lfs}

Figure 8: Influence of reaction constant and mass transfer coefficient on the conversion.

As can be seen from Figure 8§ for a reaction constant larger than 1 5 and a mass
transfer coefficient larger than 10 s7 the conversion does not increase anymore. Reaction
and partition are then also at their equilibrium. These values will be used for designing of a

large scale reactor.

In Figures 9 and 10 and Table 5 the experimental and simulation results are

shown. This data are obtained from the steady state point of the dynamic simulation.
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Figure 9: Measured concentrations in aqueous phase (Den Hollander ef al., 2002). Model

values are indicated with lines
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Figure 10: Measured concentrations in organic phase {Den Hollander ef of., 2002). Model

values are indicated with lines.

Table 5: Theoretical and experimental pH, conversion and purity of components in streams

Experimental Model

pH stage 1 3.7 3.68

pH stage 2 3.6 3.63

pH stage 3 3.7 3.72
Conversion 98% 98.3%
Purity APA in aqueous phase 100% 99.4%
Purity PAAH m organic phase 97% 98.5%

The model describes the trend of the experimental results reasonably well.
125



3.3. Crystallization

if the concentration of APA in the aqueous phase exceeds the solubility, APA will
crystallize. The influence of the amount of crystals on the simulation results is examined.
Different simulations are tested with different crystal amounts. This assumed amount has

direct influence on the supersaturation in the reactor as can be observed from F igure 11.
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Figure 11: Influence number of particles on the conversion and supersaturation

It is assumed that the supersaturaticn in the reactor will be low at steady state and

according to the Figure 11, the lower the supersaturation the higher the conversion.

3.4. Backmixing

Backmixing interferes with the counter-current flow and causes lower conversion

and a decreased separation of the products. With the input parameters shown in Table 4
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different simulations are performed by changing the backmixing factor for the agueous and

solvent flow. Resulting conversion and purity of the products are shown in Table 6.

Table 6: Influence of backmixing on conversion and product purity

Conversion Purity of PAA Purity of APA
oL =0 oy =70 98.3 98.5 99.4
oL =0 oy =10.1 97.9 98.4 98.7
oy =0.2 97.5 98.3 98.1
oy =103 97.3 98.2 97.7
ay =0 o =0.1 97.4 97.7 99.4
o =0.2 96.7 97.7 99.3
o, =03 96.2 96.4 99.3

The mfluence of backmixing for this feed concentration is not very high. The
influence of backmixing will set the efficiency specifications for the multistage

countercurrent reactor.

Anélyzing the results of Table 6, it should be pointed out the high level of purity
of both products, PAA and APA, proving the viability of the system proposed. In practical
applications, the pure APA may be use directly to the semi-synthetic amtibiotics and the

pure PAA may be recycled to the fermentation process of PenG production.
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4, Thscussion

In this study different elements that lead to process design of the counter-current
reactor are discussed. The process design result has its basis model of counter-current

extractive enzymatic reactor that predicts:

s Yield of the process
® Purity of the APA stream
& Stream composition between different stages

The quality of the model predictions depends on the quality of the assumptions
that were made i the model. The model describes the experiments performed by Den
Hollander er ai. {2002) reasonably well (Table 5, Figures 9 and 10). But for designing of a
large-scale reactor higher feed concentrations of PenG are needed. This leads to
crystallization of APA. It is uncertain how good the model is in predicting this situation.

The uncertainty of different assumptions is discussed below.

So far, the pH influence on the amidase activity was neglected. As can be seen
from the process design results the pH drops below 4. Van der Wielen et af. (1996) give an

equation for the active fraction of amidase as function of the pH.

1

14 Sn @n

KaE

Fpo=
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where F g{} 1s the active fraction of the enzyme, Cy” is the concentration of protons in mol L

' and K.z is the kinetic parameter of the enzyme in mol L™, in this case 8.17%10° mol L'

(310 K)

When the active fraction is plotted against the pH the following graph is obtained.
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Figure 12: Fraction active enzyme as function of pH.

From Figure 12 can be seen that below a pH of 5 the fraction active enzyme is

almost zero. To make the model more accurate, rigorous enzyme kinetics, incorporating

enzyme activity, should be. This rigorous kinetics is described by Van der Wielen ef al.

{1996). When this was implemented the model became unstable and # was decided to use

the simple description of the enzyme kinetics.

During counter-current experiments performed by Den Hollander er al. (2002) the

pH in the reactor dropped to 3.7 as shown in Table 5. The enzyme would present very low

activity at this pH (Ferreira ef al., 2004), but still the conversion of PenG is 98%. The

model predictions are m agreement with this. This phenomenon should be further addressed

for good model prediction,
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The size of the reactor depends to a large extend on the reaction constant &, of the
enzymatic hydrolysis reaction because that is the rate limiting step. It is very important to
know this parameter for the process design. It can be seen from Figure 8 that when the
reaction constant is larger than 1 57 this has no effect on the vield. This means that the
reaction has run to completeness. Enlarging the residence iime, which is related to the
reactor volume, will have no effect on the vield. But when this constant is smaller than 1 57
and, especially smaller than 0.05 57, a small deviation will have a large mfluence on the
size of the reactor. So, if the reaction constant of the enzymatic reaction would lie in this
range, it is important to measure it very precisely, as it will strongly mfluence the size of

the reactor.

In: the partition analysis, the & of the different extraction processes is assumed to
be 100 5. When is assumed that the mass transfer coefficient ; has a value of 107 mes™
{Van‘t Riet ef al., 1991) the specific surface area per m’ of reactor volume, g, should be 108

m”. The specific area is calculated from the droplet size by:

a=— 28)

With dp being the droplet size in m and & being the hold-up of the agueous phase.
When the hold-up is 0.5, the diameter of the droplets in the reactor should be 3 um. This
droplet size seems too small, It can be seen from Figure 8 that decreasing the kw by a factor
10 has no effect on the yield and decreasing the ki by a factor 100 has only minor effect on
the vield. So a droplet size between 3 and 30 um does not influence the process yield and a
droplet size up to 300 pm has only a small effect on the yield. Increasing the droplet size
more has dramatic influence on the yield. It can be concluded that the reactor should be
operated at a droplet size smaller than 300 pm so that the mass transfer is not limiting.
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It should be mentioned that crystallization is a very complex phenomenon o
measure and to model and in this section it is tried to give an idea which factors concerning

crystallization have 3 large influence on the final design result.

The process yield calculated by the model depends heavily on the assumed
supersaturation as can be seen from Figure 11, This again depends on the measured APA
solubility and the chosen amount of particles. The best option is to change the model] as
proposed in item 2.1.4 with particle size distribution. This complicates the model and also
information on primary and secondary nucleation is needed. This is not easy to measure

accurately.

The simulated crystal size is influenced by the growth rate, the supersaturation and
the residence time in the reactor. The growth rate as function of the supersaturation was
measured and the results were presented m Chapter IV. The growth rate facior was

relatively low.

5. Conclusions

In this work, the process design of a fractionating counter-current enzymatic
extractive reactor for the hydrolysis of PenG to APA is presented. This is an alternative
process for the existing APA process. The heart of the alternative process design is a series
of continuous stirred tank reactors. In these reactors the PenG is extracted from an organic
phase to an agueous phase, where it is hydrolyzed by immobilized amydase to APA and
PAA. The PAA has affinity by the organic phase and is extracted from the aqueous phase.
When APA exceeds its solubility it crystallizes. The three-phase system, (agueous and
organic phase and APA crystals) that leaves the reactor is separated in an aqueous crystal

phase and an organic phase. The benefit of this new reactor concept over the existing
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process lies in: almost complete conversion of substrate by equilibrium limited reaction,
separgtion of products, less unit operation necessary compared to the existing process, less
salt produced. The process design results depend strongly on the used assumptions for
crystal growth rate, APA solubility and enzyme stability. To increase the validity of the
conceptual process design these assumptions should be verified carefully and the model can
be adjusted.
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CAPITULO VI

A idéia inicial de realizar a hidrdlise de PenG em sistema contra-corrente foi a
aplicagdo de colunas de recheio. No entanto, ensaios preliminares demonstraram a baixa
eficiéncia e convers@io da coluna de recheio em escala de laboratéric para completa

conversdo da PenG em APA e PAA.

Deste modo, foli necessario buscar wm sistema mais adequado de reacfo e
purificacfio para ser instalado em escala de laboratério. Com as informagdes disponiveis,
foi elaborado um artigo contendo dados necessérios para auxiliar na selecfio de sistemas

especificos de reac8o e separag@o empregados na inddstria de qufmica fina, em geral.

Este capitulo corresponde a uma revisdo bibliografica que apresenta as diversas
configuracBes de biorreatores extrativos destinados a aplicagBes especificas, dependendo do
tipo do processo e de suas caracteristicas e limitaces. A apresentacfo dos tipos de
equipamentos fol ilustrada com as vantagens de cada configuracfo, com as restrigdes dos
processos biocataliticas ¢ com os exemplos préticos de aplicagfio. As informages dos
critérios de selecfio e dos tipos de biorreatores foram agrupadas em uma tabela de facil
consulta para a escolba do tipo de configuracio desejada. Além disso, foram avaliados dois
estudos de caso para demonstracio do uso da tabela e das informacgles apresentadas na
revisfo. A escolha final de um biorreator extrative, no entanto, deve ainda ser baseada na

combinacBo da modelagem de processos, experimentos e otimizacZo e avaliacdo

econdmica. No entanto, o objetivo desta revisdo nfio abrange estas analise final.
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ABSTRACT

The development of devices that can be used in iniegrated process represents a
fascinating research topic. This integration should allow selectively to remove the product
and bv-product from the mixture of an enzyvme catalyzed reaction, in order to overcome
inhibitory or toxic effects. It also shifts unfavorable reaction equilibrium; rinimize product
losses owing to degradation and reduce the total number of downstream-processing steps.
In order to achieve the goal of choosing an appropriate device for integrated production and
extraction processes and for use of immobilized biocatalysts, the selection is based on the
criteria of each particular system. One of the difficulties of selection of a suitable contactor
for extractive bioreaction arises from the wide range of comtactor types available for
consideration and the large number of design variables involved. Furthermore, it is worth to
use a combination of process modeling, experiments, optimization and process economics.
Hence, a case-by-case analysis is ofien necessary before the final choice of a reactor type
can be made. The objective of this work 1s to present a review concerning the selection of
various extractive bioreactor equipment for specific process applications based on the
respective advantages, limnitations and the illustrated applications. The features of extractive
bioreactors are compared m a Table based on the criteria for each device that guides the
selection for the appropriate set up. Two case studies are evaluated and an appropriate

extractive bioreactor is chosen based on the features and criteria presented in this review.

Key words: bioreactor, extractive bioreaction, liquid-liquid extraction, membrane reactors,

integrated process.
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i~ Introduction

Biclogical conversions are characterized by being performed in agueous solutions,
usually at low temperatures and pressures, and by leading to dilute product solutions and
low productivities. These major drawbacks of the biotechnological processes, when
compared with the traditional chemical processes, are due to low biocatalysts
concentrations in the reactor, inhibition end products, low substrate and/or product
solubilities in the aqueous bioconversion media and eguilibrium limitation imposed by
reversible reaction. The technological approaches to circumvent these problems are based
on the Increase in the biocatalyst density using immobilized biocatalyst preparations and
the integrated production and separation using the in situy extraction of bioproducts (Cabral,
1991; Kachasakul er al, 2003). These techniques lead to enhanced rates of mass transfer,
decreased level of product mhibition, facilitated product recovery and reduced reaction
volumme for a given amount of product (Sajc ef «l,2000). Moreover, single units that
combine reaction and separation operations have received considerable attention, since the
reduction in the number of equipment units leads to investment saving (Kachasakul er al.
2003).

Concerning on purpose of adapting bioreactor to carry out reactions with
immobilized biocatalyst, they are considerably smaller than those for free enzvmes and
cells due to the higher concentration of the biocatalyst. Techniques have been developed to
increase the biocatalyst concentration in the reactor and thus retention for continuous
process operation (Hoss, 2000), namely, separation of the biocatalyst at the reactor outlet
by sedimentation, flotation, filtration, and centrifugation or by recycling part of the
biomass; retention of the biocatalyst by micro or ultrafiltration membranes; and fixation of
the biocatalyst on supports or by gel entrapment, encapsulation, adsorption, etc., followed
by flocculation and pelletizing.

In order choose a device appropriate for integrated production and extraction

processes and for use of immobilized biocatalysts, the selection is based on the criteria of
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gach particular system. One of the difficulties of selection of a suitable contactor for
extractive bioreaction arises from the wide range of comtactor types available for
consideration and the large number of design variables involved (Pratt and Hanson, 1991).
Furthermore, it is worth to use a combination of process modelling, experiments,
optimization and process economics, Hence, a case-by-case analysis is ofien necessary

before the final choice of a reactor type can be made (Mills and Chaudhari, 1997).

In the following section (Section 2), we are going fo present the different
equipment that can be applied in integrated production and separation, showing a wide
number of practical examples of mediun reactions, biphasic or multiphase systems. The
advantages and lLimitations are discussed for each equipment. The features of extractive
bloreactors are compared In a Table based on the criteria for each device that guides the
selection for the appropriate set-up (Section 3). In Section 4 of this review, two case studies
are evaluated and an appropriated extraciive bioreactor is chosen based on the features and

criteria presented m this review.

2-  {lassification of the Extractive-Biereactor

In this section, a classification of the different types of extractive-bioreactors will
be presented, including their general characteristics and a simplified form could be
consulted in Table 1.

These devices will be separated in the following sequence:
2.1- Mixer-settlers;
2.2~ Centrifugal extractors;
2.3- Columns;

2.4~ Arrhift and loop reactors;
140



2.5- Raining Bucket or GRAESSER RTL extractor;
2.6- Membrane reactors.

2.7- Reactive Chromatography

2.0~ Mivers-Setiler

The range of applications of mixer-settlers i1s now very large, and equipment is
available in a wide variety of shapes and sizes {Godfrey and Slater, 1991). Besides many
new designs and developments n the field of bioreactors, Hoss (2000) reported that, about
80 % of all biochemical reactions are carried out in stirred-tank reactors. Stirred-tank
reactors with different stirrers and mixers are mainly used for immobilized and suspended
cells. They are often chosen when the separation requires many equilibrium stages, when
extraction kinetics are not rapid and when the separation flow sheet is complex and requires
precise location of incoming feed streams with respect to counter-current exiraction in
mutiti-solute systems (Pratt and Stevens, 1992). The controllability and flexibility of the
stirring tank reactor in terms of mdependent adjustment of mixing and aeration makes it the
most frequent equipment of choice, despite several limitations, such as high power
consumptions, high shear, and problems with sealing and stability of shafis in tall
bioreactors {Sjac e al. 2000).

Industrial gravity settlers are usually horizontal cylindrical or rectangular tanks in
which the hiquid-liquid dispersion is continuously fed at one end and the separated phases
are withdrawn at the other end (Figure 1.a) (Godfrey and Slater, 1994).
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Figure 1: Scheme of a) a two-stage horizontal mixer-settler and b} a vertical settier set-ups

(Pratt and Markl, 1992).

A variety of practical examples are presented in the literature. Van Sonsbeek, e a/,
{1993) reported two basic experimental set-ups for extractive fermentation with stirred-tank
reactors. The first set-up, shown in Figure 2 (a}. is the simpler one, but it can lead to a
rather stable emulsion that requires a long settling time. In this case, an external extraction
column as shown in Figure 2b is more favourable because emulsion formation is less
vigorous. Furthermore, an external extraction column s alse more effective because it is a
multistage contactor, whereas for direct solvent addition, only one equilibrium stage can be

achieved.

142



e ! — soivEntio
A T e SO
subste 1T el U e j ’
— _a:._ %2 ] ey
PR R P
LR & 4
i ' pump  dschare
remtin
(a) (&)

Figure 2: Extraction with (a) direct solvent addition and (b) contacting in an external vessel
{Van Sonsbeek ef af, 1993)

A different arrangement of mixer settler was proposed by Anwar ef gl (1998), In
order to separate quinoline and iso-quinoline in a multistage countercurrent extraction, and
is presented in Figure 3. This unit provides stagewise contacting and complete flexibility in
the number of stages used. The design is simple, relatively inexpensive and completely

hydraulically independent.
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Figure 3: Arrangement of mixer-settler for separation of quinoline and iso-quinoline

(Anwar ef al. 1998).
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2.2- Centrifugal Extractors

The centrifugal extraction equipment was developed for biotechnological practice.
This eguipment is usually operated in a countercurrent mode. It is especially for systems
exhibiting a small density difference, a strong tendency to emulsification or requiring short
contact times. Their main advantages are extremely high throughput; very short coniact
times (few seconds) which is important for the extraction of unstable solutes; low solvent
volume inn the extractor. On the other hand they present high invesiment costs; high variable
costs; and high pressures (up to 100 bar) can occur locally at the periphery of the rotating
cylinder (Schiirgel, 1994).

Their performance is evaluated in terms of number of theoretical stages, which
varies within the range 2-7, depending upon the particular system used and the required
flow ratio (Pratt and Stevens, 1992; Godfrey and Slater, 1994).

Successful applications of centrifugal extractors are reported concerning on the
antibiotic production (Kusnetsov ef al., 1993). For imnstance, Podbielmiak extractor was a
popular industrial version which was first used for penicillin extraction. The stage of
extraction in antibiotic production is characterized by a number of problems which are
associated with formation of stable emulsions, with considerable losses from
decomposition of the antibiotics, and with large volumes of highly volatile, expensive and
toxic extractants. These problems can best be solved by the use of multistep centrifugal
extractors, in which a high separation factor of the emulsions is achieved with
comparatively small volumes. CENTREX centrifugal extractors makes it possible to reach
a high efficiency (93-96%) of extraction at every stage due to the intensive stirring of the

operation solutions provided by the structure of the extractor (see Figure 4).
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Figure 4: CENTREX centrifugal extractors {Kusnetsov ef al , 1993)

Recently Westfalia has developed an Extractor-Decanter (Figure 5), which is used
for the direct extraction of antibiotics from fermentation mycelial broths without further
separation. It is built with two practical stages and it was obtained with an antibiotics-yield
0f 97-98% (Schiirgel, 1994, Godfrey and Slater, 1994).
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Figure 5: Westfalia axial countercurrent centrifugal extraction decanter (Godfrey and
Slater, 1994,

Westfalia overcomes the disadvantages of limited mass transfer performance by
employing an axial countercurrent flow of the liquid phases in a rotating drum with special
installations. The hydrodynamics conditions remains constant along the extraction path and
it is generally possible to increase the mass transfer performance by enlarging the extractor
length to a greater degree than in radial machines. The transport of solids is possible
without damaging the internals and a very slight difference in height along the tube is
sufficient to provide axial countercurrent flow of the two liquid layers (Godfrey and Slater,
1994).

Komives et al (1994) evalated a continuous centrifugal reactor for the
degradation of pesticides in a reversed micellar medium. A continuous-flow centrifugal
reactor was demonstrated for carrying out enzyme-catalyzed reactions in two-phase
microemulsion systems. Because the enzyme essentially is completely retained in the
microemulsion phase due to hydrophilic properties, it is effectively immobilized in the
reactor. The conversion in the reactor was limited by partitioning of the substrate between

the organic phase and the microemulsion aggregates, but more significantly by the product
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inhibition. Mechanical means can be employed. For example, the introduction of channels

in the centrifuge tubes would increase the contact time between the phases.

The centrifugal bioreaction-separation principle based on the rate-zonal
centrifugation process was applied in order to evaluate the biosynthetic formation and
simultanecus sedimentation of native dextran (Setford, 1999). The slowly sedimenting by-
product was removed from the more rapidly sedimenting biocatalytic zone by virtue of
sedimentation velocity differences. Figure 6 shows a Beckman model J2-MC centrifuge
fitted with a JCF-Z Zonal Rotor and Reorienting Gradient core used in the combined
centrifugal bioreaction-separation process (Setford and Barker, 1994). Zonal rotors have a
number of advantages over comventional centrifuge bucket rotors: larger gradient and
sample volumes can be loaded; the samples can be applied to the gradient while rotor is
spirming (dynamically), wall effects are minimized, and the contents of the rotor can be

unioaded after centrifugation with no appreciable loss in sample resolution.

Figure 6: Operating principle of the Beckman JCF-Z Zonal Rotor containing Reerienting
Gradient core (Setford and Barker, 1994)
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2.3~ Columns

The application of columns as exiractive bioreactions comprises a wide variety of
equipment, with adaptations of agitators or mechanical power input in order fo overcome
the drawbacks concerning on the mass transfer and low number of stages. Specifically, to
design an extraction columm, the level of agitation should be taken into account. It must be
controlled carefully because the reduction in drop size reduces the capacity of the column
for countercurrent flow. Excessive agitation can lead to flooding, foaming, or entrainment
of droplets i the continuous phase. Recently, increasing attention is being directed to the
non-uniformity in the dispersed phase drop-size distribution. Another disadvantage of
excessive agitation is higher axial mixing; and the resulting decrease in the number of
equivalent stages may offset the advantage of higher interfacial area (Godfrey and Slater,
1994).

A sequence of the different equipment of columns applied as extractive bioreactor

is presented below:

2.3.1- Spray Columns

The spray columms provide a low shear environment very appropriate for the
enzyme stability. Roode et al (2001} developed a bioreactor for the semi-continuous
production of hexyl glucoside. The half-life time of the enzyme was almost 30 days.
whereas the enzyme is totally deactivated in 40 h in a CSTR. The high deactivation rate in a
CSTR may be caused by vigorous stirring in combination with the presence of an air-hquid

interface and a large polar/apolar lguid interface.



2.3.2- Packed Colummns

Fixed beds (Figure 7) are characterized by simple design operations with minor
maintenance, and low backmixing and hence represent the reactor design of choice for
continuous operation with immobilized biocatalysts (Huneke and Flaschel, 1998} The
packed column is suitable for protein extraction due to moderate mixing and shear stress
caused by a stable counter current operation over a wide range of slow rates (Nishi ef al.,
1999). In liquid-liquid extraction the role of the packing is to reduce large-scale convective
mixing or axial dispersion in the continuous phase and to provide surfaces to allow
breakage and coalescence of the dispersed phase to enhance mass transfer (Godfiey and
Slater, 1994
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Figure 7: Typical construction of a packed column (Godfrey and Slater, 1994)

Nevertheless, because of the tendency of the phases to flow along the wall, the
substrate may be not adequately supplied, thus reducing performance. The substrate
lirnitation, in addition, causes a local decrease of buffer capacity lowering the pH, and,

thereby, lowering the enzymatic activity. It has been shown that the choice of the non-polar
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phase may be a crucial issue (Huneke and Flaschel, 1998). In order to overcome this
drawback, it is common to install redistributors in industrial columns if relatively large
packing is being used {Godfrey and Slater, 1994). Moreover, although packed bed reactors
are advantageous In that a large amount of cells can be immobilized per umt volume,
diffissional Bmitations of mass transfer to the immobilized cells, as well as the difficulties
in supplying and removing gaseous components can limit the use of this equipment for

biotransformations (Sjac, ef af., 2000}.

The performance of packed columns can be improved by mechanical pulsation of
the continuous phase, at the expense of a reduced throughput. The columns adapted with
this device is named Pulsed Packed Columns. The increased performance results from
greater shear forces causing a reduction in drop size with an associated increase in

interfacial area and mass transfer rate. (Pratt and Stevens, 1992; Godfrey and Slater, 1994).

2.3.2- Pulsed Sieve-Plate Columns

Mass transfer rates could be improved adding mechamical energy in the form of
superimposed agitation or pulsation, resulting in higher turbulence at the interface and
larger mass transfer area due to smaller drop sizes. In addition, the extra energy mput gives
greater flexibility in operating the column, but requires a more complex and costly design.
If a larger number of theoretical stages is required, agitated or pulsed columns offer an
economical solution {Godfrey and Slater, 1994; Pratt and Stevens, 1992). Two different

types of pulsed sieve-plate cohmms have to be distinguished:

2.3.2.1- Liguid pulsed sieve-plate extractors (PSE): (Figure 8) were first applied in

the solvent extraction of radioactive materials in the 1940s and although their use was not
mentioned vet, these devices present characteristics suitable to bioprocess criteria.
Numerous investigations have shown that high throughput, high separation efficiency and

insensitivity towards contamination of the interface characterize this type of extractor.
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These favourable properties and the simple design of the colummn have resulted In a
widespread application of the type of extraction equipment in industry and although the
performance deteriorates as a result of increased backmixing, this can be partially
overcome by suitable baffling. However, liquid pulsed sieve-plate extractors should not be
used for sticky and greasy liquid and for Lguid-liquid systems, which emulsify easily
(Godfrey and Slater, 1994).
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Figure 8: Scheme of pulsed sieve-plate extraction column (Godfrey and Slater, 1994).

2.3.2.2- Reciprocating-plate columms (RPC): They have been widely used in the
pharmaceutical, in diameters up to 1.5 m, (Figure 9). They suffer deterioration in
performance on scaling up the diameter as a result of increased backmixing and

channelling, despite maintaining the plate spacing constant (Pratt and Stevens, 1992).

{a} KRPC () PRPC (e} PREC fd) MVDL
{eourterphase}

Figure 9: Some types of reciprocating plate column (Godfrey and Slater, 1994).



Two different and most applied RPC designs are:

a) KARR RPC: The KRPC was mitislly developed for applications in the

pharmaceutical industry. The optimum plate spacing relates to the density difference and
mterfacial tension of the system being used. Increased spacing is recommended for systems
with low mterfacial fension and low density difference which do not reguire strong

agitation; and vice versa {Godfrey and Slater, 1994).

The advantages of the Karr columns are (Schiirgel, 1994):

® High throughput and high mass transfer as well as high volumetric efficiency;
s High degree of versatility and ﬁexiﬁiﬁity;
® Easy handling of emulsifiable material and liquids with suspended solids.

b) PROCHASKA RPC: Have downcomers segments for the continuous phases

that reduce the hindering effect of continuous phase on the dispersed phase flow through
the perforations and thus enhance the column capacity. The alternation of downcomers on
neighbouring plates creates a cross-flow of phases in the stages, which improves radial

homogeneity and reduces efficiency deterioration in scaling-up of PRPCs.

The mechanical strains m PRPCs are relatively low. The pressure pulsation at the
bottom of the column is practically eliminated and a high mechanical stability is reached in
columns with countermotion of plates. In these columns a reduction in axial mixing

intensity was also observed (Godfrey and Slater, 1994).
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2.3 3- Baffle-Plate Columns

These columns are equipped with side-to-side or ‘disc and doughnut™ baffles, in
order to reduce continuous phase backmixing and to induce coalescence and redispersion of
dispersed phase (Figure 10). They give a moderate performance, and should be considered
for use with ‘dirty’ systems, ie. those containing solid matters, or with a tendency fo
emulsify specifically those in the presence of biological materials. They also state that the
contact efficiency is of the order of 0.05-0.10 theoretical stages per plate, which although
low, leads to a reasonable column height for many purposes with the plate spacings

normally used (Pratt and Stevens, 1992).
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Figure 10: Baffle-plate column: (a) side-to-side; (b) disc-and-doughnut type (Pratt and
Stevens, 1992).

2.3.4~ Rotary-Agitated Columns

This group comprises the rotary disk, multiturbine {Oldshue-Rushton) and Kuhnt

columns, all of which give comparable performances (Figures 1la, 11b and llg,
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respectively). These comtactors have all been used for non-emulsifving systems in
pharmaceutical industries. However, they suffer deterioration in performance on scale-up to
large diameters, as a result of increased backmixing and the need to increase compartment

height in order to mamtain a satisfactory mixing geometry.
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Figure 11: {a) Rotary disc column, (b} Oldshue-Rushton column, {¢) Kuhm column (Pratt
and Stevens, 1992).

Among of these three devices, Rotary disc column (RDC) presents more flexibility
to handle systems contaming solids, as in the purification of crystals, the washing of sohds,

and the extraction of glycerine from soap curd (Figure 11a).

The Kuhni column shown in Figure 11¢, consists of an assembly of turbine mixers
and the stator plates permit axial flow through the column, but isolate the compartments
more thoroughly than is the case with the RDC and Oldshue-Rushton types. This reduces
backmixing, especially of dispersed phase. Nevertheless, its structure makes assembly and
disassembly for cleaning and mainienance, more difficult (Schiirgel, 1994; Pratt and
Stevens, 1992).
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2.3.5- Scheibel Columns

Besides Scheibel columns present features adeguate, so far, no citation of their
application in bioprocess was found in the fterature. As it can be seen in Figure 12, the
function of the packing is twofold; firstly, it isolates the agitator flow patterns between
adjacent stages, thus reducing backmixing; and secondly, # nduces coalescence of the
droplets and separation of the phases. In addition, annular baffles are provided at the
column wall to divert the vertical flow of the phases and reduce mixing. The packed
sections appear to lead to mcreased mass-transfer rates, although at the expense of reduced
capacity; with systems of high interfacial tension, the packing is sometimes omitted (Pratt

and Stevens, 1992).
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Figure 12: Scheibel columm: (a) first type. (b) second type (Pratt and Stevens, 1992).
2.4~ Airlift and Loop Bioreactors

Jet loop bioreactors are being widely applied in a number of chemical and
biochemical processes which involve gas-hiquid reactions (Jamshidi er «@f, 2001). Airhift
bioreactors combine high loading of solid particles and good mass transfer which are
inherent for three-phase fluidized beds. Efficient mixing in the liquid phase is generated by
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air bubbles, using internal or external recirculation loops. The liquid circulation originates
from the difference in the bulk densities of the fluid in the riser and the downcomer. High
linear liquid velocities are attainable without recycle and this leads to improved turbulence

and good mixmg, heat and mass transfer {Sajc er o/, 2000}

On the whole, their characteristics are: mechanically simple and robust; gentle,
low shear levels (suitable for tissue culture, plant cells, fagile genetically engineered
microorganisms flocculating and foaming fermentation systems); high gas throughputs are
possible; easy to clean, extended aseptic operation 15 possible (useful m continuous
operation); more uniform distribution of turbulence; himited operational flexibility, low
energy requirements and simple design (Sajc er o, .2000, Hoos, 20600; Chisti and Moo-
Young, 1991).

An appropriate example of extractive biocatalysis 5 a type of continuous
biclogical production process that is even mnproved, by in sita recovery of the product is
the work developed by Gianetto ef al (1988). The reactor is an external-loop reactor, in
which liquid circulation 1s induced by a gas flow in one of the vertical tubes and ethanol is

extracted by a countercurrent extraction in the other tube (Figure 13).
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Figure 13: Continuous extraction loop reactor (Gianetto ef al., 1988).
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Further applications are known such as, the development of an air-ifi bioreactor in
the use of a low affinity organic phase to selectively extract precursors and end secondary
metabolites {Tikhomirofl ef ¢l., 2002) and the development and design of an external-loop
air-lift bioreactor for continuous production and extraction of plant celis extracellular
metabolites. The latter system was regarded as a four-phase system, with dispersed gas,
fiquid solvent and calcium-aigmate-immobilized cells in plant cell medium. In this case, the
bioreactor design retained the advantages of using mnmobilized cells as biocatalysts, but
utilizes continuous Hguid-liquid extraction of plant cell products in a four-phase flow (Sajc
ef al, 1995),

2.5~ Gsraesser Extracior

The Graesser rainmng bucket contactor offers a very promising technology for the
treatment of phase systems with low-density difference and low mterfacial tension with
marked emulsification tendencies (Coimbra ef ai, 1994). The fact that the drops that are
eventually formed by the natural break-up of the stream leaving the buckets are relatively
large means they tend to be oscillating, this promoting interfacial renewal and good mass
transfer i3 achieved with comparably less power conswmption. In addition, the gentle
rotation avoids the formation of emulsions (Jarudilokkul ef ol, 2000). The droplets are
relatively large in comparison to those in other extractor types, but despite this the
performance, expressed as number of theoretical stages per meter length, is high. On the
other hand, the throughput is relatively small (Figure 14). In general, it requires little
headroom, is simple to maintain, and they are suitable to handle agqueous two-phase
systems, which are used in the recovery of proteins (e.g. enzymes) from disrupted ceils
{Schiirgel, 1994; Pratt and Stevens, 1992), whey protein (Coimbra er al, 1994) and proteins

from fermentation broths using reverse micelles (Jarudilokkul ez @/, 2000).



Figure 14: Schematic view of the Graesser contactor (Pratt and Stevens, 1992},

2.6- Membrane Bloreaciors

Nowadays, several experts have been performed in order to develop technigues

using membrane bioreactors.

The application of membrane reactors is useful to product removal in situ
(Dudukovic, 1999). The membrane has the following functions: retention of the biocatalyst;
immobilization of the blocatalyst; supply of substrates; removal of products; separation of
two fluid phases (perstractive and pervaporative fermentation); modification of selectivity

by controlled interaction of reaction and mass transport (HOSS, 2000; Sisak er o, 2000).

Membrane reactors can act as supports for the interface between two lhguid
immscible phases provide a high-surface area of contact between both phases, guarantee
phase separation during the process, minimize phase toxicity, and make the integration of

bioconversion, product recovery and concentration easier (Lebn ef al, 2001)

Enzyme membrane reactor, in which and enzyme reactor coupled to ultrafiltration

or dialysis membrane with a suitable molecular with cut-off, is capable to keep enzyme and
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other larger components, while low-molecular-weight-molecules, e.g., products and/or
inhibitor, are allowed to pass freely through the membrane (Wenten and Widiasa, 2002Z).
The biocatalyst can be present free in the retention space, immobilized on a solid support,
adsorbed as a membrane boundary layer, or immobilized in the membrane pores. In the
latter case, a relatively large surface is used as well as the contacting area between the

organic and agueous phases (Sisak er al. 2000).

The number of atternpts to utiize membrane reactor has been growing as
technelogy. It is possible to find out different researches in several kinds of process. Van
Sonsbeek ef al. (1993}, in their review, reported a membrane bioreactor in which two liquid
phases are not in direct contact, but separated by a membrane. The membrane also serves as
immobilization support for the biocatalyst, vsually an enzyvme. Figure 135 presents a
schematic process that fakes place in such reactor. The reaction is an enzymatic
esterification of glycerol and fatty acids with the enzyvme lipase immobilized on a hollow-
fibre membrane, which keeps the polar and apolar liquid phases separated and this gives the
possibility of selective adsorption of monoesters with an adsorption column i the apolar

circuit.

co!umn.
—
yiyceridsfiatly acid

Figure 15: Schematic process design for esterification with a membrane system (Van
Sonsbeek ef al, 1993).
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By concerning dislysis, Portner and Markl (1998) reported some examples of
extraction, mm which product imhibition takes place. The scheme of a laboratory-scale
system for suspended cells consists of two reactors, each of which can be stirred separately
{Figure 16)

Figure 16: Scheme used in dialysis (Van Sonsheek ef o/, 1993)

Holiow fiber membrane is been widely applied in extractive bioreactions, like in
extractive fermentation process for butyric acid production form glucose where cells where
immobilized in a fibrous-bed bioreactor (Wu and Yang, 2003); in continuous hydrolysis of
Penicillin G where penicillin acylase was entrapped within membrane pores and due to the
much smaller size of the product, 6-aminopenacillanic acid, compared to the membrane
pore, the solute diffuses freely through the membrane (Wenten and Widiase, 2002). Lopez
and Matson (1997) evaluated enzyme-catalysed reactions that take place m agueous
solutions, with substrates with very low water solubility. The authors suggested a device
which uses the hollow-fibre membrane to immobilize the biocatalyst while placing the
enzyme-containing (membrane) phase in direct contact with the substrate-containing
{organic) phase, thereby avoiding the intervention of the bulk agueous phase as occcurs
dispersed-phase systems. In addition, the reversible enzyme containment technique (Figure
17} adds to the versatility of multiphase membrane reactors by avoiding covalent enzyme
immobilization and facilitating replacement of deactivated enzyme in the field.
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Figure 17: Reversible enzyme containment {(Lopez and Matson, 1997)

Finally, the last example is the work by Sahoo er af. (1999), The authors studied
the non-dispersive reactive extraction of cephalosporin antibiotics using hollow fibre
membrane modules. Figure 18 shows the schematic diagram of the experimental set-up.
The same membrane module was used for extraction as well as stripping. They concluded
that the technigue of dispersion free reactive solvent extraction in HF membrane was
successfully applied to recover cephalosporins form dilute aquecus solution as well as
fermentation broth. There appears to be an appreciable degree of flexibility regarding the
flow rates of the phases, the pressure drop may not be a limiting factor for operation of the
hollow fibre module.
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Figure 18: Schematic diagram of the experimental set-up (Sahoo ef al., 1999).

2.7- Reactive Chromatography

As a review concerning on the extractive bioreactions, there should be a section

reporting the advances provided by chromatographic process.

A chromatographic reactor-separator can be defined as a chromatographic system
that is used to convert one or more components partially or totally and to simuitaneously
separate one or more of the products that are formed. The reaction can take place on the
stationary phase, in the mobile phase, or both (Ching and Lu, 1997). It represents an
alternative reaction-separation unit which utilizes differences in adsorptivity of the different
components involved rather than differences i their volatility. It is, especially, atiractive as
an alternative to reactive distillation when the species involved are either non-volatile and
sensitive to temperature, as is the case. for example, in some fine chemicals or

pharmaceutical applications, or exhibit small volatility differences (Lode ef af., 2003).

Common to all reactive chromatography processes operated m the classical batch
mode are low efficiency in utilizing the stationary phase mventory and large eluent (or

desorbent) consumption resulting i an excessive dilution of the final products, in addition
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to the usual disadvantages comnected with discontinuous operation. This same problem is
encountered in the case of purely separative chromatography, but significant improvements
have been accomplished recently by transforming these operations into continuous
processes. Technically, this has been done in two different ways that is through annular as

well as Simulated Moving Bed Reactor (SMBR) (Lode e al, 2001).

Simultaneous bioreaction and separation has been successfully carried out in 2
Continuous Rotating Annular Chromatography (CRAC) (Sarmidi and Barker, 1993) and in
a Simuitaneously Countercurrent Chromatographic Bioreactor-Separator {(SCCR-8) (Shieh
and Barker, 1995) used as bioreactor-separators for the saccarification of modified starch to

produce maltose In the presence of enzyme maltogenase.

When compared with other competing technologies, the major advantages of
SMBR are the low operating temperature and the adsorptive separation, making it
especially attractive for example to applications involving natural products or fine
chemicals. The major drawback is the large desorbent requirement, especially when applied
to the wide category of water forming reactions, catalyzed for example by sulfonic acid
ion-exchange resins. Here, the resulting dilution of the extract and raffinate streams has a
substantial negative impact on process economics due to the increased effort required by
the subsequent solvent recovery. Therefore, in order to improve the economics of SMBR
units the focus should be place on the development of more suitable solid phases (Lode ef
al. 2001).

3-  Selection of Extractive Bloreactor

In this section, the mformation presented aforementioned is used to create Table 1
based on the criteria of different types of reaction and the features of each device presented
m the Section 2. The purpose of Table 1 is to provide enough information to guide the

selection a suitable device under some constraints. For a better understanding of the Table,
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the plus and munus signs mean that the equipment is or is not appropriate for such criteria.

The criteria are listed bellow:

&

Number of stages: important feature for reaction whose mass transfer is a
drawback, for instance, in a two-phase system, the reactants and products present low

partition coefficient;

® Short residence time: biological medium is sensitive to hard reaction conditions.
Usually, the biocatalysts, microorganisms or producis undergo degradation under long

residence time in the equipment;

® Ability to handle solids: the device must stand solid compounds, Le., crystals, and

biocatalvsts i solid form, e.g., immobilized cells or enzymes;

® Tendency to emuisify: generally #t s a charactenstic of houid-liguid phase

systems, which the density difference is very short;

® Compact: the device should cccupy small area;

® Ease of cleaning;

® Low maintenance;

@ Egquipment cost;

® No moving parts;

® Easy scale-up;

® Simple design;

® Low backmixing: promote good mass transfer and avoid chanpeling;

® Immobilized enzyme: availability to stand /support immobilized enzyme in

different ways: the biocatalysts could be immobilized to the parts of the device,

attached to a support or to a membrane inside of the bioreactor;
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pH control: it is necessary to control the pH, in order to keep it constant, when it

tends fo drop or increase as the reaction takes place;

Position of feed: the evaluation of different position of the substrate feed is worth,

when handling multistage devices.

Hasy control.
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Table 1: Selection of types of reactor:
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4- Case Study

4.1- Synthesis of the aspariame precursor £-Asp-Phe-OMe

Background: There is a rapidly growing marke! for enantiometrically pure
compounds, which are used as active ingredients or as a basis for powerful new drugs. OUne
of the most well-known peptides is aspartame that is 200-fold sweeter than sucrose, and has
been used throughout most of the world. The synthesis of the aspartame precursor Z-Asp-
Phe-OMe i3 also one of the most widely used model reaction svstems in enzymatic

dipeptide synithesis (Murakami er al.. 2000, Erbeldinger er al., 2001).

Characteristics of the reaction: The vield of synthesis of aspariame precursor in a
pure agueous monophasic system is very low. The optimal pH for thermeolysin activity for
the synthesis 1s 6.9 in pure aqueous and in agueous system saturated with acetic esters, such
as, amyl acetate, ethyl acetate and butyl acetate and the enzyme is stable at pH 5.5-9.0.
However, the synthesis at low pH provides the suppression of the nonenzymatic
decomposition of the subsirate L-phenyialanine methyl ester (L-PheOMe) and a lower
requircment of NaOH for pH adjustment (Murakami and Hirata, 1997). The extractive
bioreaction proposed in the Iterature (Hirata ef al., 1997, Muramaki ef ¢l., 2000, Muramaki
and Hirata, 1997) is based on the enzymatic synthesis in a biphasic aqueous-organic system
where the free enzyme is dissolved in the agueous phase. The organic solvent is fed to the
reactor containing the substrates. These substrates transfer to agueous phase. After
aspartame precursor is synthesized, Z-Asp-Phe-OMe is extracted to organic phase. The
extractive bioreaction at low pH avoids the decomposition of the substrates, shifis the

equilibrium towards product formation, and prevent product inhibition.

Selection of extractive bioreactor: The analysis of the criteria that should be taken
into account to select the bioreactor are based on the features of the system: stability of the

compounds at low pH, free enzyme, no pH control, no tendency of emulsifying, extremely
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low solubility of Z-Asp-Phe-OMe in water and relatively hydrophobic compounds, namely,
the substrate the compounds partition selectively into the organic phase and the separation

high number of stages is not necessary.

In virtue of the restrictions are not limited to the number of stages ability to
handle solids, short residence time, tendency of emulsifying, pH control and immobilized
enzyme, the criteria that should are evaluated in Table 1, show that the more appropriate
device in the extractive bioreactor columns without agitation, such as packed bed, pulsed

sieve-plate or baflle plate.

In order to have a definite choice among these options selected above, a more
rigorous analysis is necessary, such as, the experimental data determined in a pilot-scale,
analysis of costs and scale-up. MNevertheless, the scope of this work does not comprehend

these analyses.

4.2~ Synthesis of the semi-synthetic antibiotic - APA

Background: Enzymatic Penicillin G (Pen(3) hydrolysis is carried out at industrial
scale in order to obtam 6-aminopenicillanci acid {(APA). APA is the main precursor for the
production of semi-synthetic B-lactam antibiotics, and is produced at an about 10,000 ton/a

scale {Van de Sandt and De Vroom, 2000}

Characteristics of the reaction: The conventional enzymatic PenG hydrolysis into
APA and Phenvlacetic Acid (PAA) carried out in a batch mode and in a pure aqueous phase
is characterized by low yield due to limitation of equilibrium reaction and by-product
inhibition. The integration of PenG hydrolysis and purification of APA in a continuous
aqueous-organic phase allows the shift of equilibrium reaction towards APA production. In
the biphasic system, under no pH control, the pH drops as the reaction takes place. At pH
lower than 5.0, the partition of PAA to the organic phase and crystallization of APA is

favored. These two facts tend to improve the conversion of PenG hydrolysis.
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Selection of extractive bioreactor: The analysis of the criteria that should be taken
into account to select the biorsactor is based on the features of the systemn immobilized

enzyme, no pH control, tendency of emulsifying, presence of APA crystals.

In virtue of the features of PenG hydrolysis, the criteria for extractive bioreactor
are: pumber of stages, ability to handle solids, short residence time, tendency of
emulsifving, position feed, low backmixing, product and substrate degradation, small
difference between partition coefficients and immobilized enzyme. Following these criferia
and forther information listed in Table 1, the best options of equipment for mdustnal

application are the baffle plate colummn and Graesser contactor.

Nevertheless, these devices chosen above are appropriate for industrial
apphcation. The choice of the equipment can be different in case of laboratory scale. In this
case of APA production, a sequence of stirrer favks and separators, like filter or
hvdrocyclones or centrifugal extractor can be chosen. In the particular case of PenG
hvdrolysis, an integrated system of mixers (reactors) and hydrocyclones (separators) is
proposed for the development of the counter-curremt reactor. The adoption of
hydrocyclones as separators is due mainly to the stable emulsion formed and, consequently,

difficult separation of APA crystals from the interface between water and BuAc.

In order to have a definite choice among these options selected above, a more
rigorous analysis is necessary, such as, the experimental data determined in a pilot-scale,
analysis of costs and scale-up. Nevertheless, the scope of this work does not compreheﬁd
these analyses.

5- Conclusion

Through this review it was possible to recognize the wide variety of equipment
that can be used in integrated bioprocesses. The evaluation of the appropriate type of

devices should take into account the advantages and the requirements of specific
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applications. Studies related to extractive-reactor in bictechnology are recent, and several
of them use devices adapted from those found in petrochemical and chemical processes. It
means that afier some modifications in the design of the reactor, the equipment can become
useful for biochemical industries. Recently, lot of effort is focus on the utilization of
membrane bioreactors due to the enormous potential of membrane separations and in the
application of chromatographic extractive bioreactors to due the advances concerning on

the continuous simulated moving bed.

Afier the selection of the appropriate egquipment, it is worth fo use a combination
of process modeling, experiments, optimization and process economics. Hence, a case-by-
case analysis is often necessary before the final choice of a reactor type can be made.

Nevertheless, this further evaluations are out of the scope of this review.
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CAPITULO VII

CONCLUSOES

Este estudo faz parte de um ambicioso projete envolvendo a empresa DSM e
grupos de universidades da Holanda. O intuito deste projeto € o desenvolvimento de um
processo biocatalitico de producfio de antibidticos semi-sintéticos que seja eficiente,
econbmice e que produza menos residuos. Dentre as universidades estd a Universidade de
Tecnologia de Delft (TUDelft) onde foram desenvolvidas importanies etapas deste
trabalho.

Este estudo teve como objetive dar prosseguimento aos trabalhos realizados
anteriormente, possibilitando obter informacdes necessarias para a instalacfio de um sistema
em escala de laboratorio para a hidrélise de PenG em sistema biffsico (acetato de butila e
dgua) e em um reator em contra-corrente, e contribuir com 0s avancos nos processos de

sintese de antibiiicos semi-sint&ticos.

Nestas condicSes analisadas, ou seja, drolise de PenG no sistema bifisico (agua
e acetato de butila) em um reator em contra-corrente sem ¢ controle de pH., o pH decresce
favorecendo a migracio de PAA para a fase orgénica e a cristalizacfo de 6-APA. Ambos

fendmenos, separagfic dos produtos em diferentes fases e cristalizagio do 6-APA, deslocam

o equilibrio no sentido de conversfio do subsirato e, consegientemente, promovem uma alta
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produtividade e alta pureza dos produtos. Esses produtos j4 purificados sfo utilizados em
etapas subseqiientes. O PAA ¢ reciclado e usado na fermentacgo de PenG e 0 6-APA ¢

usado na sintese de antibidticos senu-sintéticos, como amoxicilina e ampicilina.

As etapas deste trabalho foram a avaliacBo da atividade e da estabilidade da
peniciling amidase imobilizada a ser usada, ¢ a determinacfio da cinética de cristalizagfo do
produto (6-APA), visto que nfo se tinha o conhecimento de aplicacBo desta enzima e de
cristalizagdo do 6-APA a baixos valores de pH 3-5 e em sistera bifésico 4gua e acetato de
butila. Além dos dados cinéticos de atividade enzimética e de cristalizaclio de 6-APA, foi
desenvolvido um modelo no intuiic de fornecer as methores condigbes de operagfo do

sistema contra-correnie em multi-estagio,

Como Gitima etapa, procurou-se selecionar ¢ reator mais adequado para o processo
proposto. Ensaios preloninares foram feitos em coluna de recheio e em mixer-seitlers. No
entanto, os resultados foram msatisfatdrios sendo necessério buscar outras alternativas,
Diante da ampla variedade de extratores e bioreatores, optou-se por elaborar uma revisfio
sobre bioreatores extrativos como maneira de auxiliar na selecfio da melhor configuraco de

uim reator-separador a ser empregado na hidrélise de PenG nas condigbes desejadas.

Através da avaliaco de atividade e estabilidade enzimatica, verificou-se que a
méaxima atividade enzimdtica comprendeu a faixa de pH 8.0 3 9.0. A enzima permanece
estavel mesmo 2 baixos pH's (3.0 a 6.0). Embora a atividade enzimitica sofre um
decréscimo de aproximadamente 80%, isto nfio representa empecilho para sua utilizaglo em
processos a baixos pH’s, podendo ser perfeitamente vidvel seu emprego na hidrolise de
Pen( na processo continue bifasico agua-acetato de butila.

No estudo de cristalizacio de APA, produto da hidrélise da PenG e precursor para
a sintese de antibidticos semi-sintéticos, os resultados mostraram que as impurezas nfio
exerceram efeito sobre a cristalizacio de APA, na faixa de pH 4 a 5 e de concentragfes de
impurezas avaliadas. Além da determinacfio dos parfmetros cinéticos, foi utilizado um
modelo que pode predizer as taxas de cristalizacio de APA pas mesmas condicbes que
serdo empregadas na hidrélise de PenG em reator multi-estagio e bifisico, dgua e acetato de
butila.
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Na etapa de modelagem, o modelo desenvolvido possibilita o calculo do pH e das
concentragles do substrato e produtos nos estagios do reator contra-corrente. Os dados
fornecidos pelo modelo podem ser utilizados para otimizar as condigBes de operacio do

reator bifasico mulii-estdgioc (ponto de alimentagSo, vazio voluméirica das fases e

concentracdo inicial do substrato).

A reviso bibliografica sobre biorreatores extrativos representa uma importante
referéncia para a selecfo de diferentes fipos de configuragBes dependendo das restricfes e
caracteristicas de cada tipo de reagfio. Através desta revisfio, fol verificado que 6 uso de um
sistema, formado por agitadores acoplados a hidrociclones em série, pode representar urna
op¢do adequada de reatores multi-estdgio contra-corrente para a hidrolise de PenG em

escala de laboratdrio.
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CAPITULO VIIT

SUGESTOES PARA TRABALHOS FUTUROS

As informacSes obtidas durante este trabalho mostraram que o estudo da hidrolise

de PenG em um reator contra-corrente e multi-estdgio € vidvel.

1i-

Portanto, as proximas etapas a serem desenvolvidas envolvem:

A implantacfo de um bioreator extrativo em escala de laboratério. A sugestdo
inicial seria a instalacio de wm reator sendo que cada estagio seja formado por
agitadores conectados a hidrociclones ¢ ligados em cujo numero de estégios
correspondem a¢ numero Otimo previamente determinado neste trabalho. A
instalac8o do estagio composto por agitadores ¢ hidrociclones foi sugerida devido as
vantagens de: flexibilidade do nlmero de estdgios, configuragio compacta e pelo
fato de o sisterna sob agitac8o (6-APA, agua e acetato de butila) formarem uma
emulsio estavel que exige o use de separadores mais eficienies como oS

hidrociclones;

Execugio de ensaios experimentiais da hidrélise enzimética de PenG em sistema
bifdsico (&gua e acetato de butila) e contra-corrente, realizados em reator multi-

estagio de configuracfo sugerida no item 1;
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OtimizacBo da modelagem ajudando a cindtica enziméfica ¢ a cindtica de
cristalizac8o;
Avaliacdo da viabilidade econdmica do processo em escala industrial;

Incorporacio da sintese de antibidticos semi-simtéticos a hidrdlise de Pen(, como
no c¢asc da Amoxicilina, resultante da sinfese entre APA e D-p-
hydroxyphenylglycine methyl ester (HPGM);

Estudo da mfluéneia de mpurezas na cristalizacio numa faixa mais ampla de pH,

de concentraciio de impurezas e dos tipos de impurezas.

Otimnizac8o e controle do processo.
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